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Final  Program 
 
Sunday August 17, 2008 
 
Registration:  3:00-6:00pm  Skylight Foyer 
 
Dinner:  5:00pm - 6:30pm – Sunhill Dining Room 
 
Conference Sessions will be held in Amphitheatre 
 

Session 1: Multiphase Mixing 1 –  Liquid-Liquid System 
Co-Chairs: C. Bennington & A.Etchells 

1.1 Dispersive Mixing of Immiscible Liquids 
and Gases Using Rotor-Stator Devices 
and Membranes 

Erich J. Windhab 6:30 PM – 7:10 PM 

1.2 Fundamental Experimental and 
Numerical Analysis of Stirred 
Liquid/Liquid Systems for PVC-
Production in Slim Reactors with Multi-
Stage Stirrers 

Sebastian Maaß, Florian Metz, 
Torsten Rehm and Matthias 
Kraume 

7:10 PM – 7:35 PM 

1.3 Dispersion of High Viscosity Liquid-
Liquid Systems by Flow Through SMX 
Static Mixer Elements 

N.V.Rama Rao, M.H.I.Baird, 
A.N.Hrymak, and P.E. Wood 

7:35 PM – 8:00 PM 

1.4 Emulsification using a SMX Sulzer 
Static Mixer in Turbulent Flow for a 
Microencapsulation Process 

Félicie Theron, Nathalie Le Sauze, 
and Alain Ricard 

8:00 PM – 8:25 PM 

Break 
1.5 High-Speed Visualization of Multiphase 

Dispersions in a Mixing Tank 
Eliane Guevara-López, René 
Sanjuan-Galindo, Ma. Soledad 
Córdova-Aguilar, Gabriel Corkidi, 
Gabriel Ascanio  and Enrique 
Galindo 

8:45 PM – 9:10 PM 

1.6 Using Static Mixers to Intensify Diesel 
Desulfurization Operations 

A.M. Al Taweel, F. Azizi and  
A. Uppal 

9:10 PM – 9:35 PM 

1.7 Positron Emission Particle Tracking 
Inside Caverns Formed during Mixing of 
an Industrial Slurry 

L. Adams, F. Chiti, A. Guida, S. 
Jaffer, A.W. Nienow and M. Barigou 

9:35 PM – 10:00 PM 

Evening Social Hour & Vendor Displays  
Garden View Foyer 

10:00 PM – 11:00 PM 
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Monday August 18, 2008 
 
Breakfast:  7:00am - 8:00am– Sunhill Dining Room 
 

Session 2: Mixing of Viscous and Complex Fluids 
Co-Chairs: M. Dawson & M. Liu 

2.1 Innovations and Trends in Viscous 
Mixing 

Philippe A. Tanguy 8:00 AM – 8:40 AM 

2.2 Mixing by Rotary Jet Heads: Indications 
of the Benefits of Head Rotation Under 
Turbulent and Transitional Flow 
Conditions 

Mikkel Nordkvist, Marie Vognsen, 
Alvin W. Nienow, John Villadsen 
and Krist V. Gernaey 

8:40 AM – 9:05 AM 

2.3 Cavern Formation in Agitated Pulp 
Suspension Stock Chests using Side-
Entering Impellers 

Leo K. Hui, Chad P.J Bennington 
and Guy A. Dumont 

9:05 AM – 9:30 AM 

2.4 Analysis of Cavern Formation in Mixing  
Yield Stress Fluids using Tomography 
and CFD Modeling 

Leila Pakzad, Farhad Ein-Mozaffari 
and Philip Chan 

9:30 AM – 9:55 AM 

Break 
2.5 Novel Static Mixers for Surge 

Dampening 
E. Bruce Nauman and Oliver J. 
Smith IV 

10:25 AM – 10:50 AM 

2.6 Mixing Performance Experiments in an 
Agitated Vessel Subjected to Unsteady 
Rotational Speeds 

Koji Takahashi, Kazunari Kurisaka 
and Hitoshi Sekine 

10:50 AM – 11:15 AM 

2.7 Processing and Curing of New 
Isocyanate-Based Bituminous Products 

MJ Martín-Alfonso, P Partal, FJ 
Navarro, M García-Morales and C 
Gallegos 

11:15 AM – 11:40 AM 

2.8 Mixing Analysis of a Newtonian Fluid in 
a 3D Planetary Pin Mixer 

Robin Kay Connelly and James 
Valenti-Jordan 

11:40 AM -12:05 PM 

2.9 Flow and Mixing Characteristics of S-
Type Plate Static Mixer with Splitting 
and Inverse Recombination 

Kazuo Ohkawa, Yushi Hirata and 
Yoshiro Inoue 

12:05 PM – 12:30 PM 

Lunch – Sunhill Dining Room 12:30 – 1:30PM 
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Dinner:  5:00pm - 6:30pm – Sunhill Dining Room 
 

Session 3: Measurement and Characterization of Mixing  
Co-Chair: A. Hrymak and P. Anderson 

3.1 Necessity of Development Based on 
Consistent Viewpoint 

Kohei Ogawa 6:30 PM – 7:10 PM 

3.2 Techniques For Visualisation of Cavern 
Boundaries in Opaque Industrial Mixing 
Systems 

Mark Simmons, Iwan Edwards, 
Jonathan Hall, Xianfeng Fan, David 
Parker and Hugh Stitt 

7:10 PM – 7:35 PM 

3.3 Quantifying Mixing: The Exposure 
Dimension 

Suzanne M. Kresta, Joelle Aubin 
and Alena Kukukova 

7:35 PM – 8:00 PM 

3.4 A Measure of Mixing from Lagrangian 
Tracking and its Application to Granular 
and Fluid Flow Systems 

J. Doucet, F. Bertrand and J. 
Chaouki 

8:00 PM – 8:25 PM 

Break 
3.5 Structured Fluids, Microstructural 

Heterogeneity and Mixing 
Patrick Spicer 8:45 PM – 9:10 PM 

3.6 Chaotic Flow in Laminar Mixing in 
Stirred Vessels 

Gabriel Ascanio and Fernando J. 
Muzzio 

9:10 PM – 9:35 PM 

3.7 A Mapping Method Based On Gaussian 
Quadrature: Application To Viscous 
Mixing 

Vincent Stobiac, Mourad Heniche, 
Christophe Devals, François 
Bertrand, Philippe Tanguy 

9:35 PM – 10:00 PM 

Evening Social Hour & Vendor Displays  
Garden View Foyer 

10:00 PM – 11:00 PM 
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Tuesday August 19, 2008 
 
Breakfast:  7:00am - 8:00am– Sunhill Dining Room 
 
 

Session 4: Industrial Mixing and High Shear Mixing Devices 
Co-Chairs: D. Dickey& S. Kresta 

4.1 Mixing and Chemical Reactions: An 
Industrial Perspective 

Richard K. Grenville 8:00 AM – 8:40 AM 

4.2 Some Mixing Effects to Consider on 
Scale-Up, Process Relocation, and/or 
Vessel Modification 

Edward L. Paul 8:40 AM – 9:05 AM 

4.3 In-Mixer Measurements to Describe the 
Mixture Kinetics during Concrete Mixing 

Bogdan Cazacliu 9:05 AM – 9:30 AM 

4.4 Studies on Horizontal Mixing Vessels Nobuyuki Kasahara, Shin 
Tatematsu, Shigeki Kobayashi, 
Yasuhiko Matsuoka and Hiroki 
Nagai 

9:30 AM – 9:55 AM 

Break 
4.5 The Influence of Added Stream 

Viscosity on Static Mixer Blending in the 
Turbulent and Transitional Flow 
Regimes 

M K Dawson 10:25 AM – 10:50 AM 

4.6 A Simple Measurement Method for 
Determining the Constants for the 
Prediction of Turbulent Power in a 
Silverson MS 150/250 In-Line Rotor 
Stator Mixer 

M. Cooke, J. Naughton and A.J. 
Kowalski 

10:50 AM – 11:15 AM 

4.7 Power Draw in Radial Flow Batch 
Rotor-Stator Mixers 

Richard V. Calabrese and Gustavo 
A. Padron 

11:15 AM – 11:40 AM 

4.8 Flow Pattern, Periodicity and Energy 
Dissipation in a Batch Rotor Stator 
Mixer 

Andrzej W. Pacek, Michael Baker 
and Adi T. Utomo 

11:40 AM -12:05 PM 

4.9 Investigation of Fluid Dynamics, Mixing 
and Flash Nanoprecipitation in a Multi-
Inlet Vortex Reactor 

Chungyin Cheng, Michael G. Olsen 
and Rodney O. Fox 

 

Lunch – Sunhill Dining Room 12:30 – 1:30PM 
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NAMF Executive Meeting- Studio 11: 4:00pm – 6:00pm  
 
Dinner:  6:00pm - 7:30pm – Sunhill Dining Room 
 

Session 5: Poster Session – 7:30 PM – 11:00 PM 
Grant Event Room A / Skylight Foyer 

5.1 Novel Propeller Design Optimized for 
Stationary Sump Axial Focused 
Pumping Employing Circular Rake, 
Helical, Parabolic Camber and Skewed 
Blade Design Concepts: Validated By 
CFD & PIV 

Robert W. Higbee, Wojciech 
Wyczalkowski and Binxin Wu 

Complex Fluids 
Mixing 

5.2 Hydrodynamics and Flow Patterns of a 
Planetary Mixer 

Hidalgo-Millán, A., Ramos, E., Ascanio, G. 
and Medina Torres, L. 

Complex Fluids 
Mixing 

5.3 New Impeller Meets Challenges of Gas 
Dispersion 

Bob Higbee, Peter Knights, Binxin Wu 
and Wojtek Wyczalkowski 

Complex Fluids 
Mixing 

5.4 Use of PLIF and PIV to Characterize 
the Laminar Mixing of Viscous Fluids in 
a Model High Throughput 
Experimentation Stirred Reactor 

Kenneth Chung, Mark Simmons, Mostafa 
Barigou, Jonathan Hall and Hugh Stitt 

Complex Fluids 
Mixing 

5.5    

5.6 An Innovative Approach for Treatment 
of Large Wastewater Lagoons 

Terri Griffin, Binxin Wu and Wojtek 
Wyczalkowski 

Industrial Mixing 

5.7 Validation of Zonal Models for Stirred 
Vessels with Radial and Axial Impellers 
Using PEPT  

Jonathan Hall, Iwan Edwards, Mark 
Simmons and Hugh Stitt 

Industrial Mixing 

5.8 Momentous Flow Technology – The 
New Way of Mixing 

Todd Hutchinson, Binxin Wu and Wojtek 
Wyczalkowski 

Industrial Mixing 

5.9 Temperature Effects on Gas Dispersion 
and Solid Suspension in Three Phase 
Stirred Reactors 

Yuyun Bao, Lei Chen, Zhengming Gao, 
Xinnian Zhang, John M. Smith and Rex 
B.Thorpe 

Multiphase Mixing 

5.10 CFD and Population Balance Modeling 
of Gas-Liquid Flow via QMOM with a 
Moment Correction Function 

Jolius Gimbun, Zoltan Nagy and Chris 
Rielly 

Multiphase Mixing 

5.11 The Effect of Blade Shape of Disk 
Turbine on the Flow Fields in Stirred 
Tanks 

Zhipeng Li and Zhengming Gao Multiphase Mixing 

5.12 Effect of the Mixing in the Stability of 
(Dl-Lactide-Co-Glycolic Acid) 
Nanoparticles for Controlled Release of 
Closantel in Pharmaceutical 
Applications 

A. Faustino Vega, Ma. Josefad Bernad, L. 
Medina Torres, R. Herrera Najera, G. 
Ascanio, J.A. Gallegos-Infante and H. 
Alonso Fileto-Pérez 

Multiphase Mixing 

5.13 Break up of Nanoparticle Clusters with 
Different Process Devices 

Gül Özcan-Taşkin , Gustavo Padron, 
Warren Eagles, Caroline Sauter, Heike P. 
Schuchmann, Jerzy Baldyga, Chris D. 
Rielly, Liansong Xie, and Olaf Behrend 

Multiphase Mixing 
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5.14 Micro Fluidic Device for the Self-
Synchronized Mixing of Water-in-Oil 
Droplets  

Maria Pilar Carreras, Stephan Mohr, 
Peter Fielden and Nick Goddard 

Multiphase Mixing 

5.15 Changing the Practice of Low Shear 
Mixing with a Novel Impeller Design 

Terri Griffin, Binxin Wu and Wojtek 
Wyczalkowski 

Multiphase Mixing 

5.16 Controlling Unidirectional Solidification 
Processes using Nucleators 

Mohammad Behshad Shafii and Ehsan 
Alavi Dehkordi  

Complex Fluids 
Mixing 

5.17 Computational Modeling of Industrial 
Pulp Stock Chests 

Sujit Bhattacharya, Ali Soltanzadeh, Clara 
Ford, Fariborz Taghipour, Chad P.J. 
Bennington And Guy A. Dumont 
 

Numerical and 
Computation Fluid 
Dynamics Models 

5.18 Improvements of the Inline Mixer 
Compax for Turbulent Flow 

Sebastian Hirschberg, Rudolf Koubek and 
Felix Moser 

Numerical and 
Computation Fluid 
Dynamics Models 

5.19 CFD Simulations of Coaxial Mixers in 
Transition Flow Regime  

Christian Rivera, Mourad Heniche and 
Philippe Tanguy 

Numerical and 
Computation Fluid 
Dynamics Models 

5.20 Modeling Flow and Residence Time 
Distribution in Reactor with Plunging 
Jets with/without Agitation 

Hua Bai, Amber Stephenson, Jorge 
Jimenez and Dennis Jewell 

Numerical and 
Computation Fluid 
Dynamics Models 

5.21 The Use of a Zonal Model and 
Multimodal Tomography to Explore 
Mixing in a Concentrated Precipitation 

I. Edwards, S.A. Axon, M. Barigou, J.F. 
Hall and E.H. Stitt 

Numerical and 
Computation Fluid 
Dynamics Models 

5.22 CFD Simulation Of Power and Mixing 
Time for a Rushton Turbine in a Baffled-
Tank Reactor 

R. Zadghaffar, J.S. Mogaddas , M. 
Ahmadlouydarab and J. Revstedt 

Numerical and 
Computation Fluid 
Dynamics Models 

5.23 Modeling Mixing of Species with 
Different Viscosity in a Non-Symmetric 
Impinging Jet Mixer With LES 

Minye Liu and Jim Tilton Numerical and 
Computation Fluid 
Dynamics Models 

5.24 Mixing Performance in a Vessel with a 
Rising Free Surface 

Grace Neal, Mark Simmons, Alan Hough 
and Peter Fryer 

Turbulent Mixing 

5.25 Mixing Phenomenon in a Confined 
Plane Wake in a Pipe 

Guiren Wang and Hong Jiang Turbulent Mixing 

5.26 Evaluation of mixing capacity of an 
impeller based on new concept of 
mixing spectrum 

Katagiri Nobutatsu, Ookawara Shinichi, 
Yoshikawa Shiro, and Ogawa Kohei 
 

Measurement and 
Characterization of 
Mixing 
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Wednesday August 20, 2008 
 
Breakfast:  7:00am - 8:00am– Sunhill Dining Room 
 

Session 6: Multiphase Mixing 2 – Solid Containing Systems 
Co-Chairs: P. Tanguy & C. Gallegos 

6.1 Mixing and Gas Dispersion in Mineral 
Flotation Cells 

Geoffrey Evans, Elham Doroodchi, 
Graeme Lane, Peter Koh and Phil 
Schwarz 

8:00 AM – 8:40 AM 

6.2 Quantitative Design of 
Industrial Powder Mixing Processes 

Fernando Muzzio 8:40 AM – 9:05 AM 

6.3 De-agglomeration processes in high-
shear devices 

Jerzy Baldyga, Lukasz Makowski, 
C. Sauter, H.P. Schuchmann and 
Wojciech Orciuch 

9:05 AM – 9:30 AM 

6.4 An Investigation of the Erosion Wear of 
Pitched Blade Impellers in a Solid-
Liquid Suspension 

Tomáš Jirout and Ivan Fořt 9:30 AM – 9:55 AM 

Break 
6.5 Effect of Two Types of Impellers on the 

Stability of Non-Newtonian Dispersion 
L. Medina Torres, R. Herrera 
Najera, G. Ascanio, J.A. Gallegos-
Infante and H. A. Fileto-Pérez 

10:25 AM – 10:50 AM 

6.6 Determination of Velocity Field and 
Solids Distribution in a Stirred 
Polydisperse System by Positron 
Emission Particle Tracking 
IChemE Student Award Winner  

Antonio Guida, Fabio Chiti, Alvin W. 
Nienow and Mostafa Barigou 

10:50 AM – 11:15 AM 

6.7 Application of Fluorescent PIV and 
Digital Image Analysis to Measure 
Turbulence Properties of Solid-Liquid 
Stirred Suspensions 

Heema Unadkat, Chris Rielly and 
Zoltan Nagy 

11:15 AM – 11:40 AM 

6.8 Why Mixers Fail: Specifications Versus 
Reality 

Todd M. Hutchnson and Wojciech 
Wyczalkowski 

11:40 AM -12:05 PM 

6.9 Nucleation, particle growth and 
agglomeration of nanoparticles in a fast 
precipitation reaction in CIJR 

Peter J. Unwin, Shad W. Siddiqui 
and Suzanne M. Kresta 

12:05 PM – 12:30 PM 

Lunch – Sunhill Dining Room 12:30 PM – 1:30PM 
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Session 7: Multiphase Mixing 3 –  Gas-Liquid Systems 

Co-Chairs: E. Galindo & A. Nienow 
7.1 Gas Dispersion and Solid Suspension 

in Cold-Gassed, Hot-Sparged and 
Boiling Three Phase Stirred Reactors 

Zhengming Gao 1:45 PM – 2:25 PM 

7.2 Gas/Liquid Contacting in SMX Static 
Mixers for the Processing of Highly 
Viscous Liquids 

Tobias Lang, Jens Hepperle and 
Manfred Piesche 

2:25 PM – 2:50 PM 

7.3 A Study of Mixing by PIV and PLIF in 
Bioreactor of Cells Animals Culture 

M-L. Collignon, M. Crine, E. Verdin, 
J-F Chaubard, L. Peeters, S. 
Dessoy and D. Toye 

2:50 PM – 3:15 PM 

7.4 Solids Distribution and Rising Velocity 
of Buoyant Solid Particles in a Tank 
Stirred with Multiple Impellers: A 
Simplified Approach for the Study of 
Sparged Gas-Liquid Reactors 

R.S. Ghadge, D. Pinelli, D. Fajner, 
G. Montante, A. Paglianti, F. Magelli 
 

3:15 PM – 3:40 PM 

Break 
7.5 Gassed Power, Hold-Up and Mass 

Transfer Under High Intensity Sparging 
and Agitation; Issues with 
Heterogeneous Gas Flows 

Alvin W. Nienow, Klaus Gezork, 
Waldemar Bujalski and Michael 
Cooke 

4:10 PM – 4:35 PM 

7.6 Gas-Liquid Mixing Studies in Industrial 
Reactors: Comparison of Different 
Agitation Systems 

Madan Somasi, Richard Cope, 
Juergen Lueske, Kishore Kar, 
Andrea Gnagnetti, Alessandro 
Baldelli and Luciano Piras 

4:35 PM – 5:00 PM 

7.7 Mass Transfer Characteristics by 
Surface Aeration of Large Paddle 
Impeller: Application to a Polymerization 
Reactor with Liquid Level Change 

Ryuichi Yatomi, Katsuhide 
Takenaka, Koji Takahashi and 
Philippe A. Tanguy 

5:00 PM – 5:25 PM 

 
 
Dinner at the Falls 
 
Banquet at Edgewaters Restaurant – Niagara Falls, ON, Canada 
 
Bus Pickup – 7:00pm 
 
Dinner:  7:30pm - 10:30pm – Including Fireworks and Light Show at the Falls 
 
Bus Pickup – 10:30pm 
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Thursday August 21, 2008 
 
Breakfast:  7:00am - 8:00am– Sunhill Dining Room 
 

Session 8: Numerical and Computational Modeling of Mixing 
Co-Chairs: E. Windhab & R. Calabrese 

8.1 Numerical Modeling of Surfactant-
Covered Drops in Confined Geometries 

Patrick Anderson 8:00 AM – 8:40 AM 

8.2 CFD Simulations of Strain Rate 
Distribution of Newtonian Model Fluids 
in a Planetary Mixer Bowl 

Laurent Bouvier, Frédéric Auger, 
Marie-Hélène Morel, Andreas Redl 
and Guillaume Delaplace 

8:40 AM – 9:05 AM 

8.3 An Improved Inline Mixer for Laminar 
Flow 

Sebastian Hirschberg, Rudolf 
Koubek, Felix Moser and Joachim 
Schöeck 

9:05 AM – 9:30 AM 

8.4 A Novel, Efficient, Method for 
Computation of Residence Time 
Distribution from Velocity Fields 
Obtained using Computational Fluid 
Dynamics 

James N. Tilton and Minye Liu 9:30 AM – 9:55 AM 

Break 
8.5 Mixing by Solid Particles Jos Derksen 10:25 AM – 10:50 AM 
8.6 CFD Modeling of Gas-Liquid-Solid 

Mechanically Agitated Contactor 
Ranganathan Panneerselvam, 
Sivakumar Savithri and Gerald 
Devasagayam Surender 

10:50 AM – 11:15 AM 

8.7 Analysis of Two-Zone Models for Stirred 
Tanks 

Ville Alopaeus, Pasi Moilanen and 
Marko Laakkonen 

11:15 AM – 11:40 AM 

8.8 LES and RANS Simulations of 
Hydrodynamics in Mixing Tank: 
Comparison to PIV Experiments 

Angélique Delafosse, Alain Line, 
Jérôme Morchain and Pascal 
Guiraud 

11:40 AM -12:05 PM 

8.9 Prospective on Deploying 
Computational Fluid Dynamics (CFD) 
and Discrete Element Modelling (DEM) 
for Solid-Liquid Mixing 

Richard D. Laroche 12:05 PM – 12:30 PM 

Lunch – Sunhill Dining Room 12:30 – 1:30PM 

 





Controlling Unidirectional Solidification Processes Using Nucleators 
 
 


Mohammad Behshad Shafii 1 and Ehsan Alavi Dehkordi 2 
 


1 Assistant Professor of Mechanical Engineering Department, Sharif University of Technology, Azadi St., Tehran, Iran 
2 B.Sc. Student of Sharif University of Technology  -  5th Apt., No. 34, 2nd Nobakht St., Apadanda St., Tehran, Iran 


 


ABSTRACT 
Buoyancy-induced fluid flow, which is primarily responsible for most form of the macro-
segregations (chimneys), is not directly controllable. If left uncontrolled, natural convection will 
contribute to non-uniform distributions of alloy constituents and grain structure in casting. Non-
uniform distribution of chemical composition and physical structure in an alloy casting can 
significantly affect the design and reliability of mechanical components. Therefore, materials 
with acceptable defects can be produced only by trial-and-error and their acceptability is 
determined by costly inspections. We present a novel technique to enforce the chimney 
formation at desired locations in the mushy zone during the solidification process of ammonium 
chloride that is cooled from below. This is done by placing metallic nucleators in particular 
arrangements on the bottom cooling plate. 


The objective of this study is to investigate the effects of the arrangement, spacing, and size of 
the nucleators on the fingers formation, plume structure, and solidification process. Results show 
that it is possible to obtain a relatively large area free of chimneys in the final product of the 
solidification process by placing the nucleators in certain arrangements. The outcomes of this 
study will serve as a baseline for subsequent investigations that will inspect the solidification of 
binary alloys, and could be used to provide experimental verification for mathematical and 
numerical models. 
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ABSTRACT 
Planar Laser Induced Fluorescence (PLIF) has been 
adapted to determine the degree of mixing imparted by 
a plunging liquid jet in the filling of a small vessel.  
The nozzle was maintained at a constant distance above 
the free surface during the fill.  Significant differences 
in the mixing mechanism is observed as the fluid flow 
changes from laminar to turbulent as the Reynolds 
number is increased, with the turbulence providing 
significantly better mixing. 


NOMENCLATURE 
dj pressure 
Re Reynolds number 
uj  velocity 
 
ρ density 
μ dynamic viscosity 


INTRODUCTION 
The mixing that occurs as ingredients are added to 
vessels of small length scale, where there is no 
mechanical agitation, has received little attention in the 
open literature. Typical industrial examples include 
those where colourants are added to paints at the point 
of sale and in vending machines where hot water is 
added to a cup and the concentrate needs to be fully 
dispersed solely on the basis of the water addition.  The 
mixing in this process occurs due to the jet of fluid 
entering the vessel; Guillard et al. (1998) examined the 
impingement of a confined turbulent jet and more 
recent works include Reungoat et al. (2007) who 
carried out simultaneous Planar Laser Induced 
Fluorescence (PLIF) and Particle Image Velocimetry 
(PIV) measurements on a round jet impinging into a 
rectangular tank. However both works were carried out 
in a vessel with a constant fluid height: there are 
currently no studies that examine the case of a filling 
vessel. The current work looks at the mixing and the jet 
structure in the vessel when the fluid level is allowed to 
rise due to the flow from the jet. 
 


METHOD AND MATERIALS 
The PLIF technique has been used to show the scales of 
segregation and intensity of mixing throughout the 
filling of a 0.06 m square section tank. The vessel was 
initially charged with a small volume of the fluorescent 


tracer Rhodamine 6G, and a vertical plane passing 
through the vertical axis of the vessel was illuminated 
using a laser sheet. Aqueous glycerol solutions with 
dynamic viscosities ranging between 0.004 - 0.016 Pa s 
enter the tank via a vertical tube aligned with the tank 
axis, which moves vertically so that the inlet is always 
just above the fluid level. Three flow rates were used 
1.67 × 10-5 m3s-1, 3.33 × 10-5 m3s-1 and 5.00 × 10-5 m3s-1 
and the vessel was filled to a height of 10 cm. The 
Reynolds numbers of these flows, calculated using 
equation 1, ranged from 250 to 2800. 
 


μρ jjud=Re     (1) 


 
The greyscale images obtained using PLIF were 
analysed using a log variance technique similar to that 
described by Brown et al. (2004). The method was 
adapted to take into account the rising free surface and 
so allowed the mixing to be evaluated at each height 
during the fill. The smaller the log variance the more 
homogeneous the vessel, e.g. a log variance of -2.6 
indicates that the vessel was 95% mixed when the fluid 
level was at that height. 
 


RESULTS 
Fig. 1a shows the log variance as a function of fluid 
height for each viscosity at a flow rate of 5.00 × 10-5 
m3s-1, it can be seen that the mixing improves as the 
viscosity decreases. For the 16 Pa.s fluid the mixing 
performance in the vessel stays ~ -1.5 indicating that 
the mixing in the vessel does not improve throughout 
the fill, for the lower viscosities the log variance 
decreases to ~ -2.6 indicating that they reach 95% 
mixedness. Once the fill height has reached 5-6 cm, 
there is little further improvement to the level of mixing 
and in some cases the log variance increases indicating 
that the ‘fresh’ fluid entering the vessel is no longer 
mixing as effectively. There is little improvement in the 
mixing between the 8 mPa.s and the 4 mPa.s fluid 
despite the reduced viscosity, this may be due to the 
fact that there is always an area of lower concentration 
around the jet, so despite the homogeneity in the 
surrounding liquid the variance cannot be decreased 
further.  
 
Fig. 1 b-d show a very clear change in the mixing 
mechanism, for the 16 mPa.s fluid (Fig. 1b), the tracer 
is distributed around the vessel but there are two 


1 







 
 


toroidal vortices and obvious striations which indicate 
laminar flow conditions. As the flow becomes more 
turbulent these striations are removed through eddy 
diffusion, as seen in the 8 and 4 mPa.s fluids (Figs. 1c, 
1d) where the concentration distribution is almost 
uniform. A further indication of turbulence is the 
stability of the jet, in the 16 mPa.s case the jet appears 
to be stable as it hits the base of the tank indicating a 
laminar jet, however for the other two flows eddies can 
be seen in the flow and the jet breaks up, improving the 
mixing. 
 
Fig. 2 shows the minimum greyscale log variance 
reached by each experiment compared with the 
Reynolds number of the jet in each case. The log 
variance in the tank decreases rapidly as the Reynolds 
number increases for small values of Re, this 
demonstrates and improvement in the mixing 
performance. However once the log variance decreases 
to below -2.5 this improvement in mixing becomes 
more gradual, this occurs for Reynolds numbers above 
1000. The mixing mechanisms appear from the images 
to be a combination of laminar and turbulent, with the 
turbulent mechanism becoming dominant above a value 
of Re of ~1000, the evidence for this being the 
disappearance of the toroidal vortices and the 
appearance of instabilities in the jet. 
 
A flow seeded with silver particles was used to measure 
the velocity field in the vessel at four fluid heights from 
3 - 9 cm using a high speed PIV system capturing at 
500 Hz. Three sets of 200 frames were taken at each 
height from three different runs, these were averaged to 
give the flow field.  This assumed that the fluid surface 
had not changed over 200 frames, which in the fastest 
fill case gave an error of 0.56 cm in the fluid height.  
These 600 images were then used to calculate the 
turbulent kinetic energy throughout the system. 


CONCLUSIONS 
PLIF has been shown to be an adaptable technique for 
the analysis of mixing systems with moving free 
surfaces and can be used to obtain both qualitative and 
quantitative information on the quality of the mixing 
within the vessel.  The onset of turbulence, 
unsurprisingly, results in much improved mixing 
performance. 
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Figure 1: Mixing performance for three different 
fluid viscosities at a fill rate of Q = 5.00 ×10-5 m3 s-1 
(a) log variance plotted against fluid height; Image 


of the vessel filled with the (b) 16 mPa.s fluid, 
Re=2800, (c) 8 mPa.s fluid, Re=1490, (d) 4 mPa.s 


fluid, Re=770. 
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Figure 2:  Plot of the minimum log variance 
reached in each experiment versus the jet 
Reynolds number for 16 mPa.s (green) 8 mPa.s 
(blue) and 4 mPa.s (red) fluids 
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ABSTRACT 
 
The continuous rotating flow, referred to as Momentous Flow 
Technology, may find application in alumina precipitators and 
anaerobic digesters. This technology allows use of relatively 
inexpensive mixers for large tall form vessels above 6 m in 
diameter and with Z/T ~=3.0. Circular flow in a vessel is 
generated by an axial impeller located in the upper part of the 
vessel with no baffles. As a result of fast rotation, a tornado like 
vortex is generated in the vessel center. Lab experimentation in a 
0.91 m diameter vessel confirmed that this vortex has the 
capacity of lifting and uniformly distributing alumina particles up 
to 63 microns in diameter.  The same principle can be applied for 
economical mixing in anaerobic digesters. The design of full 
scale units has to be supported by CFD. The 0.29 m diameter 
model vessel was built to conduct PIV measurements and 
validate CFD calculations. 
 
 
INTRODUCTION 
 
The unsteady rotating flow field in a cylindrical vessel called 
“whirlpool” is widely used in the food industry as a method of 
separating particles out of suspension (cup of tea method). This 
phenomenon can be alternatively used as a method for 
suspension of particles that have density much greater than fluid. 
Experimental studies of unsteady flow field were performed by 
Greenspan (1969), Denk (1991) et al and Jakubowski (2007) et 
al.  
 
The scope of this work was to investigate the possibility of 
application of the rotating flow for solids suspension in industrial 
applications and in particular for alumina precipitators and 
anaerobic sludge digesters. In both applications vessels were 6 m 
to 20 m in diameter with Z/T~=3.0. The full scale design needs to 
be supported by CFD simulation; therefore it is important to 
validate simulation results with measurements. This paper 
describes the experimental approach to this investigation. 
 
The Momentous (rotating) Flow is induced by a rotating axial 
impeller located in the upper part of the vessel. Once the entire 
body of liquid is put in spin, the tornado like vortex is formed in 
the vessel center. This vortex has the capability of lifting solids 
particles up to the impeller level and above. After passing the 
impeller the particles are moved to vessel walls and slowly settle 
to the conical bottom where they are lifted up again. 
  
In addition to suspension of solids the entire body of fluid is in 
fast rotational motion. There are no stagnant zones and no 
possibility of scaling at the walls. When Momentous Flow is 
applied to anaerobic digester, centrifugal forces push methane  
 


 
 
bubbles to the center of rotation where they quickly coalesce and 
escape from the liquid. 
 
 


 
 
 
Fig 1. Experimental setup for solids lifting capacity in 0.91 m  
          diameter vessel. Rotating flow in a vessel with no baffles is  
           induced by a rotating impeller located in the upper part of 
          the vessel. For solids suspension application, the bottom 
          should be conical with apex angle no greater than 90º.  
 
 







 
MODEL/EXPERIMENTAL 
 
Experimental and CFD models were setup to provide the 
following information: 


• Solids lifting capacity and energy usage. We have used 
alumina particles with three size ranges: 37-44 
micrometers, 64-73 micrometers and 125-149 
micrometers. Experiment has used 0.91 m diameter 
vessel with 2.75 m liquid level and conical bottom. 


• CFD modeling of lab setup and full scale installation 
design. Reynolds Stress Model was used.  


• Verification of CFD using lab setup and PIV. The 0.29 
m diameter vessel was used for measurement of three 
components of velocity. Later the data was used for 
validation of CFD model. 


• Determination of scale-up criteria using 0.29 m and 
0.91 m vessels. 


• Flow behavior in non-Newtonian fluids. Velocity 
measurements were taken for CMC solution in order to 
simulate anaerobic digester with 5% solids. 


 
 
RESULTS 
 
Solids lifting capacity was determined by visual observation. It 
was concluded during the experiment that 37-44 micrometers 
fraction was completely suspended off bottom. The 64-73 
microns fraction was only partially suspended while the majority 
of solids were spinning in the conical bottom. The largest fraction 
of 125-149 micrometers was not suspended at all; however the 
solids were spinning around the bottom. 
 
CFD Reynolds Stress model does well reproduce experimental 
findings. The axial motion of the vessel cone is well reproduced. 
 


 
 Fig. 2. Vertical component of velocity in rotating flow extracted 
             from CFD at 0.5 m above bottom elevation in water 
 
 


 
Fig. 3. Vertical component of velocity in rotating flow extracted 
             from CFD at 1 m above bottom elevation in water. 
 
 
CONCLUSION 
 
Based on lab test results the Momentous Flow Technology can be 
successfully applied for solids suspension in tall form vessels. Up 
pumping hydrofoil impeller has generated flow field that is 
capable of lifting alumina particles up to 63 microns in diameter. 
Larger particles can not be lifted using this technology regardless 
of mixer power. 
 
Energy usage for solids suspension varies upon solids sizes and is 
in the range of 0.1 – 0.01 kW/m3 
 
CFD Reynolds Stress Model can be used for flow study and 
illustration of process. 
 
 
 
 
REFERENCES 
 
Denk, V. and Durhold, A. (1991), “Experimental Investigation of 
the unsteady rotating flow field in a cylindrical vessel”, 
Experiments in Fluids 12, 97-105 
 
Jakubowski, M. and Diakun, J. (2007) “Simulation investigations 
of the effect of whirlpool dimensional ratios on the state of 
secondary whirls”, Journal of Food Engineering 83, 1, November 
106-110 
 
Greenspan, H. P.  (1969) “The Theory of Rotating Fluids” 
Cambridge University Press 








 


 


ABSTRACT 


 


The characterization of the state of a mixture has been largely discussed in the literature. The 
objective of this work is to introduce measures of mixing based on the Lagrangian tracking of 
particles or tracers and broad enough in scope to be used for both granular and fluid flow 
systems. Examples are presented to illustrate the wealth of details provided by these measures. 
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ABSTRACT 


Selecting the optimal agitation conditions (rotating speed, 
type of impeller) is crucial in stirred tank bioreactors used 
for the culture of animal cells.  In the present study, 
hydrodynamics and mixing quantities are experimentally 
determined by PIV and PLIF in a 20 litre bioreactor.  The 
results shows that optimal agitation conditions in terms of 
homogenisation, suspension and mechanical constraints 
on cells are obtained if the impeller A310 (Lightnin) 
rotating at 49 rpm is used.   


NOMENCLATURE 


ur,z  fluctuation of the velocity (m/s) 
Ux,z  component of velocity vectors (m/s) 
ε  rate of energy dissipation(W) 
ν  cinematic viscosity (m²/s) 


INTRODUCTION 


Bioreactors are very specific and complex gas-liquid-solid 
reactors, because the solid particles are living organisms.  
The use of bioreactors for animal cells culture is relatively 
recent and finds applications especially in pharmaceutical 
industry.  The company GlaxoSmithKline Biologicals is 
interested in this type of bioreactors to implement an 
industrial scale culture of animal cells in a stirred tank, in 
which the cells are adsorbed on microcarriers. 
Microcarriers are non-porous beads made of reticulated 
dextran. Their mean size is 250 µm and they are 
suspended in the culture medium.  
In this type of process, the optimization of mixing 
conditions is very complex.  The agitator design and the 
rotating speed have to be chosen to meet the two 
following goals:  
- The microcarrier beads must be perfectly suspended 


in order to make their external surface available for 
cellular development.   


- The concentrations must be homogeneous in the 
culture medium and if an additive (acid or base for 
pH regulation, nutrients …) is injected, it must be 
very rapidly distributed. 


But the agitation conditions must not be too severe in 
order to limit the mechanical constraints (macro and micro 
shearing) imposed to animals cells that can be harmful for 
their development and their metabolism.   
Thus, the aim of the present work is two-fold.  The first 
one is to characterize experimentally local quantities such 
as velocity fields and their corresponding shear fields, 
concentration fields and mixing time for different 
commercials impellers operating at different rotating 
speeds.  The second one is to optimise the agitation 
conditions (type of impeller and its rotating speed).   


APPARTUS AND METHODS 


In order to characterise local quantities, two optical 
techniques are used: PIV and PLIF. PIV (Particle Image 
Velocimetry) is a technique which is used to measure 2D 
velocity fields in the vertical plane that contains the 
agitation shaft.  PLIF (Planer Laser Induced Fluorescence) 
is used to measure the concentration field of a tracer in the 
same plane.  A limitation of these optical techniques is 
that the tank as its contents must be transparent.  The 
presence of microcarriers makes opaque the culture 
medium. Measurements must thus be performed on a 
model fluid which has same rheological properties as the 
culture medium.  Rheological measures relative to the 
culture medium (with no cell) show that water can be used 
as model fluid.   
The glass tank used has a volume of 20 litres, with a 
height to diameter ratio equals to 1 and a hemispheric 
bottom.  It is equipped with two baffles (figure1).  The 
tank is disposed in a cubic container filled with water to 
limit errors due to optical distortions.  Impeller is placed at 
one third of the tank height.  Measurements are realised 
for 5 rotation speeds ranging between 50 rpm and 120 
rpm.  Four axial impellers have been tested: Propellers 
TTP (Mixel),  Propellers A315 and A310 (Lightnin) and 
Propeller VMI with 3 streamlined blades (VMI-Rayneri).  
The direction of rotation is chosen to obtain a down-
pumping through the impeller.   
 


 


Figure 1: Tank geometry and measurement zones. 
 
For P.I.V measure, water is seeded by tracer polyamid 
particles which emit broadcast visible radiation. The tracer 
particle mean size is 20 µm and their density is 1.03, 
which is similar to water density.  For each operating 
condition, 200 image pairs are recorded.  The time interval 
between the two images of a pair is set between 2250 µs 
and 5000 µs depending on the rotation speed of the 
impeller.  In order to increase spatial resolution (6 pixels 
per millimeter), images are not measured on a whole plane 
of the tank but only on the two rectangular areas 
represented on figure1.  Images are treated by cross-
correlation in order to extract instantaneous velocity fields 
and the corresponding time averaged velocity field in the 
measurement plane.  The flow quantities relative to the 
whole tank volume are then computed assuming a 
rotational symmetry around the impeller shaft.   
During PLIF measurement, 5 ml of 0.008 g/l fluorescent 
Rhodamine 6G is injected at the point in the tank 
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represented by a pink dot in the figure 1.  The injection 
spread inside the tank is followed during time by an image 
record each 250 ms.  PLIF images are measured on a 
whole plane of the tank and a macroscopic mixing time 
can be determined from P.L.I.F measures. 
For each impeller, the minimum speed of rotation that 
leads to a complete suspension of microcarriers is 
measured. To this end, 20 litres of culture medium 
containing microcarriers is put in the tank and the 
(possible) decantation of microcarriers is followed during 
45 minutes by a video camera for different rotation speeds.  
For each impeller, PIV and PLIF measurements are then 
performed at the minimum rotation speed in order to 
determine the corresponding velocity fields and 
macroscopic mixing time.    


RESULTS 


1. Hydrodynamic and mixing parameters 


The velocity field in the bioreactor is measured by PIV as 
a function of the rotation speed for different types of 
impeller.  The hydrodynamic pattern is the same for all 
the impellers. It is composed by two ejection areas and by 
four recirculation loops.  The time averaged velocity field 
represented on figure 2 is relative to half of the tank. The 
correspondence between the background colour and the 
norm of the velocity vector is given by the colorbar 
situated on the right of the image. Pink arrows indicate the 
direction of the velocity vectors.  Depending on the type 
of impeller and on its rotating speed, average and 
maximum velocity values range between 0.024 m/s - 0.105 
m/s and between 0.1 m/s - 0.38 m/s, respectively.   
 


   
Figure 2:  Time average velocity field created by the 
impeller A315 at 102 rpm  
 
The macro-shearing is evaluated at each point by: 


x
U


z
U zx


∂
∂+


∂
∂ where Ux and Uz are components of the time 


averaged velocity which are included in the vertical 
measurement plane.  For each impeller, macro-shearing 
values increase with the rotating speed. They are high at 
the periphery of the ejection areas and near the tank walls 
(10 s-1 to  40 s-1 depending on the impeller and its rotating 
speed).  They are smaller in other regions of the tank (1 to 
5 s-1 respectively).  Given that the way macro-shearing is 
evaluated, that result appears logical when the figure 2 is 
observed.   
The local energy dissipation rate is obtained by applying 
the following formula, proposed by Baldi&al, at each 
point of the vertical plane:  


2 2 2 2


2 2 3 3 2r z r z r zu u u u u u


r z z r z dr
ε υ


 ∂ ∂ ∂ ∂ ∂ ∂        = ⋅ ⋅ + ⋅ + ⋅ + ⋅ + ⋅ ⋅        ∂ ∂ ∂ ∂ ∂         


 


where ur
 and uz


 are fluctuations of the velocity in the 
vertical plan. The rate of energy dissipation also increases 
with the rotating speed. It is high in the ejection areas 
(6.10-4 W to 6.10-3 W depending on the impeller and its 
rotating speed) and very small in the remaining part of the 
flow (0 to 1,2.10-3 W respectively).The knowledge of the 
rate of energy dissipation at each point of the vertical 
measurement plane is useful to obtain the spatial 
distribution of the size of the smallest eddies 
(Kolmogorov scale) and thus to characterise micro-
shearing. Indeed, if the size of the smallest eddy is equal 
or smaller than the microcarrier size, micro-shearing 
applied to the cells adsorbed on the microcarrier surface 
can be high.  For all the impellers, the micro-shearing 
could be problematic because the area where the 
Kolmogorov scale is smaller than the microcarrier 
diameter includes at least the ejection area at 50 rpm and 
spreads for higher rotating speed.  
The macroscopic mixing time is evaluated from P.L.I.F 
measurements for different agitation conditions.  The 
computed mixing time ranges between 7 s and 32 s 
depending on the type of impeller and on its rotating 
speed.  That macroscopic mixing time is very small 
compared to the response time of cell metabolism to a 
perturbation of their environment (approximately 1 hour).   


2. Impeller comparison at minimal rotating speed 


The minimal rotating speed that leads to a complete 
suspension of microcarriers Nmin was experimentally 
determined for each impeller.  All the above mentioned 
quantities were then evaluated at Nmin. The macroscopic 
mixing time at Nmin is always negligible compared to the 
response time of cell metabolism. The analysis of  micro 
and macro-shearing distribution at Nmin shows that 
impeller A310 products the smallest mechanical 
constraints compared to those which are produced by  
other impellers.  


CONCLUSION 


The characterisation of local quantities for each impeller 
demonstrated that the mixing time is never the limiting 
parameter in the choice of agitation conditions. It was 
shown that the micro and macro-shearing increase with the 
rotating speed and the rotating speed must thus be chosen 
as small as possible, equal to the minimal rotating speed 
which leads to a complete suspension of micro carriers. 
When impellers are compared at their respective minimal 
rotating speed, the impeller A310 products the smaller 
mechanical constraints. In view of these facts, we can 
conclude that the optimal agitation is obtained with the 
impeller A310 rotating at 49 rpm.   
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ABSTRACT 
 
The use of computer aided engineering (CAE) tools for 
mixing analysis became mainstream with the advances in 
computational fluid dynamics (CFD)  in the mid-1990’s. 
CFD packages such as CFX, STAR-CD and FLUENT all 
introduced software capable of modelling a key mixing 
unit operation in the process industries – the stirred tank 
reactor. Progress over the last decade has led the validated 
use of CFD in modelling mixing in stirred tank reactors. 
CFD analysis is routinely used for determining 3D 
velocity fields, impeller power numbers and blendtime. 
The richness of this 3D analysis now gives engineers to 
generate probably statistics for turbulent energy 
dissipation rate and strain rate which are very useful 
complements to current scale-up methods in industrial 
fluid mixing practice. 
 
The success of CFD in stirred tank mixing analysis has 
largely been restricted to systems which are single phase 
or in multiphase systems where the distributed phase does 
not appreciably affect the continuous phase. There still 
remains a shortfall in the ability to model multiphase 
mixing in stirred tanks using Eulerian-Eulerian CFD 
methods. For example, it has been problematic for 
researchers to predict the solids concentration profile in a 
solid-liquid stirred tank mixing application.  Some 
researchers have had some success in adjusting multiphase 
parameters to match experimental data at a single scale -- 
the “belly curve” of solids concentration in a stirred tank 
as you traverse from bottom to top. But fixing these 
parameters has not led to a general ability to predict solids 
concentrations at different scales. 
 
The author will outline an enhanced approach where the 
particle nature of the solids can be introduced through the 
use of Discrete Element Modelling (DEM) and coupled 
with CFD analysis. DEM is a numerical method which 
models the movement and contact between each particle. 
A DEM model particle can represent either a single 
particle or group of particles in the physical system. The 
most common and physically accurate implementation of 
DEM is the ‘soft contact’ approach which calculates the 
forces acting on each particle using models which can 
account for the particle mechanical and surface properties.  
   
DEM is very well established as a powerful tool for 
studying the mechanics of granular bulks. Advanced DEM 
software tools such as EDEM can model both particles 


and equipment which enables direct application to 
complex processes. DEM provides a framework for 
investigating the relative effect of particle material 
properties, environmental conditions and equipment 
design. Factors such as particle shape, surface properties 
(e.g. cohesion and electrostatic charge), temperature and 
moisture content can be accounted for using appropriate 
models. DEM coupled with CFD is explored as an avenue 
to incorporate more of the physics necessary to allow 
multiphase CFD to break through into solid-liquid mixing 
analysis. 
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ABSTRACT 
Positron Emission Particle Tracking (PEPT) is unique in 
flow visualisation terms, being able to examine flow 
phenomena in three dimensions that could not be observed 
as effectively by using other techniques.  PEPT was used to 
determine the 3D velocity field as well as solids distribution 
developed during mixing of a polydisperse slurry consisting 
of glass particles from 1 to 3.30 mm, at mass concentrations 
varying from 5 to 40%, in a vessel agitated by a pitched 
blade turbine.  For the first time, it has been possible to 
determine the local velocity as well as concentration 
distributions of each individual particle size fraction.  The 
flow fields were determined for both up-pumping and 
down-pumping operation of the turbine.  The accuracy of 
PEPT was independently ascertained by comparison with 
2D PIV measurements in water, and via mass continuity 
calculations.   


NOMENCLATURE 
C  local mass concentration 


 CV local mass concentration 
C  mean mass concentration 


 d particle diameter 
D  impeller diameter 


 H tank fill level 
 n total number of cells 
 N agitation speed 
 Njs minimum suspension speed 
 OE occupancy 


r radial coordinate 
R tank radius 
S surface 
T tank diameter 
t∞ total experimental time 
tc time spent by the tracer Vc 
v velocity 
vtip impeller tip velocity 
Vc cell volume 
z axial coordinate 


INTRODUCTION 
The suspension of solids in stirred vessels is ubiquitous in 
industry including the manufacture of fine chemicals, 
pharmaceuticals, personal/home care products, paper and 
pulp, polymers, food, and the formulation of products for 
these sectors.  Numerous difficult mixing problems are 
found with solid-liquid processing, some 80% of products 
in the chemical industry, for example, being of this type. 
Examples include the promotion of a chemical reaction 
between the two phases (heat and mass transfer), promotion 
of dissolution or crystal growth, manufacture of titanium 
dioxide, alumina precipitation, microencapsulation process 
by a solvent evaporation technique, sterilisation or holding 
of particulate food mixtures prior to packaging, processing 
of structured personal care products, and the achievement of 
a uniform particle concentration in an exit stream going for 
further processing or packaging.   
The traditional methods of studying solids suspension have 
been to consider the minimum speed for particle 
suspension, Njs, vertical distribution of the solids in the 
vessel, Cloud Height, and power consumption.  Whereas for 
transparent systems Eulerian data have been available 
through the use of well established techniques such as LDV 
and PIV, these optical instruments, however, have only 


been applied to very dilute suspensions and cannot be 
applied to high concentration slurries which by their very 
nature are opaque.   
Positron Emission Particle Tracing is a non-intrusive 
technique which can be applied to these opaque systems.  
PEPT is unique in flow visualisation terms, being able to 
examine flow phenomena in three dimensions that could not 
be observed as effectively by using other techniques.  It is 
particularly useful for the study of multiphase flows, to map 
the flow of fluids and the flow of particles where one 
component can be labelled and its behaviour observed 
(Fangary et al., 2002).  It uses a single positron-emitting 
particle as a flow tracer which is then tracked in 3D space 
and time to reveal its full Lagrangian trajectory.  The 
method allows probing of opaque fluids and within opaque 
apparatus, a distinct advantage over optical methods such as 
LDV or PIV.  The positron camera uses two position-
sensitive detectors between which the system under study 
(e.g. a stirred vessel) is mounted.  A positron-emitting 
radioactive tracer is introduced into the flow. Once emitted 
from the nucleus, a positron annihilates with an electron, 
releasing energy in the form of two back-to-back γ-rays 
travelling at 180 degrees.  Each detector captures incident  
γ-rays over an area of 51×38 cm2 and determines their 
interaction coordinates.  Only coincidence events in which 
γ-rays are simultaneously detected by both detectors are 
recorded (Barigou, 2004; Parker et al., 2002). 


EXPERIMENTAL 
The experimental set-up is schematically represented in 
Figure 1. Experiments were conducted in a flat-base stirred 
vessel of diameter T = 290 mm. The vessel was made of 
Perspex, was fully-baffled and was agitated by a 6-blade 
45º pitched-turbine (PBT) of diameter D = T/2 and off-
bottom clearance T/4. The height of the suspension was set 
at H = T.  
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Figure 1: Experimental set-up: 1 RPM counter; 2 motor; 3 
shaft; 4 baffle; 5 PBT; 6 tank; 7 gamma-ray detectors. 


The particles used were glass beads of density 2485 kgm-3, 
and were suspended in water at a mass concentration, C , in 
the range 5-40%.  Two nearly-monomodal particle size 
fractions, (d = 1.00-1.25 and d = 2.85-3.30 mm) were used 
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to make up a polydisperse slurry.  The two size fractions 
were mixed at equal concentrations. 
The PEPT experiments consisted of separately determining 
the trajectories of the fluid and of each particle size fraction.  
By using a neutrally-buoyant resin particle tracer (200 μm) 
PEPT allowed the liquid phase trajectories to be tracked, 
and by radioactively labelling in a cyclotron an individual 
particle of the polydisperse slurry, the trajectory of each 
particle class was determined.  Every experiment was run 
for 30 min, long enough for ergodicity to be safely assumed 
in such a turbulent flow system.  Experiments were 
conducted at a speed equal to the minimum speed for 
particle suspension Njs, determined experimentally 
according to the well-known Zwietering criterion, i.e. no 
particle remains stationary on the bottom of the tank for 
longer than 1-2 s.  Suspension of the solids was studied with 
the turbine operating in both down-pumping (PBTD) and 
up-pumping (PBTU) modes.  Table 1 summarises the range 
of experiments conducted. 


Table 1: Range of experiments. 


C  
(%) 


small 
beads 


large 
beads 


Njs 
(rpm) 


PBT 
agitation mode 


PEPT run 
time 
(min) 


2.5 2.5 360 PBTU 30 
2.5 2.5 380 PBTD 30 
5.0 5.0 420 PBTU  30 
5.0 5.0 450 PBTD  30 
10.0 10.0 480 PBTU  30 
10.0 10.0 510 PBTD  30 
20.0 20.0 600 PBTU  30 
20.0 20.0 610 PBTD  30 


VALIDATION - COMPARATION OF PEPT AND PIV   
The PEPT technique provides the velocity vector at every 
point along the trajectory, from which the complete 3D 
velocity distribution, and other flow parameters can be 
obtained. As pointed out above, PIV is a well established 
technique and its tiny particle tracer size (~ 10 μm) can be 
used to accurately determine time series of local fluid 
velocities.  A short comparative study of flow field data 
determined by PEPT and two-dimensional PIV was 
conducted in water under identical conditions, to 
independently assess the flow following capability of PEPT.  
For this study, a fully-baffled glass vessel of diameter         
T = 190 mm was used.  A 6-blade pitched blade turbine of 
diameter D = 0.55T was used with an off-bottom clearance 
of T/4, and the vessel was filled with water to a height        
H = T.  The rotational speed was set at N = 220 rpm giving 
flow in the turbulent regime.   
The flow fields determined by both techniques with a 
PBTD impeller are compared in Figure 2.  Radial 
distributions of the axial and radial velocity components 
just below the edge of the impeller blade are also compared 
in Figure 3.  The two techniques agree very well.  The small 
discrepancies observed in Figs. 2 and 3, arise from the 
difference in the way flow data were collected by each 
method.  The 2D-PIV results were produced from data 
collected in a single plane at 45º between two baffles.  The 
PEPT results, on the other hand, are an azimuthal average 
of 3D measurements obtained throughout the vessel, and 
therefore include the average effect of the angular changes 
due to baffles. 


Furthermore, consideration of mass continuity across any 
horizontal section of the vessel requires that 
 


0
S


⋅ =∫∫ v dS  (1) 


 
which for a discrete system becomes 
 


0
S


⋅Δ =∑ v S  (2) 


 
Dividing the vessel into equal volume cells makes ΔS a 
constant, which reduces Eq. (2) to a zero sum (or average) 
of axial velocities across the horizontal plane considered.  
For the PEPT velocity field, calculations gave a velocity 
average of nearly zero, i.e. < 2% of impeller tip velocity.  It 
is noteworthy that for PIV, however, the average was much 
larger, around 20% of impeller tip velocity.  This is due to 
the 2D nature of the PIV data. 
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Figure 2: Flow fields determined by PEPT and 2D-PIV in 
water for PBTD. 
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Figure 3: Axial and radial velocity components determined 
in water by PEPT and PIV measurements just below the 
impeller (h = 0.168 H). 


RESULTS AND DISCUSSION 
In addition to location and velocity information, PEPT 
allows the particle occupancy distribution within the vessel 
to be determined, which offers an additional tool for 
characterising particle flow behaviour within the tank.  
Occupancy is obtained by dividing the tank volume into 
small cells, and calculating the fraction of time spent by the 
particle in each cell during the experiment.  Where the cells 
have equal volume, occupancy can be defined as the ratio of 
time that the tracer spends inside the cell to the time that the 
tracer would spend in any cell if the system were ergodic.  
On the basis of such a definition, it can be shown that, for a 


2D azimuthally averaged 







 
 


3  


multiphase system, occupancy, OE, is directly related to 
local phase volume concentration, CV, via the relationship  
 


( )/ / /E c V VO t t n C C∞= =  (3) 


 
where 


VC  is the mean phase volume concentration in the 
vessel. 
This is an important result for the study of multiphase 
mixing.  Results are depicted for the polydisperse slurry at a 
mass concentration %20=C  (9.14% v/v). There is a high 
solids accumulation underneath the impeller, with the larger 
particles forming the majority, up to twice as much with a 
PBTD, as shown in Figure 4.  The average axial 
distributions, however, are somewhat similar for both 
particle size fractions. 
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Figure 4: Azimuthally-averaged spatial distribution of 
solids volume concentration: %14.9=VC  ( %20=C );  


 water;  small particles;  large particles. 
 
There is a clear difference between the spatial particle 
distributions obtained with PBTD and PBTU.  Below the 
impeller the PBTD and PBTU produce more or less similar 
particle distributions, except that the PBTD seems to lift the 
smaller particles better.  With a down-pumping impeller, 
however, the solid phase is well distributed in the bulk of 
the tank above the impeller.  The PBTU produces a good 
distribution up the wall, but the solids concentration drops 
sharply towards the central region of the vessel.  The 
average vertical concentration profiles are similar for both 
PBTD and PBTU.   
Velocity vector plots are shown in Figure 5.  The single 
flow loop associated with the PBTD and the two flow loops 
associated with the PBTU are well depicted.  Such flow 
patterns are consistent with the spatial solids distributions 
observed above.   
Information on particle slip velocities is of real value to 
processing applications involving the transfer of heat or 
mass, such as in the sterilisation of particulate food 
mixtures or chemical reactions.  Time averaged particle-
liquid slip velocities were estimated, as shown in Figure 6.  
PEPT identifies regions of poor slip velocity and, thus, 
enables the evaluation of impeller effectiveness in 
optimising heat and mass transfer.  The larger particles 
generally have higher slip velocities than the smaller ones; 
in particular, in the impeller discharge stream they are 
approximately twice as large. 
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Figure 5: Azimuthally-averaged two-dimensional velocity 
maps: d = 1.00-1.25 mm; 20%.C =  
 


Radius   r/R


V
e


rt
ic


a
l 


a
x


is
  


 z
/


H


|(vr vz)| / vtip


 


 


0 0.2 0.4 0.6 0.8 1
0


0.1


0.2


0.3


0.4


0.5


0.6


0.7


0.8


0.9


1


Radius   r/R


V
e


rt
ic


a
l 


a
x


is
  


 z
/


H


|(vr vz)| / vtip


 


 


0 0.2 0.4 0.6 0.8 1
0


0.1


0.2


0.3


0.4


0.5


0.6


0.7


0.8


0.9


1


0


0.02


0.04


0.06


0.08


0.1


0.12


0.14


0.16


0.18


 
 
Figure 6: Time-averaged slip velocity map: PBTU; 


10%C = . 


CONCLUSION 
PEPT is a powerful non-intrusive Lagrangian technique 
which is ideally suited to the study of opaque multiphase 
systems.  The accuracy of PEPT measurements has been 
independently proven by comparison with PIV in turbulent 
water agitated by a pitched blade turbine, and through mass 
continuity throughout the vessel.  For the first time, it has 
been possible to determine the trajectory, the full 3D 
velocity field and spatial distribution of the liquid phase and 
of each particle size fraction within a polydisperse 
suspension. The technique can, therefore, be extended to the 
study of more complex systems with wider particle size 
distributions. 
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The role of mixing on the selectivity of competitive chemical reactions has been 
extensively studied (see, for example, Bourne, (2007) “Mixing and reaction – What 
happened next?”, MIXING XXI http://mixing.net/Conferences/mix21/Midey.pdf). 
 
The results of these studies can be used to improve existing or design new processes 
qualitatively or quantitatively. 
 
Qualitative changes can be made by moving the feed location in a stirred reactor closer to 
the impeller, slowing the feed rate or increasing the feed velocity.  These changes can be 
made relatively simply but no prediction can be made about how much the yield of the 
desired product will increase. 
 
Quantitative changes can only be made if experiments are carried out at small scales and 
used to determine the effect of local energy dissipation rate and the reactant feed rate on 
yield.  Once this has been determined at lab or pilot-scale, recommendations can be made 
for design of a new reactor or to retrofit an existing reactor. 
 
The aim of this presentation is to present examples which show how the micro- and 
meso-mixing theories developed by Bourne & Baldyga can be applied to industrial 
processes. 
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ABSTRACT 
Temperature effects on gas dispersion and solid 
suspension were investigated in a fully baffled, dished 
base stirred tank of 0.48m diameter holding 0.145 m3 
liquid, which was stirred by a triple-impeller combination. 
The impeller combination consisted of a half elliptical 
disk turbine (HEDT) as the bottom and two up-pumping 
wide-blade hydrofoils (WHU) above, which was 
recommended for both gas dispersion and solid suspension 
in three phase stirred tank. Power consumption, gas hold-
up and critical off-bottom just suspension agitation speed 
have been measured at six different temperatures ranged 
from 24oC to 95oC with an average increment of 14oC. 
The results show the significant effect of temperature on 
the hydrodynamic characteristics. Relative power demand 
(RPD) increases apparently with the increasing of the 
temperature, although the effect of temperature on RPD 
becomes less with more solids added in the system. Gas 
holdup decreases evidently with the increasing of 
temperature; again the gas holdup differences for different 
temperatures become less at higher solid concentration. 
Critical impeller speed for just off-bottom suspension 
(NJSG) increases with the increasing of gas rates for all 
temperatures in this work. However, with the increasing of 
the temperature, the effect of gas rates on NJSG was 
reduced. Temperature effects on power consumption, gas 
holdup and NJSG were quantificational described as a 
series of correlations in this paper, which, including the 
results discussed above, are of particular relevance to the 
design and operation of hot sparged three-phase reactors. 


NOMENCLATURE 
CV    volumetric solid concentration 
Flg  gas flow number 3NDQF g=lg  


Fr  Froude Number  gNDFr 2=  
NPg  aerated Power number 
NJSG just-suspension agitation speed in gas-solid-liquid 


system 
PTm  mean total specific energy dissipation rate 
TK   absolute temperature in sparged system 
VS   Superficial gas velocity 
ε     Gas hold up  


INTRODUCTION 
Gas-liquid-solid three phase stirred reactors are widely 
applied in many industrial multiphase processes. 
Extensive studies of cold sparged three phase systems, 
involving settling particles, have been reported in last 30 


years [Bao(2006), Dohi(2001), Nienow(2002)]. During 
the last decade, studies of hot gas-liquid systems have 
shown that hot sparged conditions are significantly 
different from those in cold gassed systems [Gao(2001), 
Smith(2004)]. Agitator power draw is greater at the higher 
temperatures; bulk and micro-mixing times are essentially 
unaltered while retained gas fractions are substantially 
reduced. Smith(2004) investigated the effect of 
temperature on the void fraction in a triple impeller stirred 
tank, and regressed the void fraction correlation with an 
exponent, -3.2, which implied the evident decreasing 
tendency of void fraction verse the elevated temperature. 
However, the temperature effect on gas dispersion with 
the presence of solid particles and its further effect on 
solid suspension are still absent until now. It is of 
particular industrial significance to carry out further 
investigation on the temperature effects on the gas 
dispersion and solid suspension in three phase stirred 
reactor.  


EXPERIMENTAL 
All experiments were carried out in a fully baffled, 
stainless steel dished bottom cylindrical tank with an 
internal diameter of 0.48 m and a filled aspect ratio 
H/T = 1.8 (Figure 1). Four electrical heaters of 3 kW each 
are mounted symmetrically in the bottom of the tank at a 
radius of 0.18 m. Bao (2006) has recommended the HEDT 
+2WHU impeller configuration for both gas dispersion and 


solid suspension in a cold 
gassed three phase stirred 
tank. The ungassed power 
number, NP, is about 4.20. 
Deionized water, purified 
air and the cleaned glass 
beads of average diameter 
90 μm and density of 2500 
kg·m-3 were used for all 
the experiments. The solid 
concentrations (volume of 
solid per volume of 
suspension) were 3, 6, 9, 
15 and 21%.  
The power consumption 
was calculated from the 
torque and rotational 
speed of the shaft 


measured with a torque transmitter and a portable 
tachometer. The gas holdup was calculated from changes 
in the liquid level measured by a calibrated radar probe. 


Figure 1. Scheme of equipment







 
 


2  


The critical just suspension impeller speed was 
determined visually by observing the base of the tank. 


RESULTS  


Gassed power draw 
Effect of temperature on the RPD for different solid 
concentrations 
The relative power demand RPD is higher for the elevated 
temperature when no particles were involved in the 
systems. However, the effect of temperature on RPD 
becomes less when the solid concentration is higher, until 
the volumetric solid concentration is as high as 21%, RPD 
becomes almost independent of the temperature. Equation 
(1) was used to correlate the experimental data at different 
solid concentrations, Cv, as shown in Table 1.  


'..
lg' d


Krg TFFaNp 110130 −−=    (1) 


Table 1: Regression results of eq. (1). 
Cv/% a’ d’ R2 
0 0.095 0.566 0.971 
3 0.161 0.474 0.970 
6 0.150 0.488 0.965 
9 0.238 0.408 0.974 
15 0.503 0.280 0.969 
21 0.963 0.169 0.966 


Effect of solid concentrations on the RPD for different 
temperatures 
In a cold gassed three phase system a variation of solid 
concentration does not lead to any large change in RPD 
except a little increasing tendency verse Cv. With the 
increasing of the temperature, RPD becomes slightly 
decreased for higher solid concentrations. Equation (2) 
was used to correlate the experimental data at different 
temperature, as shown in Table 2.  


( ) '..
lg' e


rg CvFFkNp += −− 1110130    (2) 


Table 2: Regression results of eq. (2). 
T*/℃ k’ e’ R2 
24 2.394 0.277 0.966 
40 2.443 0.172 0.981 
54 2.523 0.0089 0.984 
68 2.587 -0.051 0.977 
81 2.637 -0.102 0.967 
95 2.705 -0.180 0.908 


Gas holdup 
Effect of temperature on gas holdup for different solid 
concentrations 
With the same power input and total gas flow rate, 
including the contribution of the evaporation from the 
liquid phase, the gas holdup decreases continuously with 
the increasing of the temperature. Again the decreasing 
tendency was weakened for the high Cv three phase 
systems. Equation (3) was used to correlate the 
experimental data at different Cv, as shown in Table 3.  


'..' m
KSTm TVP 550160α=ε    (3) 


Table 3: Regression results of eq. (3). 
Cv/% α’ m’ R2 
0 3.345×108 -3.465 0.987 
3 7.773×107 -3.214 0.989 
6 3.314×107 -3.072 0.990 
9 5.11×106 -2.754 0.988 
15 4.506×105 -2.345 0.988 
21 7.935×103 -1.656 0.991 


Effect of solid concentrations on gas holdup for 
different temperatures 
In cold gassed conditions the gas holdup decreases a lot as 
more glass beads are introduced. With the increasing of 
solid concentrations, the gas holdup first decreased 
significantly at 24 oC and then the decreasing tendency 
becomes less for higher temperature until at about 81 oC 
the gas holdup was independent of solid concentrations. 
At the highest temperature 95 oC in this work, the gas 
holdup even increases a little when more solids are 
introduced in the systems. Equation (4) was used to 
correlate the experimental data at different temperatures, 
as shown in Table 2.  


( ) '..' n
vsTm CVP +λ=ε 1550160    (4) 


Table 4: Regression results of eq. (4). 
T*/℃ λ’ n’ R2 
24 0.890 -1.777 0.990 
40 0.792 -1.514 0.992 
54 0.681 -0.998 0.994 
68 0.571 -0.497 0.994 
81 0.478 -0.022 0.990 
95 0.402 0.141 0.993 


Solid suspension 


JSNΔ  was defined as the difference between NJSG (gassed) 
and NJS (ungassed) for the same solid concentrations. 


JSNΔ increases linearly with the superficial gas velocity, 
although the effect of this on critical suspension speed at 
higher temperatures is reduced to about half that at 
ambient temperature. Equation (5) can be used to predict 
the influence of VS on 


JSNΔ for different temperatures: 


 682650710245 ... −×=Δ KSJSG TVN   R2=0.984   (5) 


CONCLUSION 
(1) RPD increases apparently with the increasing of the 


temperature, although the effect of temperature on 
RPD was weakened with more solids added in the 
system.  


(2) With the increasing of temperature gas holdup 
decreases evidently; again the gas holdup difference 
for various temperatures becomes less at higher solid 
concentration.  


(3) Critical impeller speed for just off-bottom suspension 
(NJSG) increases with the increasing of gas rates for all 
temperatures in this work. However, with the 
increasing of the temperature, the effect of gas rates 
on NJSG was reduced.  


Temperature effects on power consumption, gas holdup 
and NJSG were quantificational described as a series of 
correlations, which are of particular relevance to the 
design and operation of hot sparged three-phase reactors. 


 








 


 


 


ABSTRACT 


The mixograph is a planetary pin mixer that has been used for decades to evaluate the mixing 
tolerance and large strain rheology of hydrated flour. In this work, Computational Fluid 
Dynamics (CFD) has been used to gain greater understanding of the mixing action of this mixer 
by evaluating both local and global measures of mixing using particle tracking. In this study, 
mixing of a highly viscous, Newtonian corn syrup is simulated. Segregation scale, length of 
stretch and efficiency are used to evaluate the mixer. It is shown that the mixograph does not 
experience as much vertical mixing as cross-sectional mixing over the same time span. 
Additionally, it is observed that some pin positions are more efficient than others. These results 
are being used to compare this mixer with other mixers used for similar purposes in the food 
industry. 
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ABSTRACT 
 Two unsteady agitations, co-reverse periodic rotation and 
time-periodic fluctuation of rotational speed, under low to 
moderate Reynolds number were investigated experi-
mentally in an agitated vessel equipped with a 4-bladed 
pitched paddle or a 4-bladed flat paddle.  The results show 
that mixing time can be significantly reduced when 
unsteady stirring approaches are adopted.  For co-reverse 
periodic rotation, mixing time for pitched paddle was 
shorter than that for flat paddle.  On the other hand, for 
time-periodic fluctuation of rotational speed, mixing times 
for flat paddle was shorter in all range of Reynolds 
number covered in this work but that for pitched paddle 
was decreased once and then increased again with an 
increase in Reynolds number. 


NOMENCLATURE 
CL off-bottom clearance 
D impeller diameter 
H height of liquid 
N impeller speed 
Re Reynolds number 
T tank diameter 
tm mixing time 
w width of baffle 


INTRODUCTION 
  Mixing is often inefficient for low Reynolds number, 
especially when a small impeller is used, because of the 
formation of segregated regions in an agitated vessel.  
There are generated two toroidal segregated regions both 
above and below the impeller operated in the range of 
Reynolds number below about 500.  Such regions are 
observed for both unbaffled and baffled vessels stirred by 
either radial or axial flow impellers. 


Recently, the several experimental studies (Lamberto 
etal., 1996 ; Nomura etal., 1997 ; Yao etal., 1998) have 
been undertaken to demonstrate that the mixing perform-
ance can be remarkably improved by increasing the 
chaotic degree using time-dependent rotational speed. 
   In this work, co-reverse periodic rotation and time-
periodic fluctuation of rotational speed were adopted to 
enhance  mixing in a  stirred tank equipped  with a  4-
bladed flat paddle or a 4-bladed pitched paddle.  The 
relation of complete decolorization time with Reynolds   
number  is  used  as  quantitative  method  to  compare   
the mixing performance under an unsteady stirring with 
that under a steady one. 


EXPERIMENTAL 
  The agitation system consists of a cylindrical vessel with 
four baffles and a 2:1 elliptic bottom, as shown in Figure 1.  
The impellers used are a 4-bladed flat paddle and a 4-
bladed  pitched  paddle.  Mixing  time is measured using 
the decolorization reaction between iodine solution and 
sodium thiosulphate solution. To investigate the mixing 
characteristics  of  a stirred  vessel under  unsteady  rota-
tional speed, two run-programs are designed and their 
specifications are summarized in Table 1. 


 


 


 


 


 


 


 


 


 


 


Figure 1: Experimental apparatus. 


 


Table 1: Experimental conditions. 


 


 


 


 


 


 


 


 


 


 
425⇔575


Mixing RPM[rpm]


25⇔175


125⇔275


225⇔375


325⇔475


50⇔150


150⇔250


250⇔350


350⇔450


450⇔550


400⇔-400


500⇔-500 475⇔525


75⇔125


175⇔225


275⇔325


375⇔425


-


Fluctuating RPM[rpm] - 50 100 150


Fluctuating RPM


Periodic time[s] 5・10・20 10


100⇔-100


200⇔-200


300⇔-300


Mixing conditions co-reverse periodic rotation


Change of the rotation direction ○


interval[s]


Time-periodic fluctuation of 
rotational speed


Fluctuation of 
rotational speed[rpm] 


speed[rpm]


425⇔575


Mixing RPM[rpm]


25⇔175


125⇔275


225⇔375


325⇔475


50⇔150


150⇔250


250⇔350


350⇔450


450⇔550


400⇔-400


500⇔-500 475⇔525


75⇔125


175⇔225


275⇔325


375⇔425


-


Fluctuating RPM[rpm] - 50 100 150


Fluctuating RPM


Periodic time[s] 5・10・20 10


100⇔-100


200⇔-200


300⇔-300
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RESULTS AND DISCUSSIONS 
  Mixing times measured for co-reverse periodic rotation 
and fluctuation of time-periodic rotational speed are 
shown in Figures 2 and 3, respectively.  As can be seen 
from the Figures 2 and 3, in the case of steady agitation, 
with an increase in Reynolds number, the dimensionless 
mixing time decreases.  This phenomena results from the 
stubborn existence of two ‘doughnut rings’ which cannot 
be destroyed by increasing the stirred speed even to 250 
rpm or more for several hours because the two isolated 
mixing regions are segregated from the other active 
mixing region. 
  However, this situation can be improved by the appli-
cation of co-reverse periodic rotation, as shown in Figure 
2.  The plot of dimensionless mixing time vs Reynolds 
number shows that, under the same Reynolds number, the 
longer the periodic interval, the longer the mixing time.  It 
is also found that the mixing time for pitched paddle is 
shorter than that for flat paddle.  Changing direction of 
impeller imposes the dynamic perturbation.  In addition to 
this contribution, the location of the doughnut rings moves 
drastically for pitched paddle because of the change of 
axial flow direction.  For flat paddle, the location of the 
doughnut rings do not change despite to changing 
direction of impeller. 
 For time-periodic fluctuation of rotational speed, mixing 


time for flat paddle is short in all range of Reynolds 
number covered in this work but a little longer than that 
for co-reverse periodic rotation.  It is also found that the 
larger the amplitude of fluctuation in rotational speed, the 
shorter the mixing time.  On the other hand, for pitched 
paddle, the mixing time decreases slightly and then 
increase again with an increase in Reynolds number.  This 
is because the location of doughnut rings will move at a 
greater distance for flat paddle than for pitched paddle 
since the flow created by flat paddle is stronger than that 
by pitched paddle, especially under low impeller speeds. 
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Figure 2: Relation between dimensionless mixing time 
and mixing Re number of the co-reverse periodic rotation. 
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Figure 3: Relation between dimensionless mixing time 
and mixing Re number of the time-periodic fluctuation of 
rotational speed. 


CONCLUSION 
  Two unsteady agitations, co-reverse periodic rotation and 
time-periodic fluctuation of rotational speed, were invest-
tigated for two types of impeller, flat paddle and pitched 
paddle.  It was found that the mixing performance can be 
remarkably improved by unsteady agitations.  For flat 
paddle, both two unsteady agitations are useful to enhance 
the mixing. On the other hand, co-reverse periodic 
rotation is advantageous for pitched paddle. 
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ABSTRACT 
 
Mixing, or Segregation, can be defined using three dimensions.  The instantaneous state of segregation has two dimensions: 
the scale of segregation, and the intensity of segregation.  The intensity of segregation is reported as the CoV in a blending 
application, while the scale of segregation is reported as the striation thickness distribution, the drop size distribution, as 
examples.  Previous work has shown that the two dimensions contain different and independent information.  The CoV tells 
us nothing about the scale of segregation, and the scale of segregation contains no information about the range of 
concentrations observed. 
 
The exposure dimension conbines the intensity and scale of segregation with a third characteristic of the system to give a rate 
of reduction in segregation.  Many examples of exposure equations are given in the literature.  The most familiar is the mass 
transfer rate, where the scale of segregation can be related to the interfacial area, the intensity of segregation to the local 
concentration gradients, and the tendency of the system to reduce segregation to the mass transfer coefficient, or the 
molecular diffusivity.  In this case, the exposure dimension is an integral combination of the local area and intensity of 
segregation, so while it is correlated to both the scale and the intensity of segregation, it is not a linear combination of the 
average measures. 
 
In this talk, the exposure dimension will be reviewed in the context of existing literature and models.  The goal is to 
determine the underlying mixing variables which consistently drive a reduction in segregation, and the role that these 
variables play in achieving a range of process objectives. 
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ABSTRACT 


Morphology development of blends in 
confined cases is relevant in many systems, 
for example in polymer processing, where 
the distance between the screw and barrel is 
small. Since surfactants are often added to 
blends to act as stabilizers, here, we focus 
on their role on the deformation of confined 
drops. In this paper we review the current 
state-of-the-art modeling of drop 
deformation in confined geometries. The 
two main classes of methods are discussed, 
i.e. front tracking and front capturing 
techniques, and some representative 
examples are discussed. Following , we go 
more in detail and study deformation of  
surfactant-covered drops in confinements.  


A boundary-integral method with modified 
Green's functions, which exactly satisfy the 
no-slip condition at the walls, is used to 
solve the flow equations. The resulting 
velocities are used in the convection-
diffusion equation for the surfactant 
concentration which is handled with a finite 
volume method. The local surfactant 
concentration is coupled to the local surface 
tension via a Langmuir isotherm. The 
model presented here is only suited for 
equi-viscous drops and insoluble 
surfactants, but can be easily extended.  


 


 


 


 


Several examples of the influence of 
surfactants are shown: for drops in shear 
flow, the extreme cases of convection-
dominated versus diffusion-dominated 
surfactant redistribution is shown. The 
strong shear field between the drop and the 
wall has a significant impact on the 
surfactant redistribution. For convection-
dominated situations, this area is largely 
swept clear of the surfactant, leading to a 
local higher surface tension. In diffusion-
dominated cases, the surfactant 
concentration remains uniform over the 
drop, but surface dilution, where the surface 
tension increases due to lower surfactant 
concentration, resulting in less deformation, 
becomes important. Migration of drops in 
pressure driven flows is also considered, 
where the influence of the surfactant 
coverage on migration velocity and 
transient drop shapes is shown. 
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ABSTRACT 
The agitated pulp stock chest is the most widely used 
mixer in pulp and paper manufacture. These mixers are 
used for a number of purposes, including attenuation of 
high frequency disturbances in pulp properties such as 
mixture composition, fibre mass concentration and 
suspension freeness. In spite of their importance, these 
chests continue to be designed using semi-empirical rules 
based largely on previous experience. 
 
Dynamic tests made on laboratory scale-model and 
industrial chests have demonstrated that pulp chests do not 
operate as ideal mixers but instead are subject to non-ideal 
flows including channelling and the creation of dead 
zones. A computational model of the laboratory-scale 
mixing chest made using a commercial computational 
fluid dynamic (CFD) code (Fluent) with pulp suspension 
rheology described using a modified Hershel-Buckley 
equation was able to describe most of the mixing 
dynamics measured experimentally.  
 
In the present work we extend our computational 
modelling to two industrial pulp stock chests. The first 
chest has a capacity of 305 m3 and feeds a mixture of 
chemical pulps at 3.5% mass concentration to a 
papermachine. This rectangular stock chest is agitated by 
a single impeller, and other than its size, is of similar 
geometry to the scale-model chest studied in our 
laboratory. The second chest has a capacity of 340 m3 and 
is used to remove latency from a 3.5% mass concentration 
thermomechanical pulp suspension ahead of stock 
screening. This U-shaped chest uses four impellers to 
agitate the pulp and a mid-feather wall that directs stock 
flow through the mixer to minimize by-passing. 
 
Geometrical and operating data were obtained for each 
mixing chest at the mill site. Dynamic tests were also 
conducted, with input and output responses to bump 
changes in mass concentration analysed using a black-box 
mixing model (developed previously) to identify the chest 
mixing parameters.  
 
Each mixing chest was then modelled using Fluent, with 
the specific geometry of the chest used to develop the 
mesh and computational domain using Gambit software. 
The modified Hershel-Buckley model available in Fluent 
was used to describe the suspension rheology. Steady-
state CFD simulations were then run using process 


conditions corresponding to those during the experimental 
tests made at the mill. The steady-state solution of 
suspension flow was then used to determine the dynamic 
response to a computationally created bump test that 
simulated those made at the mill.  Finally, the real and the 
simulated chest responses were compared (using both the 
raw output signals and the parameters to the black box 
mixing model) to determine the effectiveness of CFD in 
modelling the industrial mixing chest. 
 
The CFD simulations agreed reasonably well with the 
measured results. The flow fields obtained from the CFD 
simulations provided insight into the mixing processes 
occurring within the chest, with the CFD showing the 
existence of well agitated regions (caverns) surrounding 
the impellers (which significantly limit the total agitated 
volume available for mixing). Particle tracking using the 
steady-state flow field gave insight into the location of 
stagnant regions and to bypassing created by the relative 
positioning of the impeller(s) and the suspension inlet and 
outlet ports. The paper discusses some of the specific 
difficulties encountered (both experimentally and 
computationally) as well as the limitations of the 
industrial data. 








Modeling Mixing of Species with Different Viscosity in a Non-Symmetric Impinging Jet Mixer with LES 
 
Minye Liu & Jim Tilton 
 
DuPont Engineering Technology 
 
 
Impinging jet mixers (IJM) are widely used in processing industry. Although the fluid streams to be mixed 
are often fed symmetrically, non-symmetric jets are also used due to process requirement. Studied in this 
presentation is one of such a non-symmetric IJM. The two jets have different diameters and the fluids fed to 
the mixers are species with different  material properties including viscosity. One stream is in fully 
developed turbulent regime while the other is in the early transition regime.  Viscosity changes during the 
mixing is modeled with pseudo-reactions. The mixed flow with resulted viscosity is also in transitional 
regime. Therefore, traditional k-e model can not be used to model the mixing process. Large eddy 
simulation (LES) has to be adopted with appropriate sub-grid scale models that can handle low Re 
turbulent flow and transitional flow.  Mixing will be quantified at the exit of the mixer with calculated 
CoVs. Different flow rate will be studied to analyze the effects of non-symmetric jets on mixing.  
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ABSTRACT 
Mechanically agitated gas-liquid-solid three phase 
reactors are widely used in the process industries, e.g. for 
various hydrogenations and oxidations, fermentation, 
evaporative crystallisation and in waste water treatment. 
In the last three decades more and more researchers have 
focused on the study of simultaneous solid suspension and 
gas dispersion in a three-phase system. All these 
investigations were carried out in ambient (i.e. “cold”) 
conditions where the vapour pressure of the liquid phase 
can be assumed to have an insignificant effect on the 
process. For many exothermic (i.e. “hot”) processes, e.g. 
oxidation, hydrogenation and polymerization, the vapour 
pressure should be taken into account. During the last 
decade further research has been carried out with hot gas-
liquid systems which have shown that hot and cold 
systems are radically different.  
Reactors of high aspect ratio are increasingly being used 
at industrial scale. Multiple impeller agitators are 
employed in such tall vessels to ensure good flow and 
circulation. The gas dispersion and solid suspension are 
influenced by the physical properties of three phases, such 
as, the densities of liquid and solid, the viscosity and the 
superficial tension of liquid etc, the geometrical 
parameters of agitation, including the shape, size and 
combination of impellers, and the operational valuables, 
like, the agitation speeds, gas rates, solid concentrations, 
liquid temperature and so on. Three phase stirred reactor 
has been one of the most complicated, and challenged 
research area, which is attractive lots of investigations in 
recent three decades, providing different, sometimes even 
contrary results to some specific question. In this paper, 
gas dispersion and solid suspension in cold-gassed, hot-
sparged and boiling three phase stirred reactors were 
investigated in last several years. The results are of 
importance to the optimum design of the three-phase 
stirred reactors. 
 
1. Gas-Liquid-Buoyant particles three phase stirred 
reactor 
1.1 Optimization of impeller combination 
The critical just drawdown agitator speed for different 
concentrations of buoyant particles, gas holdup and shaft 
power have been measured in a vessel of 0.48 m diameter 
with four baffles and dished base. The aspect ratio of the 
liquid in the tank is 1.8. Five agitator configurations, each 
with three impellers on a single shaft, were used in the 
experiments. Two impeller designs were used, a deep 
hollow blade (semi-ellipse) disk turbine (HEDT) and a 4-


wide-blade hydrofoil impeller, the latter in either upward-
pumping (WHU) or downward-pumping (WHD) mode. 
Polypropylene (PP) particles, ~3 mm in size and density 
900 kg/m3, were used in the suspension experiments.  
Results show that these solids have little effect on the 
relative power demand (RPD, ratio of gassed power 
demand to that when ungassed, i.e. RPD = PG/PU). 
Agitators using the radial dispersing HEDT as the bottom 
impeller have a flatter relative power demand, than those 
when an up or down pumping hydrofoil is at the bottom. 
However, gas holdup decreases with increasing solid 
concentration. Among the five different impeller 
combinations, a downward pumping top impeller has a 
significantly higher just drawdown agitation speed and 
power consumption, so the WHD mode is not as suitable 
for the drawdown of buoyant particles. For any given 
upper impeller, the just drawdown agitation speeds for 
different combinations are almost same, though in multi-
impeller stirred tanks the gas dispersion is controlled 
mainly by the bottom impeller. Of these impeller 
combinations, those using a HEDT as the bottom impeller 
have the flattest relative power demand and the highest 
gas holdup at a given gas flow rate and power input. The 
optimal impeller combinations for to achieve both the 
drawdown of buoyant particles and gas dispersion are 
HEDT+WHD+WHU and HEDT+2WHU.  
 
1.2 Effects of buoyant particles, baffle width and 
agitator centering on suspension and gas dispersion 
The optimal agitators, HEDT+2WHU, was used in the 
same stirred vessel. The influence on suspension and gas 
retention of solid density (900 to 955 kg m-3) and size (0.5 
to 4 mm), baffle width and agitator centering have been 
studied. There is little difference in the gas retention 
behaviour in the presence of similarly sized different 
particles. Gas hold-up is relatively unaffected by particle 
size, though particles less than 1 mm tend to reduce gas 
retention. Baffle width has significant effects: drawdown 
is easier with either narrow or full width baffles than with 
mid-width baffles which need higher agitator speeds. In a 
fully baffled three phase system, the drawdown of buoyant 
particles results from the bulk velocity and turbulence 
intensity while with narrow baffles conditions appear to 
be controlled by the development of a central vortex. 
However, gas dispersion in such a partially baffled system 
is not as effective as when fully baffled, so the latter 
conditions are recommended for the sparged drawdown of 
buoyant particles. Despite the possible mechanical 
drawbacks, off-centred agitators achieve effective 
drawdown of buoyant particles in both sparged and 
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unaerated systems. Off-centering the agitator does not 
affect the retained void fraction except at low gassing 
rates and specific power input. 
 
1.3 Hot-sparged three phase stirred reactor containing 
buoyant particles 
The power consumption and gas hold-up measurements 
were made in a hot-sparged three phase system containing 
the buoyant particles. The multi-impeller agitator 
HEDT+2WHU has been recommended in previous 
investigation. Air, deionised water and polypropylene (PP) 
particles were used in this work. The temperature of the 
water was in the range from 80.5 to 82.5 °C. The results 
show that, as in a cold system, the effect of the solid 
concentration on aerated agitator power demand is 
negligible. There is little difference between the agitator 
power demand in cold and hot-sparged systems except 
that RPD is a little higher in hot-sparged conditions. The 
influence of power consumption and gas rate on gas hold-
up is slightly less when hot than when cold. Gas holdup in 
the hot-sparged system, which, with similar total gas rates 
and power input, is only about half or two thirds of that at 
room temperature, is slightly increased at higher solids 
concentrations. 
 
2. Gas-Liquid-Settling particles three phase stirred 
reactor 
2.1 Optimization of impeller combination 
Despite much research on gas-liquid-solid systems and 
their widespread application in industry, gas dispersion 
with solid suspension in multi-stage stirred reactors 
equipped with multiple impellers still need more attention. 
We present here the critical just suspension impeller speed 
for different concentrations of solid particles, gas holdup 
and shaft power in a vessel of 0.48 m diameter with four 
baffles and dished base. Five agitator configurations, same 
as 1.1 with buoyant particles, each with three impellers 
mounted on a single shaft, have been used in the 
experiments. Glass beads of ~0.1 mm diameter and 
density 2500 kg·m-3 were suspended at solid volumetric 
concentrations of 1.5, 3, 6, 9 and 15%. Results show that 
these suspended solids have little effect on RPD. Of the 
five different impeller combinations, those with an axial 
flow bottom impeller have significantly higher just 
suspension agitation speeds and power consumption, so 
mounting the hydrofoil impeller at the bottom is not the 
optimal configuration for settling particle suspension. Of 
these impeller combinations, at a given gas flow rate the 
arrangement of HEDT+2WHU has the highest relative 
power demand, gas holdup and power input for both the 
suspension of settling particles and gas dispersion. 
 
2.2 Hot-sparged three phase stirred tank involving 
settling particles 
Air, deionised water and glass beads of about 0.1 mm 
diameter and density 2500 kg·m-3 were used for all 
experiments. The operating temperatures were 24 oC and 
81 oC, identified as cold and hot respectively. Results 
show that RPD, in a hot sparged system decreases slightly 
with an increasing solid concentration. This becomes less 
evident at lower agitation speeds, where, at a given gas 
rate, unlike in the cold systems, RPD is higher in hot 
conditions than when cold. At a given total gas flow rate 
and power input gas holdup in a hot sparged system is 
independent of solid concentration and only about half to 


three quarters that in the cold conditions. The critical 
suspension speeds in both cold and hot systems increase at 
first and then level off or even decrease a little at 
volumetric concentration of solids above 15%. The 
introduction of gas leads to a higher critical suspension 
speed in both hot and cold sparged systems, though the 
effect of total gas flow rate is greater in cold conditions 
than hot.  
 
2.3 Temperature effects on suspension and gas 
dispersion 
Power consumption, gas hold-up and the critical off-
bottom just suspension agitation speed have been 
measured at solids concentrations up to 21 vol% at six 
different temperatures ranging from 24oC to 95oC in 
increments of about 14oC.  The results confirm significant 
effects of temperature on the hydrodynamic characteristics. 
RPD increases somewhat at increased temperature, 
although this effect is less when more solids are present. 
Gas holdup decreases significantly at higher temperatures; 
again an effect that is reduced at higher solid 
concentrations. The critical impeller speed for just off-
bottom suspension (NJSG) increases with increasing gas 
rates over the whole temperature range of this work, 
though the effect of gas rate on NJSG is less at higher 
temperatures. The effect of temperature on power 
consumption, gas holdup and NJSG have been quantified in 
a series of correlations that are relevant for the design and 
operation of hot sparged three-phase reactors. 
 
3. Boiling three phase stirred reactor containing settling 
particles 
The situation when solids must be maintained in 
suspension in a boiling liquid is analogous to, but differs 
from, the more commonly studied conditions when the 
liquid is well below its boiling point.  
The vessel was electrically heated, dished based and of 
0.48 m diameter. The aspect ratio of the liquid in the tank 
is 1.05. It was agitated by single 0.24 m diameter 
impellers. The three radial flow disc turbines studied were 
RT-6, Chemineer CD-6, and HEDT. The modern CD-6 
and HEDT impellers are highly efficient in handling high 
gas-phase loading and in maintaining high levels of power 
input throughout a range of impeller tip speeds. 
For all three impellers RPD was only slightly affected by 
solids, even up to 21 vol%. In contrast to the effect of 
varying the gas sparge rate in a cold aerated system, the 
boil-off rate had only a limited effect on the RPD, the 
minimum impeller speed needed to maintain suspension, 
or the retained void fraction. When boiling, the void 
fraction was, as might have been expected, much lower 
than in cold systems at similar power input and off-gas 
rates. The HEDT impeller is recommended for both 
vapour dispersion and solid suspension in ungassed 
boiling three phase systems.  
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ABSTRACT 
The distribution of buoyant solids in agitated suspensions 
has been studied. The investigation was carried out in a 
baffled vessel characterised by an aspect ratio equal to 
four and stirred with four radial impellers. Dilute 
suspensions of single-sized spherical particles of expanded 
polystyrene (density equal to 90.7 kg/m3) in water were 
used. Solid concentration was measured with a non-
intrusive optical technique. Measurements were performed 
along the axis of the reactor to obtain steady-state vertical 
profiles as well as at fixed elevations to determine the 
concentration transient after a pulse of solids injected at 
the bottom. Both the transient concentration curves and 
the steady-state profiles were interpreted by means of the 
axial dispersion model with sedimentation. The particle 
rising velocity in the agitated system was determined by 
data treatment; it proved to be significantly smaller than 
the free-rising velocity, i.e. the rising velocity in a still 
liquid. The ratio of these two velocities is in reasonable 
agreement with a correlation of the ratio of the settling 
velocities of heavy particles with the ratio of the 
Kolmogorov microscale to particle diameter established 
previously. 


NOMENCLATURE 
C*   =C/Cavg , dimensionless local solids concentration         
D     turbine diameter    
DeS  dispersion coefficient for the solids       
dp    solid particle diameter     
H    vessel height  
N     impeller rotational speed                                 
P     power consumption  
PeS  =UsH/DeS, Péclet number for the solids 
T tank diameter 
US   rising/settling velocity of buoyant/settling particles in 


a stirred liquid 
Ut  rising/settling velocity of solid particles in a still liquid 


(“terminal” velocity) 
ε  = P/ρLV, average power consumption per unit mass  
ζ = z/H, dimensionless vertical coordinate (upwards) 
θ = t DeL/H², dimensionless time  
λ  = (ν3/ε)0.25, Kolmogorov micro length scale  
ν kinematic liquid viscosity                      
ρL liquid density 


INTRODUCTION 
This paper is concerned with the drag exerted by a liquid 
on the dispersed phase in a stirred tank. The settling 
velocity of heavy solid particles was shown to be smaller 
in agitated suspensions than in a still liquid (Brucato et al., 
1998; Pinelli et al., 2001). This phenomenon is 
investigated in this paper for solid particles lighter than 
the agitated liquid for studying the behaviour of the gas 
bubbles in a stirred vessel under idealised conditions – 
without bubble formation, breakage and coalescence. The 
solid concentration profiles were determined – at steady 
state and under transient conditions at fixed elevations 
after a pulse of solids at the bottom. By interpreting the 
profiles with a simple phenomenological model, the rising 
velocity of the particles was determined and compared 
with the particle rising velocity in a still liquid.  


EXPERIMENTAL 
The investigation was carried out in a vertical, cylindrical 
tank (T=23.2 cm, aspect ratio H/T=4, volume 39.6 litre). 
The tank had four vertical baffles and a flat bottom and 
was closed at the top by a lid. Agitation was provided with 
four equal, evenly spaced Rushton turbines mounted on 
the same shaft (D=7.87 cm). Dilute suspensions were 
employed (Cavg= 0.18–1.26 g L–1) made of water and 
spherical particles of expanded polystyrene (dP=2.0 mm, 
ρS=90.7 kg m–3). The calculated rising velocity of these 
particles in a still liquid is equal to 20 cm/s. The rotational 
speed was in the range 10.5–25 s–1. 
The solids concentration in the tank was measured by 
means of the non-intrusive optical technique described by 
Nocentini et al. (2002). A laser diode and a silicon photo-
diode were used as the light source and the receiver and 
were mounted on a traversing system. The light beam 
passed through the vessel horizontally, midway between 
consecutive vertical baffles, and each measurement could 
be considered as representative of the solid concentration 
on the whole horizontal plane. Two kinds of experiments 
were performed. With the steady-state technique, the 
solids concentration was measured at many elevations to 
obtain the vertical solids concentration profiles. For the 
transient technique, a certain amount of solid particles was 
injected at the base of the vessel (ζ=0) in a very short time 
and the local concentration change with time was detected 
at selected elevations.  
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THE FLOW MODEL  
The one-dimensional sedimentation-dispersion model has 
been adopted for describing the solids distribution in the 
vessel (z axis directed upwards so that US>0 with buoyant 
particles, the dimensionless coordinates ζ=0 and ζ=1 
correspond to the base and the top of the vessel). The 
dimensionless solids concentration after an instantaneous 
injection of solids at ζ=0 is (Nocentini et al., 2002): 
 
              exp(PeS ζ)      
  C*(ζ,θ) = PeS −−−−−−−−−– + 2exp(PeS ζ/2)× 
                exp(PeS) – 1 
 


         ∞  (nπ)2 cos{nπ(1–ζ)} − nπ(PeS/2) sin{nπ(1–ζ)} 
     × Σ −−−−−−−−−−−−−−−−−−−−−−−−−−−−−−−−−− × 
        n=1  [(PeS/2)2 + (nπ)2]cos {nπ} 
 


      × exp[−{(PeS/2)2 + (nπ)2}θ]           (1) 


 
At steady state (θ→∞), the r.h.s. of Eqn (1) reduces to the 
first term. 


DATA TREATMENT  
The values of parameters PeS and DeS for each 
experimental condition were determined by matching the 
experimental curves to the model equation. For the steady 
state experiments, PeS was obtained by comparing Eqn (1) 
(at θ→∞) with each dimensionless vertical profile; for the 
transient experiments, each experimental curve at a 
selected elevation ζ was normalised with mean solids 
concentration and DeS was determined by comparison with 
Eqn (1). A best fit technique was adopted in both cases. 
An example of the fit of the unsteady experiments is given 
in Figure 1. 
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Figure 1: Example of transient curves: N=1050 rpm, 
Des=155 cm2/s, PeS=2.04. ζ=0.29 (above), ζ=0.80 (top). 


RESULTS 
The particle rising velocity in the stirred tank were 
calculated from the PeS definition and compared with the 
rising velocity in a still liquid (‘terminal’ velocity), Ut. 
The former is significantly lower than the latter, similar to 
the findings for settling solids in vessels stirred with 
various impellers (Nocentini et al., 2002; Pinelli et al., 
2004) and in Couette-Taylor flow (Brucato et al., 1998). 
The values of the ratio US/Ut were then compared with the 
following empirical correlation established for solids 
settling in a dilute, turbulent medium (Pinelli et al., 2001), 
which is  independent of impeller type and vessel scale: 


US/Ut = 0.4 · tanh (16 λ/dp − 1) + 0.6  (2) 


where λ/dp is the ratio between the Kolmogorov 
microscale length, λ=(ν3/ε)0.25, and the particle diameter. 
Figure 2 confirms that free-stream turbulence plays a 
significant role also in reducing the rising velocity of the 
buoyant particles and shows that the data for these last 
particles exhibit the same behaviour as the settling solids.  
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Figure 2: Plot of US/Ut for buoyant particles (red circles) 
and settling particles (+, ×, ✴ ). 
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ABSTRACT 
Mixing of viscous and non-Newtonian fluids in the 
laminar regime is usually difficult to achieve because of 
the flow structures generated under steady stirring 
conditions. Segregated regions namely, caverns and dead 
zones remain in the stirred vessel even after several 
mixing hours. As a consequence, long mixing times are 
required and undesirable by-products due to the poor 
reaction selectivity can be generated. Such regions can be 
eliminated by using wide impellers or by increasing the 
rotational speed which can be a drawback when mixing 
shear-sensitive media. The use of unconventional 
configurations leading to unsteady flow conditions are a 
good alternative for laminar mixing in stirred vessels. This 
paper gives a general overview of chaotic flows in laminar 
regime produced by atypical mixing configurations in 
stirred vessels. 
 


INTRODUCTION 
Mixing in agitated tanks represents a fundamental part of 
the chemical, petrochemical, pharmaceutical, food and 
paper industries. This unit operation is commonly carried 
out under steady flow conditions with the impeller 
centered with respect to the vessel and rotating at constant 
speed in one direction only. Mixing has been a popular 
subject for the last years. Most studies have been focused 
on power consumption, measurements of mixing times 
and visualization of flow patterns. A number of techniques 
have been developed for visualizing flow patterns in 
stirred vessels. Mavros (2001) reviewed the use of very 
sophisticated techniques for observing the flow behaviour 
in stirred vessels including particles image velocimetry 
(PIV), planar laser induced fluorescence (pLIF) and 
thermal pulses, among others. 
 
Mixing operations are usually carried out in some 
applications at low to moderate Reynolds number, in 
which the turbulent regime cannot be achieved. The 
presence of important segregated regions and dead zone 
generated with open impellers at low Reynolds number 
has been extensively reported in the literature (Solomon et 
al., 1981; Lamberto et al., 1996). Such pathologies persist 
even if baffles and mixed flow impellers are used resulting 
in very long mixing times, high energy consumption and 
undesirable by-products due to poor reaction selectivity 
can be generated. The most common way to vanish and 
eliminate these regions consists of increasing the 
rotational speed, however, this leads to an energy 
consuming process, long mixing times, and in some cases 


it may be detrimental to the final product especially when 
mixing shear sensitive media. 
It has been demonstrated that the flow structures generated 
under steady flow conditions can be destroyed if the flow 
is continuously perturbed if the impeller is lightly 
displaced from tank centreline in the radial direction as 
well as by using time-dependent revolutions. The works 
reporting the use of spatial and temporal conditions 
promoting chaotic flows in stirred vessels are reviewed in 
this paper. 
 
 
STEADY-STATE FLOW 
Mixing operations are usually carried out at low to 
moderate Reynolds number. The presence of important 
segregated regions and dead zone generated with open 
impellers at low Reynolds number has been extensively 
reported in the literature (Solomon et al., 1981; Lamberto 
et al., 1996). Those pathologies persist even if baffles and 
mixed flow impellers are used resulting in very long 
mixing times, high energy consumption and undesirable 
by-products due to poor reaction selectivity can be 
generated. The most common way to enhance mixing by 
minimizing the effect of such non-homogeneities consists 
of using wide impeller or increasing the rotational speed. 
However, the latter option leads to high-energy levels and 
in some cases it could be detrimental for materials 
sensitive to shear.  
 
Solomon et al (1981) reported for the first time the 
observations of well-mixed regions around the impellers 
surrounded by stagnant fluid, which are known as caverns 
in the case of yield stress fluids. Considering a cavern as a 
sphere with center on a Rushton turbine they proposed 
empirical expressions for determining the geometrical 
characteristics of such flow structures. The observations of 
these flow structures were later confirmed by Alvarez et al 
(2002) and Ascanio et al (2002). 
 
  
UNSTEADY-STATE FLOW 
The most common way to enhance mixing by minimizing 
the effect of flow structures such caverns (well-mixed 
regions) and isolated regions (static or quasi-static zones) 
consists of using wide impellers or by increasing the 
rotational speed. However, the latter option leads to high-
energy levels and in some cases it could be detrimental for 
materials sensitive to shear. Therefore, other alternatives 
based on the theory of chaos principles have been 
developed and reported in the literature. They consist 
basically on the use of spatial and temporal scenarios as 
described below. 
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Eccentric impellers 
Different alternatives based on pioneering studies on 
chaotic laminar mixing have been reported in the 
literature, in which it was demonstrated that 
homogenization could be quickly achieved by using 
eccentric cylinders rotating alternatively in both directions 
during short times (Ottino et al 1988; Swanson and Ottino 
1990; Muzzio et al 1991; Muzzio et al 1992). One of the 
main reasons of using eccentric impellers is that they 
provide the best mixing action where a vortex is not 
required or not desirable. 
Alvarez et al (2002) proposed the use of spatial conditions 
based on the radial position of the impeller with respect to 
the tank centreline. They showed that a minimal radial 
displacement of the impeller can enhance the mixing 
performance in terms of the mixing times. Similar results 
were found by Ascanio et al (2002) by using different one 
or two off-centered impellers in the stirred vessel.  
 
 Dynamic perturbations  
Lamberto et al 1996 proposed the use of time-dependent 
stirring speed to destroy the caverns generated under 
steady mixing conditions. They demonstrated that the 
mixing of Newtonian fluids could be clearly enhanced if 
the fluid dynamics was continuously perturbed. This 
method was shown to prevent the formation of segregated 
regions close to the impeller, confirming the theoretical 
results of Aref (1984). Using time-dependent rotation 
directions changes conditions, Ascanio et al (2002) 
demonstrated that segregated regions can be gradually 
vanished and finally destroyed if the flow is continuously 
perturbed. 
 
It is clear from the above contributions based on the 
fundamental concepts of chaos theory that non-
conventional mixing strategies appear to be promising to 
enhance mixing in stirred tanks in laminar regime. During 
the symposium a general overview of the works reporting 
scenarios based spatial and temporal conditions will be 
given for preventing the formation of coherent segregated 
regions in the vicinity of the impeller resulting in energy-
efficient processes. 


CONCLUSION 
Chaotic flows generated by spatial and temporal 
conditions in stirred vessels are undoubtedly attractive 
alternatives for enhancing mixing in stirred vessels in 
laminar regime. The use of dynamic perturbations and/or 
eccentric open impellers can prevent the formation of 
coherent regions in the vicinity of the impeller resulting in 
shorter mixing times and low energy consumption. 
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ABSTRACT 
In this paper, a polymeric microfluidic device is presented 
for the self-synchronized production and mixing of water-
in-oil microdroplets. The principle of actuation of the chip 
is the different dielectric constant of oil and water. When a 
water droplet enters the electric field created by an 
electrode pair, this field is augmented. In this 
synchronized droplet production technique, the droplet is 
generated by the increased electric field.   
Regular sized droplets have been successfully produced 
and mixed by this method. 
A range of voltages have been tested in order to 
investigate the optimum operation voltage.   
 


INTRODUCTION 
Microdroplets have been widely used in miniaturized 
chemical and biological processes in the last years. 
Different techniques of manipulating and generating 
droplets in microfabricated chips have been previously 
reported. (1) 
 
Handling liquid samples using microdroplet techniques 
present many advantages, therefore, developing 
microdroplet handling and mixing techniques has become 
increasingly relevant. 
 
The mixing of two or more miscible fluids in a 
microfluidic platform is crucial for many purposes as 
achieving and homogenized mixing of reagents in 
chemical reactions.  


Some methods for synchronized droplet mixing have been 
reported (2).In these studies several syringe pumps were 
necessary to drive the flows in order to produce size 
dependant flow velocities as means of passive 
synchronization. However, pumps precision will become a 
limiting factor when handling very small sample volumes.  
In this novel method, gravity driven flows are used for the 
synchronized droplet generation.  


MICROFABRICATION 
The microfluidic structures used for this experimentation 
were fabricated on polymethyl methacrylate (PMMA) 
sheets. The chips were milled using a precision numerical 
control machine (Datron CAT3D, Datron Technology Ltd, 
Milton Keynes, UK)  
 
The required microchannel structure was initially created  
 


 
 
using the CAD package, Inventor Autodesk software (v 
10.00) and then transformed into an ISO G-code 
numerical control file with Edge CAM (Pathtrace Ltd, 
Reading, UK). 
 
The electrode was manufactured by filling a milled 
channel with thermosetting silver loaded epoxy (RS Ltd, 
UK).The access hole for the electrode channel was then 
filled with silver epoxy and left to harden. 
 
Microchannels were sealed using 100 µm thick sheets of 
transparent self adhesive polyester laminate (Plastic Arts, 
Manchester, UK). 
 
The design and dimensions of the chip are described in 
Figure 1: 
 


 
 


Figure 1: Schematic of the self-synchronous chip design 


 
A high voltage power supply unit was connected to the 
water via a crocodile clip attached to the metallic 
connector. The electrode was connected to ground via a 
crocodile clip attached to the crimp tag on the connecting 
wire. 
 
The water and oil were injected into the channels using 
gravity by means of open syringes 
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EXPERIMENTAL 
 
After a range of positive voltages were tested, a voltage of 
250 V, positive polarity was initially applied in order to 
avoid spray at the electrode and a non-consistent droplet 
production. 
 
After adjusting the heights of the syringes to get an 
adequate oil flow speed, the first results show the 
principle of the synchronized production and merging of 
droplets. 
 
Some frames of this process extracted from a recorded 
video are shown in Figure 2 
 
 


 
Figure 2: Self-synchronous droplet production frames. (a)  
Initial droplet about to pass between the electrodes. (b)  
Synchronous droplet being generated. (c) and (d) 
synchronized displacement of both droplets.    
 
When droplets have been produced and detected, a second 
droplet is released which finally merge at a junction. 
 
 


 
 
Figure 3: Self- synchronous droplet merging. Frames (a) 
to (d) show different stages of the merging process. 


 
 Water and oil have very different dielectric constants (2 / 
81). This difference is used as the principle of actuation of 
the microdevice. When the water droplet enters the 
electric field of the electrode pair, this field is increased. 
This causes the water on the opposite side to be drawn 
into the oil channel forming a droplet. Then, the droplet is 
generated by the increased electric field.  Regular sized 
droplets can be produced by this method. 
 
These droplets are then merging as shown in the frames in 
Figure 3. 
 


RESULTS AND DISCUSSION 
 
Videos were recorded and analysed for several voltages 
applied. The percentage of successfully synchronized 
generation and mixing of droplets was calculated for a set 
of voltages. Graph in Figure 4 shows the preliminary 
results. 
 


 
Figure 4: Percentage of mixed droplets for a set of 
voltages (100-600V). Error bars represent the standard 
deviation. 
 
Self-synchronous droplet production has been successfully 
demonstrated. A steady droplet production rate and size 
has been achieved. This method of droplet generation has 
a wide field of applications. Droplets created by this 
system are also efficiently merged. 
  
These experiments have been efficiently repeated. The 
results demonstrate the possibility of using a fixed high 
voltage electric field to create and mix synchronized 
droplets. 
 
More experiments need to be done using various types of 
samples to apply this mixing and dilution principle. Also 
more complex chip designs are planned to join two or 
more self-synchronous systems. 
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A B S T R A C T 
 


New mixing capacity indices (mixedness based on transient response method, local mixing ca-
pacity, whole mixing capacity, m-component mixedness and so on) have been proposed by making 
use of information entropy by authors and many useful results have been proposed. However, it is not 
established to make clear what scale of fluid movement contributes most for the mixing. In order to 
make clear this problem it is indispensable to clarify the degree of contribution from each scale of 
fluid movement to the mixing. The mixing spectrum is a coinage by authors and the concept of it was 
built by making use of whole mixing capacity index. That is, the mixing spectrum is interpreted as 
the contribution from scale of fluid movement to the whole mixing capacity of an impeller. In con-
cretely, the mixing spectrum can be obtained based on the value of whole mixing capacity index that 
is calculated by changing the value of the smallest scale of fluid movement little by little. The mixing 
spectrum of a few styles of impeller (flat blade disc turbine, 45opitched blade turbine, flat blade tur-
bine and so on) and the frequency distribution of scale of fluid movement were obtained experimen-
tally and the characteristics of each style of impeller are made clear by comparing the mixing spec-
trum and the relationship between the mixing spectrum and the frequency distribution of scale of 
fluid movement of an impeller with that of others.


 
 
 


1. Introduction 


 
Many styles of impeller for stirred tank have been designed for various 
aims of mixing. The impeller has been selected based on the know-how 
gained by experiences for long time, because no clear estimated index 
on mixing performance of the impeller has been established. The new 
index on the mixing performance has been looked eagerly. Correpond-
ing to this expectation, new mixing capacity indices (mixedness based 
on transient response method, local mixing capacity index, whole mix-
ing capacity index, multi-component mixedness and so on) based on 
information entropy are proposed by authors and the new indices in-
troduced many useful results. However, the problem seems to lie in the 
fact that it is not established to make clear how degree each scale of 
moving distance of fluid contributes to the mixing capacity of a stirred 
tank. This problem comes into question. In order to solve this problem 
clearly it is indispensable to clarify the degree of contribution from 
each scale of moving distance of fluid to the mixing capacity of the 
impeller in a stirred tank. Then authors reached to the idea of mixing 
spectrum. 
    The mixing spectrum is a coinage by authors and the concept was 
built by making use of whole mixing capacity index. That is, the mix-
ing spectrum is interpreted as the contribution from each scale of mov-
ing distance of fluid to the whole mixing capacity index of an impeller. 
In concretely, the mixing spectrum can be obtained based on the value 
of whole mixing capacity index that is calculated by changing the value 
of the smallest scale of moving distance of fluid little by little. The 
mixing spectrum of a few typical styles of impeller (flat blade disc 
turbine, 45opitched blade turbine, flat blade turbine and so on) and the 
frequency distribution of scale of moving distance of fluid were ob-
tained experimentally and the characteristics of each style of impeller 
are made clear by comparing the mixing spectrum and the relationship 
between the mixing spectrum and the frequency distribution of scale of 


moving distance of fluid of an impeller with that of others. 
 


2.  Whole mixing capacity 


 
The role of the movement of a substance among the imaginary regions 
in a vessel can be classified into two groups according to the direction 
of movement: 
 


(1) the role of the distributor based on the outflow 
(2) the role of the blender based on the inflow 


 
The whole mixing capacity is evaluated from the viewpoint of in-


formation entropy based on the uncertainty regarding “ the region that 
the observed element flows in unit time” or “the region that the ob-
served element flows in from in unit time” 


The whole mixing capacity index was presented by authors (Oga-
wa.K, 1981). The outline of the definition is as follows.   The follow-
ing conditions are set. 


(1) The vessel (volume VT) is partitioned into n imaginary regions 
with equal volume V0.  


 


TVnV =0                             (1) 


 
(2) The movement of the substance in the j-region is classified into 
two groups: 
 


(i) the movement as a distributor (from the j-region to the 
i-region) 


(ii) the movement as a blender (from the i-region to the j-region). 
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ABSTRACT 
A new type static mixer composed of σ-shaped element 
was developed, in which multilamination of fluid layers 
proceeds through systematic splitting and inverse 
recombination. The number of elements required for 
complete mixing, n, was measured by conducting the 
decolourising reaction of iodine with sodium thiosulfate 
for various total flow rates of two fluids to be mixed. n 
increased with Re when Re is less than 10, but it decreased 
with Re at larger Re. When Re exceeds this critical value, 
CFD analysis shows that a larger deformation and stretch 
of the fluid interface take place due to the bending and 
winding channel structure of σ-shaped element as Re 
increases. This flow behaviour accelerates mixing rate, 
resulting in the considerable decrease in the number of 
elements for complete mixing.  In addition, an analysis for 
residence time distribution of fluid particles demonstrates 
that the flow in the mixer approaches the plug flow with 
increasing the Reynolds number and the number of 
elements. 


NOMENCLATURE 
a largest width of channel of mixing element 
b depth of channel of mixing element 
n  number of mixing elements for complete mixing 
Re   Reynolds number = ρuava/μ 
uav cross-sectional average velocity = Q/ab 
Q total flow rate of two fluids fed to mixer  


MIXER STRUCTURE  
Figure 1 shows channel geometry of a unit element of σ-
type plate static mixer (Hirata, 2006), in which the dotted 
circles represent the cross-sections of inlet and outlet for 
the fluids to be mixed. Channels with rectangular cross-
section were grooved in a plate to conform this geometry 
and each grooved element was aligned in a row. A 
packing sheet or plate with circular holes is sandwiched 
by two plates with a row of unit elements prepared in this 
way, to one of which a Y-shaped channel was connected 
for introducing two fluids to be mixed as shown in Figure 
2. Each hole of the sandwiched sheet or plate serves as a 
channel connecting the outlet of a unit element on a plated 
to the inlet of the following unit element on the other plate. 
In this way channels for mixing fluids can be constructed. 
We call this type of mixer σ-type plate static mixer since 
the shape of the unit element resembles σ in Greek 
character.  


MIXING MECHANISM 
Figure 2 can be devoted to describing mixing mechanism. 
Through the Y-shaped channel and the connecting circular 
channel of the sandwiched sheet or plate, two fluids are 
fed to the inlet portion of the first unit element where the 
flow is split into two substreams. Each substream turns at 
180 degrees while flowing from the inlet to the outlet of 
each branched channel and then it is recombined to merge 
with each other into a two-layer stream in the circular 
channel connected to the next element. This two-layer 
stream enters the second element grooved in the other 
plate on the opposite side and is split into two two-layer 
substreams, which are recombined to form a four-layer 
stream. Then the four-layer stream enters the third element 
grooved in the former anterior plate and flows out to be an 
eight-layer stream. It should be noted that the striped 
pattern of fluid layers is inverted when the duplication of 
fluid layers is completed at the outlet of every element. In 


Figure 1 Structure of unit element 
of σ-type mixer 


Figure 2 Conceptual figure of mixing mechanism 
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this way, static mixing with splitting and inverse 
recombination progresses in the mixer. 


VISUALIZATION OF MIXING PTROGRESS 
Mixing progress was visualized by using the decolourising 
reaction of iodine with sodium thiosulphate. An example 
of the visualized images is shown in Fig.3, which were 
taken at Re=1.2 using the square channel with a=b=3mm. 
At low Reynolds numbers, the static mixing progresses 
identically by splitting and inverse recombination as 
shown in the figure. As the Reynolds number increases, 
mixing progress deviates from the ideal static mixing 
because of the secondary flows generated in the three-
dimensionally bent portions in the mixer. The occurrence 
of secondary flows has been confirmed by CFD 
calculation. 


NUMBER OF ELEMENTS  REQUIRED FOR 
COMPLETE MIXING 
The numbers of elements required for completing the 
decolourising reaction, n, which were obtained for a 
square channel with a=b=1mm, is plotted against 
Reynolds number in Fig. 4. n increases with Reynolds 
number at Re < 10. This is due to that the molecular 
diffusion is limited to narrow regions adjacent to the 
interface of two liquids because the residence time in the 
element is decreased with increasing the flow velocity. At 
larger Reynolds number, n decreases with Re. The 
decrease in n is mainly caused by the secondary flows 
generated in the three-dimensionally bent portions in the 
mixer. At Reynolds number greater than 102, the number 
of elements required for complete mixing is less than 10. 


RESIDENCE TIME DISTRIBUTION 
F-curves in a unit element are shown for various Reynolds 
numbers in Fig. 5. Using the three-dimensional velocity 
data obtained by CFD calculation, F-curves were obtained 
by tracking 105 fluid particles that were uniformly 
distributed on the mid-plane of the interconnecting 
circular channel at a time. Although this curve does not 
represent the normal F-curve obtained by a step change in 
concentration, reactor performance of σ-type mixer may 
be discussed based on it. As shown in the figure, F-curve 
for fluid particles, which are sharp compared with that in 
the laminar pipe flow, approach the distribution of plug 
flow as Reynolds number increases. It has also been 
confirmed that the flow in the mixer tends to approach the 
uniform residence time distribution with increasing the 
number of mixing elements. 


CONCLUSION 
In σ-type plate static mixer, static mixing with split and 
inverse recombination progresses ideally at a small 
Reynolds number less 10. When Reynolds number 
exceeds this critical value, secondary flows are generated 
around three-dimensionally bent portion in the mixer, 
which promote mixing considerably. At Reynolds number 
lager than 102 the number of mixing elements required for 
complete mixing is less than 10. With increasing Reynolds 
number and the number of elements residence time 
distribution of the mixer becomes sharper. The simple 
structure of σ-type mixer provides easy scaling up or 
down of static mixers on macro to micro-scale, which can 
be manufactured by grooving and boring plates.  


REFERENCES 
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Figure 3 Visualized mixing progress in decolourisation 
reaction at Re=1.2. 


Figure 4 Variations of number of elements required for 
complete decolourisation with Reynolds number 


Figure 5 Variations of F-curves of fluid particles 
for one element with Reynolds number 
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The inline mixer for turbulent flow CompaX, which has been introduced to the market back in 
2003, has been completely redesigned. Its main feature is the ability to effectively admix 
small amounts of additives into a turbulent stream within a very short distance with only one 
dosing point and with low pressure drop and therefore low energy consumption. Its compact 
design, which makes it possible to mount it easily between flanges, is another important 
feature of this mixer. Small but effective changes to its geometry have decreased the overall 
pressure drop by roughly 30% while maintaining identical mixing performance. These 
improvements have been achieved by intense use of CFD and laboratory tests. The changes 
applied are discussed and both CFD and experimental results are presented. The 
improvements make the CompaX mixer the supreme product of its class. The performance 
of this mixer in real applications is demonstrated and it is compared to other products on the 
market. 
 


     
                                   original design                           new improved design 
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Abstract: 


The flow field, power consumption and mixing time in a standard baffled 
stirred tank with 6-blade Rushton turbine over a range of Reynolds numbers was 
simulated using computational fluid dynamics (CFD). The flow field calculations 
were performed using a time dependent sliding mesh (SM) technique. Mixing time 
was simulated by injecting a tracer from top of the tank and recording concentration 
of species at a specific location in probe installation point. The Large Eddy 
Simulation (LES) as a turbulent model was used, and the effect of grid density was 
examined by repeating calculation with higher mesh density. Power number and 
velocity profile between these two grids were compared with reported results. Results 
of power number and flow field show very good agreement. There are in fairly 
reasonable agreements with the reported values of predicted mixing time in the 
literature at the similar conditions. 
  
Keywords: CFD, Stirred Tank, Mixing Time, Power, LES 
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ABSTRACT 
This study employs a combination of Fluorescent 
Particle Image Velocimetry (FPIV) and digital image 
analysis to quantify the hydrodynamics of a solid-
liquid suspension stirred by a 45° Pitched blade 
turbine. Solid particle concentrations up to 3 vol% 
were studied using a refractive index matched system 
at elevated concentrations, and fluorescent tracers. The 
intended outcome is to characterise turbulence 
modulation with respect to particle size and 
concentration, in terms of  their effect on turbulence 
kinetic energy and dissipation rate. 
 
NOMENCLATURE 
C Impeller clearance 
D  Impeller diameter  
T Tank diameter 
k Turbulent kinetic energy 
 
λ Wavelength 
ε Dissipation rate 
 
INTRODUCTION 
Solid-liquid suspensions are found in a wide variety of 
stirred tank applications such as solid catalyzed 
reactions and crystallisation. These processes may 
involve micro-mixing or mass transfer, which strongly 
depend on the system turbulence. The presence of the 
dispersed phase modulates the turbulent environment; 
previous studies of multiphase flows in geometries, 
other than stirred vessels, have reported  up to 50% 
turbulence damping by small particles, and up to 360% 
increase by larger particles (Gore and Crowe, 1991). 
Other theories have also been postulated to relate these 
effects to the particle Reynolds number and wake 
shedding  (Hetsroni, 1989; Kitagawa et al., 2007).   
 Although solid-liquid stirred flows are a common 
unit of operation, there is a lack of reliable and detailed 
experimental data regarding these systems, mainly due 
to limitations of previously available measurement 
techniques. This has held back the validation of 
predictive two-phase models, which must account for 
inhomogeneous and anisotropic conditions, as well as 
the transfer of mass, momentum and energy between 
the two phases. In computational fluid dynamics, 
momentum transfer between the solid and liquid is 
usually only accounted for by the drag force, which 
requires a priori knowledge of particle settling 
velocities (or drag coefficients) in the turbulent media 
of interest. The turbulence model should also include 
inter-phase turbulence transfer terms for turbulence 


modulation. In the absence of such information, most 
models employ extensions of the standard single-phase 
k-ε model (Montante et al. 2007). For instance, the 
homogeneous k-ε model assumes that both solid and 
liquid phases share the same turbulent kinetic energy 
(k) and dissipation rate (ε). 
 To date, only one known study has attempted to 
characterise turbulence modulation in solid-liquid 
stirred suspensions using Particle Image Velocimetry 
(PIV) techniques (Virdung and Rasmuson, 2003), up to 
solid concentrations of 1.5 vol%. However, the phase 
separation technique admittedly required improvement, 
and the only reported turbulence property was the root-
mean-square (rms) velocity. The current paper presents 
a combination of fluorescent PIV and digital image 
analysis for simultaneous velocity measurements of 
both phases in a stirred flow, up to 3 vol% dispersed 
phase. The influence of particle size and concentration 
on turbulence properties such as rms velocity, 
turbulence kinetic energy and dissipation rate will be 
quantified.  
 
EXPERIMENTAL SETUP 
Experiments were carried out in a baffled stirred tank 
of diameter T=100 mm, equipped with a 45° Pitched 
blade turbine of diameter D=T/3, which operated at a 
clearance of C=T/4 from the vessel base.  The tank was 
filled to a height H=T with the continuous phase fluid.  
 The system was refractive index (RI) matched by 
employing a mixture of Tetraline and Turpentine (6:4 
vol. ratio) for the continuous phase and soda-lime glass 
beads for the dispersed phase. The densities were 929 
and 2500 kgm-3 respectively. Both had a RI of 1.51 at 
the Sodium D-line (λ=589.3 nm) at 20 °C. Fluorescent 
tracer particles of size 30 μm, doped with 
Pyrromethene 597-8C9 (Excition) dye were produced 
in the laboratory. 
 The measurement technique involved a 
combination of fluorescence tagging and digital image 
treatment. The experimental setup is depicted in Fig 1. 
This system employed two cameras equipped with 
optical filters. One camera captured images of 
fluorescent tracers only, whilst the other 
simultaneously captured Mie scattering images of both 
phases on a single frame. Subsequently, the phase 
discrimination algorithm of Khalitov and Longmire 
(2002) was used to process the Mie scattering images, 
and extract dispersed phase information. 
 The dispersed phase particle size and volumetric 
load was varied between 300 and 1250 μm and 0.01 
and 3 vol% respectively. For each condition the 
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impeller speed was set above the just-suspended speed, 
characterized by the Zwietering criterion (Zwietering, 
1958), to ensure complete off-bottom suspension. 
Measurements were obtained in the impeller region, 
where the highest turbulence level was expected. 
 


 
 
Figure 1: Experimental setup  
 
IMAGE ANALYSIS  
The phase separation algorithm of Khalitov and 
Longmire (2002) was adopted to separate the 
multiphase Mie scattering  images into their continuous 
and dispersed phase counterparts, based on the criteria 
of particle size and light scattering intensity.  The 
algorithm comprised three main stages as follows: 
 
(i) Object detection. Khalitov and Longmire (2002) 
employed second order intensity gradients to identify 
particles within the images (including tracers, 
dispersed solids and undesired remnants). In the 
present case, the gray scale images were binarized into 
black and white form and objects were detected using 
existing functions in the Matlab image processing 
toolbox.  
 
(ii) Parameterization. All detected objects were 
assigned the parameters of size (in pixels) and average 
gray-scale intensity (or brightness). Subsequently, a 
contour plot of total signal versus size and brightness 
was constructed. The total amount of signal carried by 
objects with a given combination of size and brightness 
was calculated as size × brightness × number density. 
 
(ii) Phase separation. The size-brightness map yielded 
two distinct peaks originating from the strongest 
signals  carried by the dispersed solids and tracers. 
Separation limits (i.e. the size and brightness 
characterizing each phase) were obtained by defining 
non-overlapping regions within the map, which 
contained the signal peaks.  Subsequently, all objects 
falling within the region around the dispersed phase 
signal peak were treated as dispersed solids. Their 
corresponding pixel and gray-scale intensity 
information was extracted from the raw data and 
placed on a black background, forming ‘separated 
dispersed phase’ images.  
 
The solid velocities were computed by particle tracking 
of the separated dispersed phase images. Fluorescent 
PIV images of the continuous phase tracers were 
processed via cross-correlation techniques.  
 
 
 


RESULTS & DISCUSSIONS 
The aforementioned study is in the early stages of 
obtaining experimental data. 
 
The authors intend to present the usefulness of the 
combined FPIV and digital image analysis technique, 
as well as evaluate the errors associated with the phase 
separation algorithm for such large particle sizes and 
volumetric concentrations.  
 
The main objective is to quantify the effect of 
dispersed particle size and concentration on the mean 
flow patterns of the stirred fluid. Modulation of the rms 
velocities, TKE and dissipation rate will also be 
characterised.  
 
CONCLUSIONS 
Conclusions are yet to be drawn and will be presented 
at the ISMIP VI conference. 
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Novel Static Mixers for Surge Dampening 
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The usual goal of a static mixer is to enhance radial mixing.  The intended output is a 


mixture that is uniform in composition (or temperature) across the exiting stream.  Time-wise 
variations, corresponding to axial variations in tube flow, may still exist.  Indeed, the better a 
static mixer at radial mixing, the less it dampens axial variations.  Recent papers have introduced 
static mixers aimed at eliminating these variations.  One paper demonstrated a static mixer that 
closely approximates the exponential residence time distribution of a stirred tank.  A more recent 
paper by researchers at Air Products has introduced the concept of a “flat” residence time 
distribution that outperforms a stirred tank when the input disturbance in concentration is 
periodic.  This concept has been extensively utilized to damp surges in pressure swing absorption 
processes.  Two piston flow elements in parallel also do a good job at surge dampening for some 
periodic inputs.  A comparison of these approach is given along with the extension to surge 
dampening combined with chemical reaction.  Finally the combination of combined surges in 
flow rate and concentration is considered.   Pertinent application areas include potable water and 
waste water treatment where demands have a strong diurnal component.        
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INTRODUCTION 
It is now well known that process conditions during bread dough 
mixing strongly influence the gluten network development (Auger 
et al., 2007). Among the process conditions, it is also widely 
admitted that shear rate distribution in the dough mixer play a 
major role in obtaining the desired gluten network. Unfortunately, 
such information, experimentally and numerically, is scarce for 
planetary mixer (Tanguy et al., 1996, 1999, Zhou et al., 2000, 
Jongen, 2000). In particular, very few contributions deal with the 
case of planetary mixer encountered in dough transformation. The 
aim of this contribution is to partially fill this gap. In particular, 
using different Newtonian model fluids, a numerical simulation 
was carried out using commercial volume control software 
(FluentTM 6.3.26) to determine the velocity field in a dough mixer 
and the associated shear rate distribution. 


MATERIALS AND METHODS 
The dough mixer investigated (Figure 1) is the P600 BrabenderTM 
mixer bowl. A three dimensional geometry was created using 
GambitTM 2.3.16 and imported into the Fluent models (Figure 2). 
In every case the generalized Reynolds number (Delaplace, G., 
2005, 2007) was lower than 20, so laminar flow model was 
considered. The mixed hexagonal and tetrahedral grid consisted of 
210,805 cells divided in two volumes. Two remarkable volumes 
was created to simulate these unsteady flow conditions in the 
blender. The tank volume was divided into two parts. The first 
volume defined a fluid domain around the impeller and the second 
one corresponds to the rest of the fluid media. Concerning the 
build up of the grid, special cares were devoted to obtain shorter 
cells spacing near the impeller (Using Gambit size function) where 
the constraints are highest The solutions were considered converge 
when normalized residuals were below 10-3 and torque monitoring 
was periodic.  The discretization schemes to solve the couple 
equations were the standard method for pressure equation, 
SIMPLE algorithm for pressure-velocity coupling and a second 
order model for momentum equation. 


 
Figure 1: Picture of the planetary mixer bowl P600 Brabender TM 
investigated: agitator and vessel. 


 
Figure 2: Geometry imported into the Fluent models. 


RESULTS 
12 velocity flow field simulations were carried out with 4 
Newtonian fluids (Table 1) and 3 arrangements of planetary-
impeller rotational speeds (Table 2) to ascertain the model. Power 
measurements were used for this purpose are very closed to power 
numerically calculated. The further analysis of the shear rate 
distribution at various positions in the bowl allow us to better 
understanding the shear rate history subjected by the material 
during a complete impeller revolution. The maximal strain rate 
observed with run B and the S8000 fluid at 25°C is between 500 
and 1500 s-1 depending on the agitator angular position. 


Table 1:  Newtonian fluids used for CFD simulations and 
experiments. 


Fluid name Viscosity 
(Pa.s) 


Density 
(kg.m-3) 


Temperature 
(°C) 


Silicone S8000 5.94 874 40 
Silicone N4000 9.13 875.6 25 
Silicone S8000 21.13 881.7 25 


Silicone N15000 40.69 888.9 25 


Table 2: Operating conditions used for CFD simulations and 
experiments. 


Run Impeller Rotational 
speed (rev.s-1) 


Planetary rotational 
speed (rev.s-1) 


A 1.67 0.5 
B 5 1.5 
C 10 3 
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CONCLUSION 
The result of this CFD computation gives us interesting 
information about how local shear rate influence the gluten 
network development. 
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ABSTRACT 
Propellers borrowed from the world of marine propulsion 
are not optimized for use with mixers.  Marine props are 
optimized for a given inlet fluid flow and are designed to 
optimize thrust whereas mixer props must be designed to 
achieve a desired flow rate and velocity profile.  This 
presentation discusses a propeller design that is optimized 
for the mixing condition where the prop diameter is small 
compared to the diameter of the mixing vessel such that 
the fluid velocity at the prop leading edge equals that 
associated with fluid drawn from a stationary sump.  
Design goals - Maximize pumping for a given prop 
diameter, maximize uniformity of fluid acceleration, 
minimize power consumption and minimize production 
cost.  Prop design employs the novel concept of circular 
rake, along with the established concepts of helical 
profile, parabolic camber, and skew.  A series of (6) Ø8 
inch prop CAD models were created using PTC 
Pro/Engineer software to explore the relationship between 
three levels of circular rake at two different levels of 
effective pitch.  CAD Models were rendered in glass filled 
nylon using the selective laser sintering (SLS) rapid 
prototype process.  Performance of CAD models was 
simulated using Mathcad, Pro/Mechanica (FEA), and 
Fluent computational fluid dynamics (CFD) analysis.  
Performance of fabricated models was evaluated using 
Dantec laser based particle image velocimetry (PIV). 


NOMENCLATURE 


θ  degrees of circular arc 
PDRE pitch-to-diameter-ratio, effective 
Np  power number 
Nq  pumping number 
RPM prop rotations per minute 
DIA  prop outer diameter 


INTRODUCTION 
Hypotheses:   


Circular raked prop conformance to velocity profile 
on inlet side of props, where Diatank:Diaprop = 50:1 or 
greater, improves Nq when compared to a 
conventional flat-rake prop of the same diameter. 


 
 
 
 
 
 
 
 


 
Test Method: 


• Create 6 parabolically cambered Ø8” test 
props using 3-D CAD: 


o Series A & B = props with 
parabolic pitch face camber 
connecting a leading edge slope 
equivalent to a 0.5 pitch-to-
diameter ratio (PDR) to a trailing 
edge slope equivalent to a 1.0 
and 1.5 PDR respectively. 


o 3 series “A” & 3 series “B” @ 0°, 
22.5°, & 45° circular rake. 


• Create full-scale Ø8 laser sintered glass-
filled nylon test props. 


• Measure torque using load-cell and torque 
arm connected to motor mount and 
compute Power Number (Np) 


• Perform Particle Image Velocimetry (PIV) 
test at 175 prop RPM to obtain velocity 
profile 


• Process velocity profile data to obtain 
Pumping Number (Nq) 


• Perform comparison CFD and compute 
power and pumping numbers Np, & Nq 


MODEL DESCRIPTION:    


 
Figure 1: Schematic diagram of prop geometry variations. 
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RESULTS 


Table 1: Expected Power Numbers: 


 
Table 2: Expected Pumping Numbers: 


 


CONCLUSION 
Preliminary results show conformance to expected results 
which confirm hypothesis, final results to be presented at 
conference. 
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ABSTRACT 


Aeration of a wastewater lagoon environment to accelerate 
BNR (Biological Nutrient Removal) is well known and 
acknowledged technology.  The delivery mechanism 
typically consists of submerged, specialized aerators.  
Current technology tends to be ineffective and require 
significant investments in equipment over time. 
 
The combined mixing and aerating action of a horizontal 
directional aeration system may yield improved oxygen 
transfer rates over that of vertical aeration technology.  A 
horizontal aerator combines conventional aspirator 
technology with blower assisted aeration which produces 
fine bubbles that significantly improve oxygen transfer.  It 
also induces horizontal flow that keep solids from settling.  
 
CFD simulation of lagoon configurations with vertical and 
horizontal aerators was conducted to provide the qualitative 
difference between directional and vertical mixing and 
quantitative data for Residence Time Distribution (referring 
to a perception that directional aerators/mixers may cause 
short circuiting between flow in and out).  
 
 
INTRODUCTION 


A horizontal or directional aerator differs from standard 
aeration equipment and is particularly suited for use in 
lagoons.  In horizontal aerators air is injected in front of an 
impeller.  The spinning impeller provides energy that is 
needed for air dispersion and also provides a far reaching 
flow of oxygen saturated fluid.  Dispersion relies on 
turbulence produced by the impeller.  Horizontal aerators 
also offer benefits in having a compact size, easy placement 
at any location in a lagoon, low pressure drop for oxygen 
delivery, efficient gas dispersing head, and produce very 
high horizontal flow.  
 
Vertical aspirators or high speed floaters are a common 
technology used in lagoon configurations.  They use 
pumping to aerate and the pumping direction may be up or 
down.  In down pumping air is entrained from a vortex 
created by mixer action and goes through an impeller 
where it is dispersed into small bubbles.  In an up pumping  
a stream of water is thrown into the air where it is saturated 
with oxygen then mixes with the body of water.  All mass 
transfer relies on fine spray that develops a large surface 
area. 
The challenge in selection of equipment for lagoon aeration 
is how to select optimum placement of aerators. 
Calculation of oxygen transfer requirements is very straight 
forward, however the placement requires a great deal of 
experience and the support of CFD. A lagoon that is fitted 
with vertical aerators only will experience solids deposit at  


 
the bottom.  Solids are lifted only in small areas adjacent to 
aerators.  
 
 
MODEL/EXPERIMENTAL 
 
As the example for CFD simulation the existing lagoon 
610m x 270 m x 2.5 m deep was selected with inflow of  
3.15 m³/s 
 
The mixers were substituted by velocity fields (fixed 
velocity), which is a standard method that allows 
calculations to be possible.  Comparisons were done with 
equal invested power. 
 
  
 


 
Fig 1. Two types of aerators used in the simulation 
 
 
Examination of vertical mixers was performed first.  The 
diagram below illustrates the location of the vertical 
mixers. 


 
Fig 2. Configuration of vertical mixers in the lagoon 
 
 
 
 







 
Fig 3. Configuration of horizontal mixers in the lagoon. 
 Arrows show direction of pumping. 
 
Location of the horizontal aerators in the lagoon are 
illustrated in the diagram below.  The arrows indicate the 
pumping direction.  
 
 
 
 
 
 
 
 
 
 
 
 
Fig 4. Flow simulation with vertical mixers. Arrows 
indicate inflow locations. 
 
 
This image demonstrates the velocity profiles in the lagoon 
configuration with the vertical aerators.  The velocity 
resolution is set to approximately 0.3 m/s.  The light blue 
coloring represents approximately 0.06 m/s.  Aerators are 
clearly seen as light spots.  Long ribbons at the top of the 
image represent inlet flow.  Mixing is very zonal with a lot 
of deposit at the bottom due to low velocity.  
 


 
Fig 5. Mixing simulation with directional mixers 
 
The directional aerators induce circular flow in the lagoon.  
The flow is very high and most of the lagoon is in motion.  
The velocity resolution is set to 1.8 ft/s.  This simulation 
has the same inlets as for the vertical aerators. 
 
The images provide a comparison demonstrating the 
difference in pumping between a vertical and directional 
aerator. 
 
 
 
 
 
 


 
CONCLUSION 
The results of this simulation show that a directional 
aerator induces much more flow in the lagoon 
configuration than a vertical aerator.   
This translates to greatly reduced solids deposits at the 
bottom of the lagoon.  It also demonstrates there is no merit 
to concerns about short circuiting from directional aerators.   
 
Optimization of position for directional aerators is critical.  
CFD is the only tool that can be applied. 
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ABSTRACT 
The zonal models, based on pumping numbers and 
relative turbulent energy dissipation levels, have an 
attractive feature that the flow model is scale- and 
impeller speed independent. In this work we first study 
how these flow parameters are most reliably obtained 
from the CFD calculations. Then we propose a systematic 
procedure for generating a class of two-zone models, and 
discuss implications of this systematization. 


NOMENCLATURE 
Np pumping number 
ε  turbulent energy dissipation (m2/s3) 
φ volume fraction of the impeller zone 
λ zone division parameter 
 


INTRODUCTION 
Modeling of local conditions in stirred tanks is of 
fundamental importance, especially in cases where the 
tank performance is dictated by physical phenomena 
whose time scale is shorter than the vessel mixing time. 
Most notably, regions of high turbulent dissipation in the 
impeller region show different characteristics compared to 
the bulk region. This is true especially in cases involving 
mixing sensitive mass transfer or chemical kinetics. 
In the past, this need has been addressed by various 
modeling approaches. In the simplest ones, the tank is 
divided in just two sections: one describing the volume 
swept by the impeller, or a volume confined in the vicinity 
of it, and another describing the remaining volume of the 
tank. A further improvement can be made by dividing the 
tank into several regions that are separately assumed 
completely mixed. Connections between these regions can 
be obtained by computational fluid dynamics (CFD) 
modeling, or by measurements. 
Accurate calculation of the most important fluid flow 
parameters, namely fluid velocity, turbulent kinetic energy 
and pressure gradients usually requires more CFD control 
volumes than a satisfactory simulation of chemical 
concentrations or reaction kinetics. An attractive approach 
would then be calculating flow patterns with CFD, and 
kinetics with a simpler block, or zone, models. This 
approach has also been successfully applied in the past. 


TWO-ZONE MODELS 


In this work, we analyze some of the simplest zone 
models, most notably those where the tank is divided only 


in two zones. The impeller is always completely included 
in the inner zone. By gradually increasing the inner zone 
volume, a continuous curve can be obtained, describing 
the pumping numbers between the zones. Another 
continuous curve can be similarly obtained for the average 
turbulent dissipation distribution between the zones. Tank 
division is illustrated in Figure 1.  


λ 1−λ


λ


1−λ


λ


1−λ


 
Figure 1. Tank division 


By defining a scalar λ in such a manner that it assumes a 
value of zero when the smaller zone is just the impeller 
swept volume, and approaches one as the smaller volume 
simultaneously coincides the tank total volume at each 
direction, the tank can be divided into these two regions in 
a unique manner.  


RESULTS 


The pumping number between the two zones, and 
turbulent energy dissipation levels were calculated from 
the CFD calculations for a standard tank with a Rushton 
impeller by using CFX 5.7 software. First grid 
dependency was tested. In Figure 2, the pumping numbers 
are shown with three grids for a 200 dm3 vessel. It is clear 
that there is considerable grid dependency between 36k 
and 109k grids, where the pumping number levels change, 
but the shape of the curve remains the same. As the grid is 
refined further to 400k, the level remains the same, but 
there is still a slight change in the curve shape. After that, 
we can assume that there are no major changes in the 
pumping number curve.  


This analysis shows that a reasonably fine grid is essential 
in simulation of stirred tanks. Especially in multiphase 
modeling, loose grids are often used due to complicated 
physics and consequently time-consuming simulations. 
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However, this may lead to large errors in particle settling 
velocities and phase hold-ups due to wrong continuous 
phase fluid flow pattern. The pumping number curves 
calculated in the procedure outlined here can be used for 
grid dependency studies, instead of the standard practice 
of just looking at the impeller pumping number. 
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Figure 2. Pumping numbers for different grid sizes 


After the grid size test, we carried out a CFD study for 
geometrically similar but smaller vessel (14 dm3). The 
pumping number curves are remarkably similar, as can be 
seen in Figure 3. In Figure 4, turbulent energy dissipation 
levels are shown for the 200 dm3 vessel. 
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Figure 3. Pumping number as a function of zone size 
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Figure 4. Dissipation in the smaller zone as a function of 
zone size 


The zoning was then applied to a test case with two 
immiscible liquid phases. Drop size distributions were 
modeled by using the population balance approach 


described in our earlier papers1-3. The results are shown in 
Figure 5, where the drop surface area is shown as a 
function of the inner zone volume fraction. For 
comparison, the results are also shown with a single-zone 
model, i.e. by using ideal mixing assumption, and with a 
more complicated 21-zone model used in our earlier work.  
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Figure 5. Liquid-liquid interfacial area with different 
zonings 


It is interesting to see that the result from the 2-zone 
model depends largely on the chosen division parameter. 
The 2-zone model seems to perform slightly better than 
the CSTR assumption with all division parameters, and it 
approaches the CSTR solution as the division parameter 
approaches unity. If the 2-zone model is to be used, the 
optimal division is certainly not such that only impeller 
swept volume is included into the smaller zone, as can be 
seen from the leftmost mark in Figure 5. Tank averaged 
drop surface area, not to mention the inhomogeneity 
levels, predicted by the rigorous 21 zone model, cannot be 
achieved with any zone division when only two zones are 
used. The abscissa in the 21 zone result corresponds to the 
impeller zone volume (the smallest zone) in that model. 
Interestingly, the inner zone volume in the optimal two-
zone division is only slightly larger than that. 


CONCLUSION 
A methodology for creating and analyzing simple two-
zone models for stirred tanks was proposed. The presented 
method produces tank performance curves that can be 
used for both CFD simulation and mixing performance 
analysis. The two-zone models, however, showed only 
marginal improvement to a CSTR assumption in a realistic 
test case. 
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ABSTRACT 
Flash Nanoprecipitation is a rapid precipitation process to 
produce protected functional nanoparticles.  It uncouples 
the mixing from nucleation and aggregation and therefore 
particles within a narrow size distribution range are 
obtained.  To reach homogeneous kinetics, this process 
requires rapid mixing and therefore customized devices, 
such as a confined impinging jet (CIJ) reactor or a multi-
inlet vortex (MIV) reactor, were introduced to provide the 
highly turbulent mixing and high supersaturation. Unlike 
CIJ reactors, which require equal inlet momenta, MIV 
reactors can work with different inlet flow rates, and thus 
the choice of solvents and compounds is much more 
flexible. 
Mixing effects in a MIV reactor were evaluated using a 
parallel-reaction system.  A computational fluid dynamics 
(CFD) method was applied.  The flow field and turbulence 
were computed using Fluent 6.3, and the micromixing of 
scalars was simulated with the direct quadrature method of 
moments (DQMOM) model. The simulation was also 
validated using experimental data. 
In order to further validate the CFD turbulence model and 
to have a comprehensive understanding of the fluid 
dynamics in the MIV reactor, microscopic particle image 
velocimetry (microPIV) experiments were carried out.  
The velocity on planes in the MIV reactor was measured 
using the microPIV technique, and the data were analysed 
to obtain flow statistics such as the mean velocity, 
turbulent kinetic energy, and Reynolds stresses.  The PIV 
data were compared with simulations using different 
turbulence models (k-ε and large-eddy simulations (LES)) 
at different Reynolds number.  In general, good agreement 
was obtained, but the best agreement was observed with 
LES. 
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INTRODUCTION 
The manufacture of products that consist of nanoparticle 
suspensions requires the incorporation and break up of 
nanoparticles in the liquid phase. Often the process is 
carried out in several devices run in series to achieve the 
desired final product quality.  


Whilst dry powders are characterised by their 
primary particle size, they exist in the form of 
agglomerates which can be broken up by hydrodynamic 
forces and strongly bonded aggregates. The objective of 
the dispersion process is therefore to achieve a narrow size 
distribution as a result of the break up of agglomerates. 
Depending on the type of bonds that hold primary 
particles and aggregates together and the stresses acting on 
these, break up can occur through different mechanisms 
Rwei et al, 1990, 1991, Ottino et al 2000). Broadly, two 
different mechanisms of break up were described (Figure 
1). Rupture occurs when a large agglomerate is broken up 
into several agglomerates of comparable size or different 
sizes, which are subsequently broken up further. Break up 
can also occur through erosion if small fragments 
(aggregates or primary particles) are gradually sheared off 
from large clusters.  The main difference between these 
mechanisms is that erosion is associated with low energy 
input and rupture with high energy. When the energy level 
is very high, shattering may occur resulting in a large 
number of smaller fragments in a single event. 


Figure 1: Different breakage mechanisms 


 This contribution is based on a study carried out 
within a collaborative project, PROFORM, which is 
partially funded by the EC and has aimed to investigate 
the processing of nano-particles into formulated products 
dispersed in a liquid. The presentation will focus on the 
break up process using different devices. 
 
EXPERIMENTAL  
Results are reported for dispersions of fumed silica 
particles, Aerosil 200V (from Degussa), with a primary 
particle size of 12 nm, in water. Different process devices, 
each with different arrangements have been investigated 
through physical and numerical experiments. Further 
details can be found in other publications (see ref. list). 
 
RESULTS 
Experimental results have shown that breakage of Aerosil 
200V agglomerates occurs through erosion in all the 
process devices studied. Bimodal particle size 
distributions were obtained with coarse particles of the 
order of 10’s of microns, which were broken up to sub-
micron size fragments (Figure 2). Both PSDs and electron 
microscopy images have shown that the size of these 
smaller fragments is practically the same regardless of 
operating conditions, which meant that aggregates were 
gradually eroded from larger clusters. The size of 
aggregates did not change in time either, but their volume 
increased. 


 
Figure 2: Particle size distribution during erosion 
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        One common way of presenting data obtained under 
different operating conditions is the plot of a mean 
diameter as a function of specific energy input (Figure 3). 
Whilst such a plot is useful in obtaining a quick 
assessment, it may be misleading if used for a detailed 
analysis. As explained above, our results have shown that 
the size of fine material eroded does not depend operating 
conditions (including the device chosen), the rate at which 
these are generated does. Therefore, results have been 
analysed in the form of rate of fines generation, which 
allows one to identify the different devices to be 
considered for the different stages of the process. 


Our results have also shown that in addition to the 
performance of a particular device in breaking up 
agglomerates, practical constraints (which may also be 
related to material properties) may dictate equipment 
choice. 


 
 


Figure 3: Equipment performance based on mean 
particle diameter 


 
Numerical modelling have been undertaken for both 


single phase systems to characterise the flow within 
different devices and also to model the break up process 
considering the mechanism of break up. b(L/λ), which 
represents the distribution of fragments of a characteristic 
length L eroded from an agglomerate of λ, is: 
 


))(()()/( \1 fff DD
a


D
a NLLLLNLb −−+−= λδδλ  


 
Some examples of these will also be shown. 


CONCLUDING REMARKS 
The dispersion of nano-particles in liquids is typically 
carried out in several process devices to first create a 
dispersion, then achieve initial break up before feeding 
this into a final energy intensive device. The performance 
of this device and hence the final product quality depend 
greatly on the properties of the dispersion generated 
previously.  


In this study, the performance of different types of 
equipment was investigated in relation to the mechanism 
of break up. For the erosive breakage mechanism 
observed, which leads to bimodal distributions, the 
importance of studying the distribution and the rate of 
fines generation to assess the suitability of different 
devices for the different stages of the process has been 
shown. It is recognised that in practice, additional 
constraints may well dictate equipment choice. These are 
typically associated with frequent blockage or wear and 


tear of certain devices that result in disruptions during 
manufacturing; the ability to cope with high viscosity 
liquids and\or high solids concentrations and additional 
health and safety precautions to be taken to be able to 
employ certain devices. 


Modelling work undertaken has not only revealed 
relevant information on the flow characteristics of various 
process equipment which are otherwise difficult to study, 
but also allowed the development of numerical tools that 
can be used for design purposes. 
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INTRODUCTION 
PVC is in terms of revenue one of the most important 
products of the chemical industry. Globally over 50% of 
PVC manufactured is used in construction. Worldwide 
80 % Percent of PVC is produced by suspension 
polymerisation. In such processes mechanical agitation is 
used to mix the monomer droplets into an aqueous liquid 
phase. Growing markets and growing economies lead to 
higher PVC production rates. Limits and demands in 
space and transportation are changing the outfit of the 
used mixing reactors. The height (H) is increasing with 
constant diameter (D). Did most of the apparatuses start 
with a ratio of height vs. diameter of one, ratios of two to 
three are normal today and ratios of over four are expected 
for the nearer future. Such unique geometries need to 
fulfil the still growing exigencies in economy and 
ecology. Therefore the analysis and optimisation of such 
liquid/liquid systems is of major interest for the chemical 
industry. 
The step of scaling up a reactor from pilot plant to 
industrial scale is an issue where much empiricism is still 
used and where expensive and time-consuming 
experimental programs are usually required [VivaldoLima 
et al. 1997] and only accurate prediction of system 
behaviour will change that situation. To develop such 
prediction methods cooperation was set up between the 
Vinnolit GmbH & Co. KG and the TU-Berlin. 
From the different tasks for scale up and for the 
production process of PVC the dispersion of the two 
immiscible liquids is of major interest for this work. So 
the drop size distributions of two model systems, 
chlorobutanol/water and toluene/water, were analysed. 
Here parameter variation for reactor height vs. diameter 
(1.0 to 4.5), stirrer type (Rushton turbine, Retreat Curve 
Impeller, single and multi-stage stirrer systems), 
dissipation rate, dispersed phase fraction (5 to 50 Percent) 
and influence of colloids were carried out for the named 
systems. For the mathematical description of such drop 
size distributions (DSD) a quantitative understanding of 
drop breakage and coalescence mechanisms is essential to 
develop predictive models. The mathematical model used 
here is the Population Balance Equation (PBE).  
After adaptation and enhancements of classical models 
from the literature (Coulaloglou & Tavlarides 1977; 
Kumar & Ramkrishna 1996, Alopaeus et al. 2002) 
simulations for the presented system were carried out. The 
use of colloids is inevitable for the suspension 
polymerisation and resulting in a strong inhibition of 
coalescence. So a major focus on breakage submodels of 
the PBE was set. Therefore single drop breakage events 


were carried out to analyze crucial influence parameters of 
the breakage rate like breakage time and energy 
dissipation rate. These results were used to validate and 
enhance the breakage submodels of the PBE. Then the 
simulation results from different models were compared 
with the experimental data and each other. 


METHODS 
A special in-situ endoscope technique has been developed 
[Ritter & Kraume 2000; Maaß et al. 2007b]. With this 
technique, drop size distributions for all phase fractions 
even under transient conditions can be determined with 
high time resolution (see fig. 1). The Population Balance 
Equation is applied with the intention to calculate these 
transient drop size distributions in the stirred system. In 
order to solve the transient space averaged PBE, the 
commercial numerical solver PARSIVAL® (Particle Size 
Evaluation) [Wulkow et al. 2001] is applied. For the 
parameter estimation the experimental data of the stirred 
vessel are used. The fitted parameters had to be 
significant, i.e. the confidence interval was required to be 
small compared to the value of the parameter, and they 
had to be independent from each other. 
The single drop experiments are carried out in an in house 
developed breakage cell (Maaß et al. 2007a). 
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Figure 1: Example of photo of the system toluene and 
water, 10% dispersed phase fraction, and experimental 
set-up. The vessel is a standard DN 150, the H/D ratio was 
changed from 1.0 to 4.5 for the experimental 
investigations. 


CONTENT OF PRESENTATION 
It has long been recognized that some of the important 
factors that influence the DSD in a suspension 
polymerization are geometry and size of the vessel, type 







 
 


2  


of stirrer, presence of baffles and amount of energy 
supplied to the system through the impeller. While all 
these parameters are under represented in popular models 
it is of major interest for this work, to focus experimental 
and numerical investigations on these parameters. 
The planed content of presentation can be divided into two 
main parts: 
o Experimental results for drop sizes for varying 


geometry parameters (number of baffles, length of 
baffles, stirrer type, H/D ratio from 1.0 to 4.5, single 
and multi-stage stirrer systems). 


o Simulation results for drop sizes varying the H/D ratio 
from 1.0 to 4.5 and results for the single and multi-
stage stirrer systems. 


For accurate prediction the power input of the different 
settings was investigated. These results will also be 
presented. 
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Figure 2: Comparison of drop size distributions from the 
system chlorobutanol and water after 60 min for different 
H/D ratios for constant stirrer speed of 400 rpm using a 
single Retreat Curve Impeller. The results are presented in 
the probability density net. 


0 50 100 150
drop diameter dp [µm]


cu
m


ul
at


iv
e 


nu
m


be
r d


is
tr


ib
ut


io
n 


Q
 0 


[-]
 0,99


0,95


0,80


0,60


0,40


0,20


0,01


0,05 rpm 400 min; 60t 1;H/D
45.0;OH/nolchlorobuta 2


==


=ϕ


pellerImCurvetreatRe
TurbineRushton


 
Figure 3: Comparison of drop size distribution from the 
system chlorobutanol and water after 60 min for two 
different stirrer types with a stirrer speed of 400 rpm at an 
H/D ratio of 1.0. The results are presented in the 
probability density net. 
 


First results for the variation of height vs. diameter ratio of 
the stirred vessel in a range from 1.0 to 2.3 are shown in 
figure 2. They are presented in the probability density net. 
While the system was stabilized with colloids all curves 
are very close to each other. It is very surprising that the 
curves show nearly a normal distribution which is 
unexpected for strongly inhibited coalescence. 
The influence of the stirrer type is much more significant. 
The results for the comparison of an Impeller and the 
Rushton turbine are presented in figure 3. While the power 
number of the Rushton turbine is much higher, the 
resulting drop sizes are much smaller than the drops 
resulting from the impeller. Furthermore the distribution 
resulting from Rushton turbine is narrower than the 
distribution resulting from the impeller – a very 
interesting result for product quality. 
To analyse the influence of physical parameter, 
comparable experiments were carried out for 
toluene/water. Results for this system are presented in 
Gäbler et al. 2006. 
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ABSTRACT 
 


Mixing in the transition flow regime is very common in industrial processes. Process constraints, product 


characteristics and/or process scale can limit the Reynolds number range that can be employed to achieve successful mixing. 


Unfortunately, most mixing research has focused on fully laminar or turbulent flow regimes generating a lack of knowledge 


about the hydrodynamics and mixing characteristics existing between both regimes  


The objective of this work is the numerical modeling of the hydrodynamics and mixing characteristics in the 


transition flow regime of a dual shaft coaxial mixer. This system is composed of a close clearance impeller and a turbine, 


both rotating at different speeds. A CFD approach based on a novel finite element sliding mesh/ domain decomposition 


method (code POLY3DTM) has been used to solve the transient hydrodynamics and estimate the mixing capabilities of the 


proposed configuration. In the presentation, the numerical predictions of the energy consumption, flow patterns and mixing 


performance will be compared to available experimental data for different types of fluids. The studied conditions are focused 


on the early part of the transition regime (10<Re<500) employing moderate viscous fluids. Several rotation ratios were 


considered as well as the axial position of the turbine.  
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ABSTRACT 
In all areas of particulate technology where solid particles are handled, structures coming into 
contact with particles exhibit wear. In some applications this wear can be so severe as to limit 
the life of a component of plant, while in others it may be negligible (Fořt et al., 2005). All 
particles cause some wear, but in general the harder they are, the more severe the wear will be 
(Hutchings, 1987). The materials used in plants differ in their susceptibility to erosive wear in 
the mechanism by which such wear occurs. 
 
The erosion of a pitched blade impeller caused by particles of higher hardness (e.g. corundum 
or sand) can be described by an analytical approximation in exponential form of the profile of 
the leading edge of the worn blade (Fořt et al., 1999) 
 
H (R) = 1 – C exp [k (1 – R)],  (1) 
 
where the dimensionless transversal coordinate along the width of the blade is 
 


h
ryH )(


=   (2) 


 
and the dimensionless longitudinal (radial) coordinate along the radius of the blade is 
 


D
rR 2


= .  (3) 


 
Parameters h and D characterize the width and diameter of the impeller, respectively. 
 
The values of the parameters of Eq. (1) – wear rate constant k and geometric parameter of the 
blade C were calculated by the least squares method from the experimentally found profile of 
the worn blade. While the wear rate constant exhibits a monotonous dependence both on the 
hardness of the solid particles and on the pitch angle α (Fořt et al., 2000, Fořt et al., 2005), the 
geometric parameter is dependent on the pitch angle as, and in linear form also on time. A 
recent investigation (Fořt et al., 2005) shows that the latter parameter decreases hyperbolically 
with increasing blade hardness. 
 
This study attempts to extend our knowledge about the influence of the process parameters 
and also the influence of the design characteristics of a pitched blade impeller in a solid-liquid 
suspension, i.e. to determine the effect of concentration and size of the solid particles on both 
parameters of Eq. (1), and finally to observe the effect of the impeller speed n. Special 
attention has been paid to relation of these parameters and the relative thickness of the 
impeller blade. From experiments made in the pilot plant mixing vessel with a four pitched 







blade impeller (pitch angle α = 30o) made under conditions of the (complete) homogeneity of 
solid particles (corundum) in liquid (water) following conclusions can be drawn: 
 


1. The wear rate constant k depends only on the relative blade thickness. 
2. The impeller speed does not influence the wear rate constant but it significantly affects 


the geometric parameter of the worn blade C. So the erosion rate of the pitched blade 
impeller depends on the kinetic energy of two phase solid-liquid flow around the blade 
(Kipke, 1980). 


3. The geometric parameter of the worn blade C increases monotonously with increasing 
relative thickness of the blade as well as with increasing size of the particles. 


4. The erosion rate of the pitched blade impeller does not exhibit a monotonous increase 
with rising concentration of solid particles. It reaches a maximum at a certain 
concentration, and above this value it decreases with increasing portion of solid 
particles. This phenomenon can be explained by mutual interference of the particles 
above their critical concentration with a synchronous lower effect of the solid phase on 
the blade (Suchánek, 2006). 
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ABSTRACT 
The transient mixture states during concrete mixing have 
different power dissipation levels and apparent density 
characteristics. It is show how a model of mixture kinetics 
previously proposed help in comprehending three sensors 
signal variation during the mixing cycle. 


INTRODUCTION 
Quite a few is known about the mixture kinetics during 
concrete mixing. Based on concepts developed in wet 
granulation processes (i.e. Kight et al., 1998; Goldszal and 
Bousquet, 2001; Iveson et al., 2001) and in some 
investigations on cement pastes rheology (Yang and 
Jennings, 1995; Williams et al., 1999; Lombois-Burger et 
al., 2006) a model of mixture kinetics is proposed by 
Cazacliu and Roquet (2008). 
This model is utilized here to explain the response of three 
in-mixer sensors during mixing. The crossed analysis of 
the three sensors helps in a better understanding of the in-
mixer measurements in the context of inline control which 
is becoming an important challenge for concrete 
manufacturers. 


EXPERIMENTAL RESULTS 
The experimentation is carried out on an industrial 
Couvrot batching plant equipped with a 1.5m3 planetary 
mixer. The mixer loading is as follows: simultaneous 
introduction of solid components, i.e. cement, filler, fine 
and coarse aggregates; premixed water and admixture are 
then sprayed on the top of the mixture using 3 nozzles. 
For the purpose of this study the mixer is instrumented 
with three sensors: a wattmeter, a concrete moisture probe 
and a Viscoprobe™. The wattmeter is based on the 
follow-up of mixer’s power consumption. The concrete 
moisture probe, of microwaves technology, is rotating in 
the mixture and measures the quantity of water in 
approximately one litre around the probe. The 
Viscoprobe™ is a force sensor mounted on a steel probe 
with a ball shape head moving inside concrete. 
Sensors signal is simultaneously acquired during the 
mixing cycle. The evolution of the (filtered) power 
consumption, its fluctuation (standard deviation of 5 
consecutive measurements), the microwave moisture 
signal and the force indicated by the Viscoprobe is 
presented in Figure 1 for two of these tests (chosen from a 
total of 33 tests, for exemplification). The two chosen tests 
differ only in water proportioning while other components 
are in the same proportions. The mixing configuration is 
also identical (mixer filling level, loading sequence…). 


Loading of solids lasts from 0 to 10 seconds of operation 
time, liquid loading from about 14 to 21 seconds. 
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Figure 1: Power consumption, its fluctuation, microwave 
moisture and the force measured by Viscoprobe 
evolution during the mixing cycle 


MODEL OF MIXTURE KINETICS 
In the first stage of mixing the liquid is spread in droplets 
which are coated by fine particles and forms clusters 
(“granules”). The next three stages of mixing depend on 
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the consolidation of the granules under shear induced by 
mixing. This consolidation squeezes out liquid from the 
granules. In the second stage of mixing this liquid glues 
dry powder still present in the mixture and increases the 
size of granules which remains dry in surface. When all 
dry powder is consumed in the third stage of mixing, the 
liquid liberated by consolidation gradually connect the 
granules by liquid bridges. The mixture becomes a paste 
with a “raspberry-like shape” (irregular free surface of 
connected wet granules). Liquid continues to come out 
from the sheared granules and fills progressively the voids 
between the granules and coarser grains in the forth stage 
of mixing. The granules are progressively dissolved and a 
fluid-like mixture is formed. The obtained granular 
suspension still contains agglomerates of fines particles 
shared by a hydrate membrane. In the fifth stage of 
mixing, these agglomerates are progressively destroyed by 
shear or admixture effect. 


DISCUSSION OF MEASUREMENTS  


Mixing Power 


Energy is dissipated in mixture flow mainly by friction for 
the dry powder or dry granules state, by cohesion when 
granules are wetted in surface and by viscous effect in the 
granular suspension state. The highest level of dissipation 
per mass unit corresponds to the cohesive state and the 
lowest to the viscous paste (i.e. see the torque evolution 
with the powder saturation in Goldszal and Bousquet, 
2001). 
Mixing power first increases when mixer is loaded and 
attains a peak value during liquids’ introduction. The first 
liquid bridges inhibiting flow are included in the granules 
formed in the first stage of mixing and mixing power 
decrease slightly. In the second stage of mixing the mixing 
power leveled off as behavior remains mainly frictional. 
Mixture is strengthen with the amount of the new liquid 
bridges formed between granules in the third stage of 
mixing. This begins at about 30 seconds of operation time 
in the test with smaller water content (163 l/m3, Figure 1). 
The power consumption attains a second peak when 
mixture is mostly cohesive. After the cohesion peak, 
cohesive granules progressively dissolve to form a viscous 
paste and mixing power consequently decreases (forth 
stage of mixing). Once the granular suspension formed in 
all mixture volume, the fifth stage of mixing is also 
associated with a reduction in power consumption as 
agglomerates are destroyed. The fine particles liberated by 
agglomerates increase the granular skeleton compactibility 
and thus decrease the paste viscosity (Williams et al., 
1999). 
Power consumption fluctuates in the third and fourth stage 
as the mixture is heterogeneously in dry granules, cohesive 
granules or viscous paste states. The power fluctuation 
drastically decreases when all mixture is a granular 
suspension. At this moment (“fluidity time”) the concrete 
is uniformly in the fifth stage of mixing. Obtaining a 
uniform concrete is the main function of mixing. The 
fluidity time is an important process parameter which may 
be detected by power fluctuation analysis. 
The evolution of the force measured by Viscoprobe™ 
with the operation time is similar to the one of the power 
consumption. The force increases during the loading of the 
mixer, followed by a peak. Then the signal decreases more 
or less rapidly according to the water proportioning.  


The strong decrease of the force on the batch with lower 
water proportioning can be explained by reminding that 
the average force is linked to the relative speed between 
the metal ball and material surrounding it. In the cohesive 
mixture, material is pulled and run with the mixing star. 
The ball shape sensor hold on the mixing star is 
discharged. The material rotation with the mixing star fast 
decreases when the granular fluid is formed and the 
moving ball starts to load again. Indeed, the Viscoprobe™ 
decrease trend happens in the zone of second power peak 
so when mixture cohesion is high. 
The apparent density changes from a mixture state to 
another. The apparent volume of the mixture first 
increases with the development of granules then decreases 
when the granular suspension is formed and continues to 
decrease during the fifth stage of mixing as granular 
skeleton compacts. These variations in apparent density as 
well as the liquid homogenisation into the powder explain 
the moisture measurement trends during mixing. 


CONCLUSION 
More detailed analyses of the three probes response may 
be furnished and data from other tests furnish 
complementary information. However, it is already shown 
that the mixture kinetics model proposed by Cazacliu and 
Roquet (2008) may help in comprehending the sensors 
signal variation during concrete’s components mixing. On 
the other hand, the crossed analysis of the three probes 
curves allows the detection of different mixing stages. 
This feature is of industrial relevance as the inline control 
becomes an important challenge for concrete 
manufacturers. Taking into account the increasing volume 
of value-added new generation concrete, the costs of new 
technologies may rapidly be balanced by the resulting 
progress in manufacture productivity and quality. 
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ABSTRACT 
Positron Emission Particle Tracking (PEPT) was 
employed as a technique to determine local fluid velocity 
and energy distributions in a laboratory-scale stirred tank 
equipped with a range of impeller geometries.  Industrially 
relevant non-Newtonian fluids were studied under 
turbulent and transitional flow regimes.  PEPT data were 
compared with a continuity-based mixing model derived 
from that proposed by Kresta et al. (2004).  Good 
agreement was found between the theoretical and 
experimental data for all geometries under consideration, 
which indicates the suitability of low-resolution zonal 
modelling for first-pass mixing analysis in a range of 
industrially-relevant scenarios. 


INTRODUCTION 
The vast majority of industrial unit operations carried out 
in stirred tank reactors are done so in large-scale steel-
walled vessels using opaque fluids.  Modern flow 
visualisation tools such as Particle Image Velocimetry 
(PIV) or Planar Laser Induced Fluorescence (PLIF) cannot 
be applied to such systems unless a transparent mimic 
fluid of suitable rheology can be sourced.  Whilst this is a 
trivial matter for Newtonian fluids, the identification of a 
suitable non-Newtonian fluid can be more problematic, 
particularly if one wishes to study a mixing process where 
the rheology varies with progression of reaction or 
process.  PEPT has been successfully applied to stirred 
vessels in a number of previous studies (Fangary et al., 
2000; Fangary et al., 2002; Fishwick et al., 2005).  The 
technique is suitable for the study of multi-phase mixing 
at scales up to ~ 5 litres.   
The selection of the correct operating conditions at the 
laboratory scale is of extreme importance if the data 
obtained from expensive flow visualisation experiments is 
to have any direct relevance to the production scale.  To 
that end, a simple and robust mixing model can enable 
identification of the correct operating conditions required 
to match, for example, the typical shear rates encountered 
in a particular production vessel on plant.  CFD 
methodologies can be used for the same purpose, but 
entail significantly greater cost and time to set-up and 
define mesh geometries, whilst not necessarily provide 
any more detailed insight into the key transport 
phenomena for a particular process. 


MATERIALS & METHODS 
The vessel used for all experimental work in this study 
was a flat-based cylindrical tank of diameter T = 154 mm.  


The vessel was constructed of polypropylene and was 
fitted with four longitudinal baffles of width T/10 at 90° 
intervals.  The baffles were fitted flush to the vessel wall.  
Two impeller geometries were used: a standard single 
Rushton turbine of diameter DRT = 63.5 mm, and a twin 
impeller geometry comprising two 6-bladed down-
pumping 45° pitched blade disk turbines (both of equal 
diameter DPB = 57 mm).  The clearance from the vessel 
base to the centreline of the first impeller was maintained 
at T/4 for all experiments.  The separation between the 
twin impeller planes was 1.3DPB for that particular 
geometry.  The working volume of the vessel was 3.5 
litres, giving an aspect ratio of H = 1.2T.  The working 
fluid was a shear-thinning non-Newtonian slurry of 38% 
w/w γ-alumina particles (nominal particle size 5 μm) in 
demineralised water.   


PEPT Experiments 
PEPT experiments were carried out using the ADAC Forte 
positron camera at the Positron Imaging Centre, School of 
Physics & Astronomy, University of Birmingham (Parker  
et al. 2002).  The tracer particle was a 250 μm diameter 
ion-exchange resin bead impregnated with 18F.  All 
aspects of the equipment control and data acquisition were 
managed by the dedicated computer system in the 
Positron Imaging Centre.  Post-processing of the data was 
undertaken using the centre’s proprietary TRACK 
software package. 


Zonal Continuity Mixing Model (ZCMM) definition 
A hydrodynamic model based upon the principle of fluid 
continuity was developed for both vessel geometries, 
following from the work of Kresta et al. (2004).  In this 
approach, the fluid volume is discretised into a number of 
zones, each having characteristic hydrodynamic 
properties.  Due to the obvious differences in the flow 
patterns produced by radial and axial (or mixed) flow 
impellers, two separate zone discretisation schemes were 
employed.   
The zone scheme for the radial flow Rushton turbine 
impeller is shown in Figure 1.  This scheme is similar to 
that developed by Kresta et al. (2004), except that the 
fluid volume is essentially fixed, and additional zones 
corresponding to an increasing fluid volume are not 
required.  Some details of the zone layout are omitted 
from Figure 1 for clarity; infinitely small control volumes 
are used at certain zone interfaces to force continuity.   
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Figure 1: Zone discretisation scheme for Rushton turbine 
geometry. 


The zone discretisation scheme for the twin pitched blade 
disk turbines uses the same principles as described for the 
Rushton turbine geometry.  The general nature of the flow 
field produced by this impeller geometry in a shear 
thinning fluid was known a priori from PEPT test runs, 
including the nearly axial flow discharge from the upper 
impeller and the mixed flow discharge from the lower 
impeller.  The active height of the wall jets agrees well 
with both experimental and published values.  The zone 
discretisation scheme for the twin pitched blade disk 
turbine flow field is shown in Figure 2.  Again, some finer 
details of the zone layout are omitted from Figure 2 for 
clarity.   


 


 
Figure 2: Zone discretisation scheme for twin pitched 
blade disk turbine geometry. 


Parameters such as the power number and flow number 
for each impeller geometry were determined from 
modified power curves (power number versus Reynolds 
number) for each type.  The modifications enabled the 
effects of factors such as impeller clearance, separation, 
D/T, and other geometrical parameters upon the vessel 
power draw to be quantified.  The overall power draw per 
unit volume was maintained at P/V = 2 kW/m3 for all 
experiments presented here, and the flow regime was 
transitional.   


RESULTS 


Comparison of PEPT & ZCMM data 
The comparison between the PEPT and ZCMM data for 
the Rushton turbine are presented in Figure 3 below.  
PEPT data could not be obtained for Zone 1 (which 
comprised of the volume swept by the impeller(s)) 
because insufficient particle captures were made in this 


region, leading to statistically invalid velocities.  Chiti et 
al. (2007) previously identified this problem.   
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Figure 3: Comparison of PEPT and ZCMM data for 
Rushton turbine. 


In terms of volume-averaged energy dissipation rate, good 
agreement was found between the experimental and 
modelling data.  The most significant errors were found in 
the bulk region (Zone 5).  In accordance with the protocol 
defined by Kresta et al. (2004), the bulk fluid region acts 
as a sink for any errors in the remainder of the tank, and 
the effects of these discrepancies are increased. 
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Figure 4: Comparison of PEPT and ZCMM data for twin 
pitched blade disk turbines. 


Reasonable agreement was found between the PEPT and 
ZCMM data for the twin pitched blade disk turbine 
geometry.  The impeller discharge jets (Zones 2 & 3) were 
combined together in Figure 4, and good agreement was 
found between the experimental and modelling data when 
this approach was taken.  When the two zones were 
considered as separate entities, greater discrepancy was 
observed; from the PEPT data the energy dissipation rate 
in Zones 2 and 3 is approximately equal, whereas the 
ZCMM predicted an energy dissipation rate in the lower 
impeller (mixed flow) jet al.most 300% that of the upper 
impeller (axial) discharge jet. 


CONCLUSION 
Experimental tomography data from PEPT were used to 
validate a zonal model derived from that originally 
proposed by Kresta et al. (2004).  The original model was 
extended to encompass different impeller geometries and 
to handle non-Newtonian shear thinning fluids in the 
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turbulent and transitional flow regimes.  Good agreement 
was found between the model and the experimental data.  
It was found that the model could be used to enable a first-
pass analysis of industrially relevant mixing processes to 
be undertaken, and a variety of parameters such as energy 
distribution and shear rate to be locally quantified within 
stirred vessels without entailing excessive computational 
effort. 
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ABSTRACT 
We introduce a fast pipeline mixing process in a plane 
wake based on receptivity. The vortex street size and 
development strongly depends on initial forcing frequency 
and amplitude. At specific frequency, the vortex develops 
very fast, resulting in fast mixing.   


NOMENCLATURE 


A = 1
2 /Uu′ forcing amplitude 


f forcing frequency 
f1m velocity 
U1  Initial mean flow velocity of top side stream  
U2 Initial mean flow velocity of bottom side stream 
u′  velocity fluctuation 


INTRODUCTION 
Pipeline mixer is very useful in industrials. However, in 
many cases, the mixing in a pipeline becomes relatively 
slow when the Reynolds number is relatively low. 
Fortunately recently Wang (2003, 2006) discovered a fast 
pipeline mixing process in a confined mixing layer in a 
pipe. We found that the similar mechanism can be used 
for a plane wake as well. In this presentation, we 
introduce the relevant mixing phenomenon in the plane 
wake in a pipe under forcing. 


SETUP 
The detailed setup and optical measurements were 
described in earlier papers [1, 2]. A brief description of 
the confined configuration is shown in Fig. 1. At the inlet 
of the pipe (42 mm ID and 2.1 m long), a splitter plate 
with sharp trailing edge is placed to separate the initial 
two streams within an axisymmetric settling chamber with 
a contraction ratio of 10:1 upstream of the pipe inlet. The 
top and bottom stream are water and fluorescein disodium 
dye solutions respectively. The flow was forced by a 
loudspeaker located near the input of the settling chamber 
in the axial direction. The speaker forced the flow through 
the connection of a rubber membrane, which in turn was 
connected directly to the water stream. A condenser was 
constructed between the speaker and membrane to 
measure the amplitude of the membrane displacement for 
control and measurement of the forcing amplitude. 
 
The flow is a plane wake with equal mean initial velocity, 
U1 and U2 of the two streams from the splitter plate. The 
flow was forced with a sinusoidal signal by a loudspeaker. 
Laser-Induced Fluorescence is used for the flow and 


mixing visualization. Laser sheet was applied for 
illumination to generate the fluorescence.    
    
 


 
Figure 1: Schematic diagram of geometry of the setup. 


RESULTS 
Phenomenon and forcing frequency Fig. 2 shows the 
responses of a wake to the forcing from loudspeaker in 
side view through the axis of the pipe. The forcing 
amplitude A is about 10% and average velocity U1 is 4 
cm/s. Fig. 2a is the flow with no forcing. In Fig. 2b the 
flow is forced at frequency f = 1.6 Hz. It can be seen that, 
the disturbance is, relatively, strongly amplified and there 
are only large coherent structures. When f  is increased to 
4.4 Hz in Fig. 2c, it is observed that the growth rate of the 
disturbance is much reduced compared with Fig. 2b even 
though it is increased at the beginning. Traditionally, it 
indicates that, frequency of 1.6 Hz corresponds the 
maximum amplification, and with the further increase of 
frequency, the amplification will decrease. However, what 
is interesting is that, at f = 6.0 Hz, the disturbance is again 
increased as shown in Fig. 2d, and there are more small 
scale vortices and scalar structures in comparison to the 
other situations. This indicates that, the disturbance at f = 
6.0 Hz amplifies faster than all other frequencies. If f is 
further incremented, the amplifying rate will decreased as 
shown in Fig. 2e until there is no receptivity anymore.    
 
From the linear instability theory, we know that, for plane 
wake there should only be one frequency at which the 
amplification reaches its maximum. However, in this 
experiment, it is obviously that there are two frequencies, 
at which the amplification reaches its maximum. At the 
beginning it was thought that one frequency was the 
subharmonic of the other, because the forcing was very 
strong, and non-linear may dominate even at the 
beginning of the wake. However, combined with 
experiments at some other Re number conditions, it is 
found that they are 
incommensurable, i.e. the frequency of the first maximum 
receptivity f1m does not depend on the frequency of the 
second maximal receptivity f2m. That is to say, the first 
one is not the subharmonic of the second one and the 
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second one is not the superharmonic of the first one. At 
the frequency of two times f2m, i.e. its superharmonic 
frequency, the receptivity is relatively very small. It seems 
that there are two different receptivity mechanisms in the 
confined plane wake in the pipe under strong forcing. The 
first one (1.6 Hz) corresponds to the traditional receptivity 
mechanism and the second one (6 Hz) is unknown.  
   


 
Fig. 2 The plane wake vortex development in response 
forcing frequency. U1  =  U2 = 4 cm/s. A = 10%. a: f  = 0 
Hz; b: f = 1.6 Hz; c: f = 4.4 Hz; d: f = 6 Hz; e: f = 8.5 Hz. 
 
Amplitude effect The influence of A depends on the 
forcing frequency. Fig. 3 (side view) displays the 
influence of A under different values of f. Again, at around 
f = 6 Hz (the new receptivity mechanism), A has the 
strongest influence on the evolution of the wake in the 
near field. In Fig. 3a, no forcing is supplied. From Fig. 3b 
to Fig. 3f, the flow is forced at 6 Hz with different A 
values of 1%, 5%, 25%, 35% and 45% respectively. On 
the one hand, it is found that, the receptivity at 6 Hz is 
very high, and has not yet reached a saturation when A is 
around 30%. One the other hand, the influence of the 
amplitude on the spread rate of the wake becomes smaller 
with the increase of A, e.g. the amplification difference of 
the disturbances between Fig. 3e and Fig. 3f is not so high 
compared with other values of A. However at f = 16 Hz, 
the receptivity has already reached its saturation when A is 
about 5%, as shown in Fig. 3g and Fig. 3h, where A is 
about 5% and 45%. Observation indicates that the 
maximum receptivity frequency corresponding to the 
traditional one seems to be around 16 Hz for this flow. For 
f = 22 Hz in Fig. 3i, A has almost no effect on the spread 
rate of the wake even though A is 5% compared with Fig. 
3a, i.e. no receptivity.      
  
For very small A, e.g. 0.5%, only one receptivity 
mechanism (here 16 Hz) can be observed. With other 
results (see bellow), it can be recognized that this 
corresponds the traditional 2-D plane wake receptivity 
mechanism. It is also found that in the confined wake, this  
receptivity has similar response to the amplitude effect as 
the traditional 2-D wake, i.e. the receptivity has its 
saturation to strong forcing amplitude as shown above in 
Fig. 3g and Fig. 3h for f = 16 Hz. Fig. 3 indicates that the 
amplitude influence strongly depends on the receptivity 
mechanism and forcing frequency. At f = 6 Hz, where 
there is a receptivity, the receptivity decreases with A, but 
it is still larger than zero. Therefore the larger A is, the 
larger the Karman vortex street. In other frequency 
regions where there is no receptivity, the amplitude has 
almost no influence on receptivity. The influence of A can 
be quite different for different receptivity mechanisms.   
Even if the forcing amplitude is very high, at which the 


first (traditional) receptivity reaches saturation, the second 
one still has a relatively large receptivity. Generally, the 
second (new) receptivity is much stronger than the first 
one if the forcing amplitude is high enough. This can be 
distinguished by Fig. 3. The second one is related to the 
secondary vortex in this flow (see later).  


 
The second receptivity strongly depends on the forcing 
amplitude and can take place only when the forcing 
amplitude reaches a threshold value. This indicates that, 
the secondary receptivity corresponds to a nonlinearly 
unstable mechanism. At relatively small forcing 
amplitude, the first receptivity can be seen, but the second 
one can not. Fig. 4 shows the result of the relation of the 
threshold with Re. It can be seen that, the higher the initial 
Re numbers, the lower the threshold amplitude is. The 
result indicates the influence of wall on the flow through 
the viscosity, i.e. the wall can confine the development of 
a disturbance under some conditions.  
    


CONCLUSION 
We have demonstrated that fast mixing can be achieved in 
a pipeline mixer, where the inlet of a pipe is a plane wake. 
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Fig. 3 The plane wake vortex development in response 
forcing amplitude under different forcing frequency.  U1  =  
U2 = 25 cm/s. a: f = 0, A = 0; b:  f = 6 Hz, A = 1%; c:  f = 
6 Hz, A = 5%; d:  f = 6 Hz, A = 25%;  e: f = 6 Hz, A 
=35%; f:  f = 6 Hz, A = 45%;  g: f = 16 Hz, A = 5%; h:  f 
= 22 Hz, A = 5%. 
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ABSTRACT 
Dissipation rate of turbulent kinetic energy is a key parameter in a number of chemical and 
biochemical processes. In stirred tank, its overall value is readily estimated; however its 
distribution is far from homogeneous. The experimental determination of dissipation rate is 
difficult and often limited to small regions of a reactor. Therefore, CFD appears to be a useful 
tool to estimate the distribution of the turbulence dissipation rate. In this work, two kinds of 
simulation have been performed: a simulation based on the RANS equations and a Large Eddy 
Simulation with the Smagorinski subgrid scale model. The aims of the present paper are (1) to 
compare RANS and LES simulations to PIV data in terms of velocity, kinetic energy and 
turbulence dissipation rate and (2) to study the influence of the constant in the subgrid scale 
model used in LES. In term of mean velocity, RANS simulation and especially LES are in good 
agreement with PIV experiments. In term of total kinetic energy, both simulations also give good 
results; however RANS simulation fails to predict the repartition of total kinetic energy between 
its periodic and turbulent components in the vicinity of the impeller. The mean velocity and the 
kinetic energy are shown to be independent of the value of the constant CS in the Smagorinski 
model. The overall dissipation rate is well predicted by RANS simulation but not its distribution 
in the impeller stream. For LES, the amplitude of local and overall dissipation rate is shown to be 
strongly dependent of the value of the constant CS. However, its distribution in the stream is 
similar regardless of the value of CS and best reproduced than by the RANS simulation. 
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ABSTRACT 
The criterion used to decide a fluid is sufficiently mixed 
varies significantly depending on the fluid and its 
application.  Previous work has focused on quantifiable 
measures like conductivity, composition, and color.  In the 
case of structured fluids, however, the situation is 
complicated by the fact that molecular-scale homogeneity 
may never be achieved and might not even be desirable.  
So, given that most practical structured fluids are always 
heterogeneous at certain length scales we are motivated to 
determine the heterogeneity of the fluid, how processing 
affects heterogeneity, and the effects of heterogeneity on 
product quality and performance.  I’ll discuss how we are 
using microrheological techniques to try and answer these 
questions, show some examples, and suggest some paths 
forward for increasing our understanding of this open 
research area.   
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ABSTRACT 
The cattle production frequently faces with problems of 
drug application, since the methods of administration are 
rudimentary as it is the immersion of the animal in 
cisterns, which cause the intoxication of the animal in 
many cases [1]. In the last years have been developed in a 
substantial way in the market, drug delivery systems that 
eliminate this problem. Nevertheless, the used materials as 
nanoparticles (NP) must have suitable physical-
mechanical properties for their effective administration 
[2]. The application and acceptance of pharmaceuticals 
are also dependent on the rheological properties of the 
final product and this is function with the kind of mixer. 
The objective of this study is the encapsulation of a drug 
in NP of Poli-Lactide Co-Glycolic Acid (PLGA) using 
different process of mixing for yield a stable 
emulsification. The rheological response have an 
important route to revealing the flow and deformation 
behaviors of this materials, cannot only improve 
efficiency in processing but can also help formulators and 
end users find pharmaceutical products that are optimal 
for their individual needs [3]. The final blend was 
analyzed by photon correlation spectroscopy (PCS), zeta 
potencial, size distribution (PSD), scanning electron 
microscopy (SEM) and rheological measurements. The 
mean ± SD diameter of PLGA particles containing 
closantel was: 266.9 ± 2.8 using a mixer model CAT X-
120 (PolyScience, Niles, IL.). On the other hand, 
employing an ultra-turrax homogeniser model T18 basic 
(IKA) there are two mean size: 546.4± 2.5 and 47.41 ± 
2.5.  
 
The rheological results showed a Newtonian behavior in 
flow of simple shear and in oscillatory flow a behavior of 
the type “solid like” at short times, however at long times 
the viscous character prevails on the elastic character 
(G´´> G´). The results indicate that mixing conditions 
have an important effect on the functional properties of 
these materials.  
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Abstract: Several aspects of mixing can possibly affect a process 
result on scale-up, vessel relocation, or vessel modifications.  
Mixing variables include impeller placement, baffles, vessel fill, 
and impeller type and speed. The process results that can possibly 
be affected include selectivity, conversion, time of reaction and 
impurity distribution. 
 
Guidelines for evaluation of the impact of these mixing variables 
on process results are discussed along with examples of different 
types of process problems caused by mixing in three different 
process  applications.   
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ABSTRACT 
The contacting of gases and liquid phases occurs in many 
chemical engineering processes. It is a two-step process 
comprising the dispersion of the gas in the liquid to in-
crease the interfacial area and the inter-phase mass trans-
fer. In cases where the liquids have a high viscosity, e.g. 
the processing of foods like dairy products or the produc-
tion of foams made from polymers, the low viscosity ratio 
of the dispersed and continuous phase and the small diffu-
sion coefficients of the gas dissolved in the liquid turn 
gas/liquid contacting into a difficult task. The SMX mixer 
is among the most applicable mixers for this difficult mix-
ing task due to its internal structure, which consists of 
crossed blades resulting in a uniform energy dissipation 
and a flow field with extensional components favorable 
for bubble break-up. 
In the presented study, the capability of SMX static mix-
ers to contact gases and highly viscous liquids was inves-
tigated. Different silicone oils with varying viscosities 
were used as the liquid phase, helium and nitrogen as the 
gas phase. Because the two gases show a noticeable solu-
bility in the liquid phase, the break-up of the bubbles is 
associated with the absorption of the gas into the liquid. 
The investigation covered the effects of the energy input 
and the gas mass fraction, the length and the diameter of 
the mixer as well as and the viscosity of the liquid and the 
solubility of the gas in the liquid. The flow was kept lami-
nar in all experiments. 
The results of the study are presented in terms of the bub-
ble size distribution, the mass fraction of the gas dissolved 
in the liquid and the mass transfer coefficient. The mea-
surement of the bubble size distribution was based on 
digital images of the bubbly flow, which were taken 
through a transparent section after the static mixer. The 
mass fraction of gas in the liquid phase was determined by 
a mass balance of the gas. Using average differences of 
the gas mass fraction before and after the static mixer, the 
volumetric mass transfer coefficient can be calculated. 
The energy input and the viscosity of the liquid phase 
show a strong influence on the resulting bubble diameter. 
By introducing the viscous stress, these effects can be 
represented by a single curve. The volumetric mass trans-
fer coefficients can be represented by dimensionless num-
bers covering the effects of the energy input, the viscosity 
of the liquid phase and the length of the mixers. Compared 
to dynamic mixers such as agitated vessels, the magnitude 
of the volumetric mass transfer coefficients shows that the 
energy input into the SMX static mixers is transformed 
efficiently into liquid phase mixing and the growth of the 
interfacial area due to bubble break-up.  
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Abstract 


 
Chemical precipitation from reactive solutions allows a viable synthesis route for 


large-scale manufacture of nanoparticles. We use the Confined Impinging Jet Reactor 


(CIJR) to synthesize test-nanoparticles of Iron oxide (Fe3O4) via fast chemical 


precipitation at ambient conditions. Transmission electron microscopy (TEM) images 


show that particles produced in CIJR are hard-agglomerates of primary particles of 


average diameter of 7 nm. These primary particles are precipitated nuclei that have 


undergone growth, and they subsequently sinter together in the supersaturated reactor 


environment. 


It is interesting to note that the sizes of primary particles and hard agglomerates 


vary with supersaturation level and mixing rates in the reaction system. TEM images 


indicate that the size of primary particles increases with an increase in jet flowrate or an 


increase in reactant concentration. Dynamic light scattering results indicate that the size 


of hard agglomerates decreases with an increase in jet flowrate or increase in reactant 


concentrations. The size of the hard agglomerates appears to be strongly influenced both 


by a size-dependent sintering efficiency of the primary particles and by turbulent shear.  


 


Key words: Mixing, precipitation, Confined Impinging Jet Reactor, supersaturation, 


nucleation and primary particles. 
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Dispersing of gases or immiscible liquids within another continuous liquid fluid phase 
is a standard operation for the processing of multiphase systems in the industrial 
areas like food, cosmetics pharmaceuticals and fine chemicals. The commonly used 
dispersing tools are rotor-stator devices with tooth-/pin geometries arranged in 
circular, concentric or axial, stacked disc configurations. Depending on the gap width 
between the rotor-stator pins or tooth elements and the viscosity function of the two-
phase system, laminar, turbulent or transitional flow conditions act in the dispersive 
mixing procedure. - A new generation of dispersing devices are the static or dynamic 
membrane devices in which the disperse drops or bubbles are formed once and 
detached from the membrane surface by cross- or co-flowing fluid streams. This 
procedure means significantly reduced mechanical treatment of the multiphase fluid 
system and allows to tailor narrow disperse size distributions. 
 
Rotor-Stator Dispersing Processes 
Our recent work concerning Rotor-Stator (R/S) dispersing process developments 
has mainly focused on laminar to transition domain flow conditions. We have 
investigated bubble and drop break-up in some detail under steady and transient 
shear or elongation as well as mixed flow conditions. Different types of R/S (model) 
flow apparatus were applied comprising concentric (i) /eccentric (ii) cylinder-, four 
roller- (iii), single- (iv) and multi-toothed (v) geometries. From respective experiments 
expanded maps of critical bubble-/drop break-up characteristics (critical Weber 
(WeC) or critical Capillary (CaC) numbers as a function of viscosity ratio 
λ,   deformation rate G, total deformation D and flow type α have been derived. 
Figure 1 exemplarily demonstrates CaC(α) for drop break-up under pure shear (α = 
0), equibiaxial (α = -1),  or planar (α = 1) elongation as well as for mixtures of these 
flow types. Steady and transient drop break-up were investigated experimentally (a), 
by numerical flow simulation using CFD (b) and by a non- equilibrium 
thermodynamics modeling approach (c) /1-3/. Consistent results from these three 
approaches (a-c) were received for surfactant free as well as for surfactant covered 
drop interfaces. 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Fig.1: Critical Ca- number for different flows        Fig.2: Surfactant distribution at drop 


 interface in shear flow 







For surfactant covered drop interfaces a criterion to distinguish between diffusion 
and convection driven interfacial coverage with surfactant molecules was defined as 
the ratio of Peclet number (Pe) / Capillary number (Ca), denoted as α and 
implemented into a convection diffusion equation which forms the bases for 
respective CFD calculations. As a result of these calculations surfactant 
concentration distributions along the interfacial contour of drops deformed in shear, 
elongation and mixed flows were received and satisfying comparability with 
experimental drop deformation data was found. Figure 2 shows such calculated 
concentration distributions of surfactant at the deformed drop interface for different 
Capillary numbers and a viscosity ratio λ  of 4/.  
The impact of transient shear and elongation flows has been investigated within an 
eccentric cylinder gap and transferred to a complex multi toothed rotor-stator 
dispersing geometry. CFD based simulations applying a particle tracking procedure 
along distinct particle flow tracks allowed us to quantify the transient drop 
deformation history of selected drops along their paths through the dispersing 
apparatus. Comparisons with respective experimental results demonstrated again 
good agreement as demonstrated in Figure 3 /5/. 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Fig. 3: left:  Transient deformation and Ca-number; right: multi-toothed R/S geometry 
 
 
Membrane / Micro-channel Dispersing Processes 
In addition to rotor-stator flow devices we considered also channel / nozzle / pore 
flows with respect to their dispersive mixing performance. New microfluidics devices 
have been developed in our Laboratory at ETH Zürich in close collaboration with the 
University of Queensland in Brisbane (Australia); Prof. J. Cooper-White. Within the 
lasts two years we investigated drop formation in co-flow and cross-flow micro- and 
macro channels. By means of micro particle imaging the velocimetry (Micro-PIV) we 
accessed velocity fields around respective drops and used this information for 
optimizing the dispersing channel flow geometries and to derive scale up criteria 
(e.g. We = f (Re) characteristics) over several orders of magnitude like demonstrated 
in figure 4 /6/. 
As a scaleable solution with application relevance, derived from micro channel cross 
flow results, a Rotating Membrane Device (ROME) with Controlled Pore Distance 
(CPD) was developed. The cross flow is generated by the rotational motion of a 
membrane cylinder within a surrounding concentric housing through which the 
continuous fluid phase is axially pumped. The disperse fluid or gas-phase enters  







 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Fig 4: Micro-/macro channel co-flow dispersing; experimental data / M. Duxenneuner 
 
 
through a hollow shaft into the rotating cylinder membrane body and forms disperse 
liquid droplets or bubbles at the membrane surface, from which the cross flowing 
continuous fluid phase flow detaches them as soon as a critical shear stress is 
exceeded /7/.  
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ABSTRACT 
The mixing process at the chemical industry is used to 
obtain homogeneous systems, several authors indicate that 
the use of different impellers using proximity systems to 
obtain a higher level of homogeneity. Unfortunately this 
approach sometimes is very expensive. An alternative to 
increase the efficiency of this type of process is the use of 
another kind of impellers. The objective of this work was 
to study the stability of a non-Newtonian dispersion using 
two different impellers. The system used was a transparent 
glass (0.5 L) without baffles and the two impellers: 
Hydrofoil and/or Rotor-Stator (RS). The non- Newtonian 
dispersion was a chocolate. This was prepared by adding 
powders of sugar, milk solids and cocoa solids and mixed 
together with cocoa butter, milk fats and emulsifiers such 
as lecithin. The rheological tests were made in a 
rheometer AR2000 and particle size analysis in a 
Mastersizer 2000S. The results obtained showed that the 
RS impeller increases consistency index and the 
superficial area in comparison with the Hydrofoil 
impeller. The use of RS impeller is more stable because it 
presents a lower probability of agglomerate formation. 


INTRODUCTION 
Mixing is an important unit process that occurs in many 
manufacturing operations, especially within the food 
industry. The mixers are typically designed “ad hoc”, they 
are among the most expensive and inefficient equipment 
in production plants and the annual cost of inefficient 
industrial mixing has been estimated to be as much as $10 
billion only in the US (Harnby et al., 1992). The mixing 
include blending miscible liquids of dramatically different 
viscosities, producing ultra fine emulsions of immiscible 
liquids, and incorporating and dispersing fine solids in 
viscous liquids. One particular example is the manufacture 
of chocolate, where finely ground powders are dispersed 
in a continuous fat phase. The powders found in milk 
chocolate are sugar, milk solids and cocoa solids. These 
are mixed together with cocoa butter, milk fats and 
emulsifiers such as lecithin. During the mixing process, 
volatiles within the chocolate are removed to reduce 
bitterness, whilst the more desirable flavours are 
developed further. In addition to this, and the topic of 
interest in this work, the mixing is used to change the 
texture of the chocolate. This is done by breaking up any 
agglomerates in the chocolate and by coating every 
particle with cocoa butter. This achieves the smooth 
texture that is experienced and can be physically related to 
the reduction in the viscosity of the chocolate. The mixing 


is a controlled shearing-heating and tempering process 
that liquefies the powdery, refined chocolate mass (known 
as refiner flake). Conventional mixing is a batch process 
lasting 3–72 h depending on the manufacturer. During the 
mixing of milk chocolate fat is melted, solid particles are 
dispersed and lactose is crystallized (Ziegler & Aguilar, 
1994). In addition, caramel flavor is developed through 
the Maillard reaction, which is highly dependent on the 
time–temperature treatment given to the chocolate mass. 
However, mixing time can be considerably reduced by 
using continuous equipment. The applications of high-
shear devices are in the industries (Choplin et al., 1998; 
Tanguy et al., 1998; Lamberto et al., 1999). With the 
increasing use of high-shear mixing devices, there is a 
corresponding need for performance and design data that 
have not been widely reported in the literature (Tatterson, 
1991;Ottino et al., 2000). Despite their widespread use, 
the performance of this kind of mixers is still poorly 
understood, thus more fundamental basis is needed for 
better design and better ways to assess their performance 
under industrial operating conditions. As a result, product 
and process development including scale-up and industrial 
operation are often carried out by trial and error, leading 
to higher times and costs. Additionally, this type of 
dispersions presents problems of sediment of particles 
with the use of traditional agitation (i.e. Rushton turbine, 
Hydrofoil impeller). An interesting and promising 
alternative to increment the efficiency of the mixer 
process is the use of dual agitators (R-S). The study of the 
rheological response of a chocolate dispersion and its 
particle size distribution (PSD) using agitation systems: 
Hydrofoil and/or Rotor-Stator, is a standard to evaluate 
the level of homogeneity in this type of dispersions in 
each one of the elaboration tempering stages. According 
to these results, an interesting and promising alternative is 
to modify the hydrodynamics conditions employed other 
types of impellers without modifying the commercial 
formulae (i.e. black chocolate) with potential industrial 
chemical food applications. The objective of this work 
was to study the stability of a model chocolate dispersion 
using two different types of impellers in order to study the 
hydrodynamic conditions looking for a better stability in 
this type of non Newtonians dispersions.  


METODOLOGY 
Sample preparation and experimental setup. 
The model chocolate dispersions used in this study 
contained 35% cocoa butter which was melted in an oven 
before being mixed with 65% milled sugar and milk 
powder (this powder consisted of 74% milled sugar and 
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26% milled milk solids) used as a base for the mixing 
trials in subsequent experiments. The milk chocolate was 
prepared according to the following process of tempering 
given in Table 1.  


Table 1. The tempering in the different process 
 
The homogenizer studied in this work was a vessel and an 
RS or Hydrofoil impeller (see Figure 1). The impeller was 
fitted from a driving shaft couple to a variable speed 
motor. Power was calculated as a function of the rotor 
rotational speed from torque measurement with a non-
contact strain gauge torque-meter. Samples from a 
cylindrical tank were taken at the bottom, at the middle 
and at the surface during the dispersion process followed 
for the preparation of a dairy-like dispersion. The system 
consists of a tank without baffles, equipped with 
impellers: Hydrofoil and one Rotor-Stator, where the 
geometric relations were: D/d= 1.66 and h/d =2.06, 
maintaining the height of liquid constant with respect to 
the impellers height.  The dispersion was prepared by 
adding the disperse phase in the aqueous medium, and 
finally both systems are mixed during 1 h from at 300 
rpm. The mixing temperature was controlled. The stability 
is evaluated through rheology and PSD in each of the 
tempering stages until the desirable dispersion is obtained. 
A sample of chocolate was taken at the end of each 
experiment for rheological testing (described in the 
following section).  
 
 
 
 
 
 
 
 
 
 


 
 
Figure 1. Experimental Set Up. 


Reologic measurements  
All the rheological measurements were performed in a 
rheometer of controlled stress, AR2000 equipped with a 
parallel plate geometry (25 mm in diameter; gap= 0.5 
mm). The dispersions were characterized regarding their 
steady shear viscosity function, η(γ), using a 
unidirectional steady shear flow, with shear rates ranging 
from 0.1 to 10 s-1. The obtained rheological parameters (n 
and k, index of behaviour and consistency index, 
respectively) were fitted of the curves using the Oswald-
de Waele or “power law” model. The samples were 
melted for each processing condition according at 


tempering process (see Table 2). All the samples placed in 
geometry were analyzed at least two times.  
 
Particle size distribution  
The particle size distribution (PSD) was measured using 
an equipment of laser diffraction analyzer in an aqueous 
medium (Malvern MasterSizer model 2000S). The 
refractive indices of 1,395 and 1,330 were used for the 
polymeric dispersions and reference, respectively. 
Diameters, d(0,5), d(3,2), d(4,3) were analysed as well as 
specifies superficial area, (SSA, m2/g) at the different 
conditions of tempering process. 
 
Scanning electron microscopy 
The samples were examined and photographed with an 
electron microscope Leica Stereoscan S420i (Cambridge, 
England). 


RESULTS 
The results showed that in the mixing using a RS impeller 
showed a higher consistency index and the superficial area 
(m2/g) in comparison with the Hydrofoil impeller. The 
dispersion at different tempering followed, employed 
Hydrofoil shows a drop of the consistency index (37~43 
Pasn) in comparison with the Rotor-Stator, (68~85 Pa sn) 
(see Figures 1 and 2). Additionally, a non-Newtonian 
shear-thinning behavior was observed (n<1) in all cases. A 
quite important increase in pseudoplasticity (or shear 
thinning) was observed when used a RS impeller. In 
general, the dispersions behave as shear thinning fluids, 
this means, that their viscosity decreases as the rate of 
deformation increases. The power law model was used in 
the evaluation of rheological properties. The continuous 
lines illustrate the fits of the experimental results given in 
the Figures 2 and 3 and they represent quite well the 
experimental data. On the other side, an increase in 


contact surface (specific superficial area, m
2


/g) using the 
impeller R-S (see Table3). It is important to notice the 
remarkable enhancement in the viscosity values employed 
different impellers results changes in the PDS.  
 
In the Figure 3, the distribution of particle size shows an 


increase in contact surface (A, m
2


/g) using a impellers R-
S a difference from the Hydrofoild system, and in the 
beginning this type of systems are more stable in the blend 
of this type of dispersions (see Table 1). Any way, the 
chocolate processed in Rotor-Stator impeller exhibits a 
major viscosity at any given shear rate than Hidrofoil. 
Finally, the strategy followed in this study as well as the 
obtained results allow establishing clearly that, the quality 
of the dispersion strongly depends on the hydrodynamics 
conditions impose for the impeller. 
 
Finally, the systems of agitation/dispersion of the R-S 
type, operating to the same conditions provide more 
viscous dispersions and smaller particle size d(4,3). 
Consequently, these dispersions are more stable in 
principle when employed this type of impeller. Theses 
results are quite interesting considering the economical 
and technical importance of the impeller used in the 
industrial. 
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Figure 2. Curve of viscosity at different tempering process 
of the final dispersion with the Hydrofoil impellers used. 
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Figure 3. Curve of viscosity at different tempering process 
of the final dispersion with the Rotor-stator impellers 
used. 
 


Table 2. Distribution of particle size of the suspension 
carried out with two types of impellers. 
 
On the other side, the microphotographs for chocolate 
dispersions are shown in Figure 4, the images presented a 
macromolecular dispersion that became less agglomerated 
when employed R-S (Fig. 4b). These results are agreed 
with the results obtained with DTP and rheology. That’s 
mean, which the change in the aggregation state of the 
chocolate can be explained by considering the type of 
impeller and the condition of tempering used.  
 


       


 
Figure 4. SEM images (2000 X) for the final stage 
dispersion mixture at one tempering, with  different 
Hidrofoil (a) and Rotor-Stator (b) impellers employed.  


CONCLUSION 
We have examined the rheological behavior of dispersion 
in flow of the steady-shear viscosity measurements, it 
showed a non-Newtonian shear-thinning behavior (n<1), 
which could be correlated to the shear rate by the Power 
law-model. The final dispersion, using the system 
Hydrofoil presents a decrease of the consistency index in 
comparison with the impellers Rotor-Stator. The 
distribution of particle size shows an increase in contact 
surface using a impellers R-S a difference from the 
Hydrofoild system, and in the beginning this  
 
type of systems are more stable in this type of dispersions. 
Consequently, the systems that present minor diameter 
volume present a minor probability of agglomerate 
formation and phase separation (i.e. sedimentation). The 
Rotor-Stator turbine presents better results and useful 
strategy for more viscous fluids (a major k index, i.e. 
dispersions).  
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ABSTRACT 
Asphalt, roofing and sealing markets strongly demand 
new materials for being used, for instance, as bituminous 
coating membranes. In that sense, the benefits to these 
bitumen-based composites of the addition of MDI-PEG 
reactive polymer, synthesized by the reaction of 4,4’-
diphenylmethane diisocyanate with a low molecular 
weight polyethylene glycol, is assessed. The main goal of 
the present research was to study the role of water during 
mixing and curing of bitumen modified by isocyanate-
based reactive polymers. 


INTRODUCTION 
Bitumen, a dark brown to black material mainly obtained 
from crude oil distillation, can be pictured as a colloidal 
dispersion where the components of highest molecular 
weight, the asphaltenes, are dispersed into a medium 
constituted by the remaining components, the maltenes. 
The maltenic fraction can still be divided into three 
generic groups of different molecular weight and 
aromaticity (in decreasing order of these features: resins, 
aromatics and saturates) (Claudy et al., 1991). 
Polymer modified bitumens (henceforth PMBs) exhibit a 
higher resistance to thermal cracking due to embrittlement 
caused by low temperature (Isacsson and Lu, 1999), and 
prevent the pavement from being permanently deformed 
at high in-service temperature (García-Morales et al., 
2006). A MDI (4,4’-diphenylmethane diisocyanate) 
functionalised polymer has been considered in the present 
work. It is well-known that isocyanate groups react under 
mild conditions with all compounds that contain ‘active’ 
hydrogen atoms (alcohols, amines, carboxylic acids or 
water) to form urethane, urea and amide linkages (Singh et 
al., 2006). Consequently, MDI-polymer modification of 
bitumen is expected to take place by reaction of the 
isocyanate groups of the polymer with most of polar 
groups (-OH; >NH) of asphaltenes and resins (Singh et al., 
2006). 
The main goal of the present research was to study the 
role of water in the bitumen modification by isocyanate-
based reactive polymers. In that sense, different 
experimental techniques (i.e. mixing rheokinetics, 
rheological measurements) have been performed to 
understand short and long term bitumen modification, and 
the effect of water addition during processing. 


EXPERIMENTAL 
Bitumen with a penetration grade of 150/200, provided by 
Cepsa (Spain), was used as base material for polymer 
modification. 
A reactive polymer containing isocyanate groups has been 
used as modifying agent. To be precise, it was a 
polyethylene-glycol (PEG) functionalised with polymeric 
MDI (4,4’-diphenylmethane diisocyanate), henceforth 
MDI-PEG, with an average Mw of 784 g·mol-1, 
polydispersity (Mw/Mn) of 1.8, and an average 
functionality of 2.8. This polymer was synthesized by 
reaction of PEG (donated by Repsol YPF, Spain) and 
polymeric MDI (supplied by Bayern AG, Germany), 
selecting a molar ratio of 1:5, in N2 atmosphere, at 40ºC 
for 48 hours and under agitation. The resulting polymer 
was in liquid form with light brownish colour. 
The kinetics of the mixing process was studied in an open 
batch mixer, which consists of a cylindrical vessel (40 mm 
diameter, 48 mm height) coupled with the motor of a 
controlled-strain ARES rheometer (Rheometric Scientific, 
USA). This vessel is equipped with a helical ribbon 
impeller (38 mm diameter) coupled with the transducer of 
the rheometer. Blends of MDI-PEG (2 wt.%) and bitumen 
were prepared at 90ºC. About 40 g of neat bitumen were 
stirred for 30 minutes at 60 rpm with the helical ribbon 
impeller placed at 1 mm above the bottom of the 
cylindrical vessel; the polymer was further added and the 
blend stirred for 7 hours. Water addition, at a 
concentration of 2 wt.%, was carried out after 1 and 6 
hours of processing. 
Viscous flow measurements, at 60ºC were carried out with 
the controlled-stress rheometer Haake RS150 (Germany), 
using plate-and-plate geometry (35 mm diameter; 1 mm 
gap). 


RESULTS AND DISCUSSION 
Figure 1 shows the evolution of normalised torque 
(M/M0), monitored for 7 hours, during processing of a 
selected polymer-modified bitumen (PMB) at 90ºC, 2 
wt.% MDI-PEG concentration and without added water 
(filled square symbols in Figure 1). Previously, a blank 
sample of unmodified bitumen experienced negligible 
evolution of torque for 30 min mixing time and, 
consequently, a constant M0 value for neat bitumen is 
apparent. 
The torque evolution of the PMB containing only MDI-
PEG (filled square symbols in Figure1) shows a first 
region with a constant value of the normalised torque 
(equal to 1), in which the neat bitumen is stirred for 30 
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minutes to ensure constant temperature in the sample. 
Then, 2 wt.% MDI-PEG is added and a pronounced 
decrease in (M/M0) is produced, due to the plasticizing 
effect provoked by the addition of a liquid with low 
viscosity (10.9 mPa·s at 90ºC). Immediately, the polymer 
starts interacting with the bitumen, and an important and 
monotonous increase in torque is noticed with no trend to 
a constant value.  
To increase the rate of bitumen modification, water, in a 
concentration of 2 wt.%, was added at different stages (1 
and 6 hours) during processing of 2 wt.% MDI-PEG 
modified bitumen (Figure 1). As may be observed, all the 
modified bitumen samples evolve in the same way until 
water is added (Figure 1), when a very pronounced 
increase in torque, for a short period of time, occurs. It is 
worth noting that the degree of modification depends on 
the stage at which water is added, being considerably 
more important for late additions. Further on, torque 
remains constant up to the end of the manufacture process, 
due most probably to a massive reduction in non-reacted –
NCO groups. As a result, water addition seems to provoke 
an enhancement of the degree of short-term modification, 
above all if water is added at any point close to the end of 
the manufacture process. 
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Figure 1. Evolution of the normalised torque (M/M0) with 
time during processing of different bitumen/MDI-
PEG/water blends, at 90ºC and 60 rpm. 
 
As previously commented, -NCO groups in the polymer 
are known to react with bitumen compounds containing 
active hydrogen atoms, namely hydroxyl and amine 
groups, leading to the formation of urethane and urea 
linkages, respectively (Singh et al., 2006). Water addition 
seems to give rise to intermolecular polymer crosslinking, 
by the reaction of a first isocyanate group with water, and 
formation of an amine, and further reaction of that with a 
second isocyanate group, which yields a urea bond, not 
necessarily involving asphalt molecules. This set of 
reactions, taking place in a relatively short time-scale if 
compared to those in absence of water during processing, 
would lead to a fast increase in the molecular weight of 
the polymer chains dispersed in a continuous bituminous 
phase (if an early addition is carried out), and also of the 
polymer chains previously linked to bitumen (for late 
water additions), being the latter much more interesting 
than the former as far as the short-term modification is 
concerned (in Figure 1). 
In addition, long-term modification is strongly affected by 
water addition during mixing. Figure 2 shows viscosity 
values, at 60ºC, for all the systems shown in Figure 1. As 


can be observed, samples without added water present 
values of Newtonian viscosity which increase with curing 
time. On the contrary, the MDI-PEG/water modified 
bitumen shows a lower increase in viscosity after their 
processing than the former (Figure 2). 
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Figure 2. Evolution of the Newtonian viscosity with 
curing time for selected MDI-PEG/water modified 
bitumens. 


CONCLUSION 
A short-term modification, taking place during mixing, 
and a long-term bitumen modification, which develops for 
a long period of curing (up to several months), have been 
identified. Both of them result from chemical reactions of 
-NCO groups in the MDI-PEG with hydroxyl and amine 
groups of bitumen, leading to the formation of higher 
molecular weight compounds.  
Water addition during processing seems to provoke an 
enhancement of the short-term modification degree, above 
all if water is added close to the end of the manufacturing 
process. 
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ABSTRACT 
Five disk turbines with different blade shape were 


investigated including RT, CD, HEDT, PT-A and PT-B. 
The trailing vortex, mean velocity and turbulent kinetic 
energy were phase resolved by the high resolution PIV 
technique. The pressure coefficient and velocity were also 
simulated by using realizable k-ε model. The results show 
that the blade shapes affect the flow fields remarkably. 
Some blade shape modifications of HEDT were also 
suggested basing on the CFD simulations.  


NOMENCLATURE 
C clearance of the impeller 
D diameter of the impeller 
H liquid height 
k turbulent kinetic energy 
N revolution speed of the impeller 
p pressure 
r cylindrical coordinate 
R radius of the impeller 
Re Reynolds number 
T diameter of the stirred tank 
Vtip tip velocity of the impeller 
W the width of the impeller 
z Cartesian coordinates 
ρ density of fluid 
μ dynamic viscosity 


INTRODUCTION 
Though stirred reactors equipped with curved-blade 


disk turbines are widely used in many process industries, 
the effect of blade shape of disk turbine on the 
hydrodynamics has received little attention. In the paper, 
the flow fields in stirred tanks with different disk turbines 
were investigated by using PIV and CFD approaches 
respectively.  


EXPERIMENTAL APPARATUS 


Stirred Tank 
The cylindrical tank was a flat bottom Perspex vessel 


with an inner diameter T=0.476m. Four equally spaced 
baffles were arranged to ensue the measurement plane was 
in the middle of two successive baffles. The working fluid 
was tap water and the liquid height H=T. To minimize 
optical refraction, the cylindrical tank was placed in a 
square tank(0.58×0.72m). Five disk turbines were used 
including Rushton turbine (RT), half circular blades disk 
turbine (CD), half elliptical blades disk turbine (HEDT), 
parabolic blades disk turbine A (PT-A) and parabolic 


blades disk turbines B (PT-B). The diameters of all five 
disk turbines were equal to 0.4T and the impeller 
clearances were equal to T/3. The impeller was driven by 
a ABB motor and the rotational speed was controlled by a 
Danfoss frequency converter N=155±0.5rpm. 


PIV System 
The 2D PIV system used in this work is the 


commercial system from TSI Inc., including a laser (New 
Wave Nd:YAG, 200mJ, 15Hz), a camera (PowerView 
11MP, 4008×2672 pixels), a synchronizer and Insight 3G 
software. A encoder was used to get phase-resolved 
measurement. 


To resolve the flow field near the impeller, a area 160
×106mm was recoded by the high resolution camera. The 
images were interrogated between 32×32 pixels windows 
and 50% overlap between interrogation windows, and then 
the vector resolution is 0.64mm. 


CFD SIMULATION 


The Realizable k-ε Model 
In order to overcome the deficiencies of traditional k-


ε models, a new eddy-viscosity formula and a new 
dissipation model equation were adopted for the 
realizable k-ε model. This model has been validated for a 
wide range of flow, such as free flows, channel and 
boundary layer flows and separated flows. 


Numerical Method 
The model parameters used for CFD was the same as 


that described in the experimental apparatus. The total 
computational grid was defined by approximately 800,000 
non-uniformly distributed nodes. The simulation was 
conducted using Fluent6. The impeller motion was 
modelled using sliding mesh model. Second upwind 
scheme was used for the momentum equations and 
SIMPLE algorithm was used for the coupling between the 
continuity and momentum equations. 


RESULTS 
Figure 1 shows the velocity and turbulent kinetic 


energy fields obtained by PIV, and only two phase 
resolved results (0o and 10o) of each disk turbine are listed 
for conciseness. The blank column regions in figure 1 
were caused by the refraction of the edge of the baffle. 
The results show that a counter rotating vortex pair is 
always generated behind the blades for all five disk 
turbines, but the locations of the axis of the trailing 
vortices are different, for example, the trailing vortices of 
DT originate from the upper and the lower edge of the 
blade, while the trailing vortices of other disk turbines 
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mainly appear near the tip of the blade. The trailing 
vortices and the normalized turbulent kinetic energy are 
influenced by the shape of the impellers. When impeller is 
more streamline, the trailing vortices damp quickly, and 
both the levels of turbulent kinetic energy and its 
corresponding regions decrease simultaneously. 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 


 


Figure 1: Phase-resolved plot of velocity and turbulent 
kinetic energy fields obtained by PIV at  0o and 10o angles 
behind the blade of five disk turbines. 
 
    Figure 2 presents the distribution of pressure coefficient 
of different disk turbines, which is defined as follow: 


 2( ) /(0.5 )p ref tipC p p Vρ= −             (1) 


    The CFD results show that the pressure coefficient 
distributions of RT predicted by realizable k-ε model are 
in agreement with the experimental results (Lane et al., 
2001). The low pressure zones of other four disk turbines 
are obviously less than the RT, and among them, the low 
pressure zones increase as following: PT-A, PT-B, HEDT 
and CD. Combined with the phase-resolved distribution of 
pressure coefficient and velocity (Li, 2007), it can be seen 
that the separation points on the trailing sides move to the 
tail region as the blades are more streamline, and the low 
pressure zones are transported with the movement of the 
trailing vortices. For the HEDT impeller, a structure with 
horizontal slots was suggested, which can reduce the low 
pressure regions and weaken the tip vortices. 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 


Figure 2: Pressure coefficients on the leading and trailing 
sides of different disk turbines.  


CONCLUSIONS 
The trailing vortices, turbulent kinetic energy and 


pressure coefficients are greatly influenced by the shape 
of the blade. Streamline blades or modified structures 
should be considered in the impeller design. 
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ABSTRACT 


Mixing times were obtained by the iodine-thiosulphate decolorization technique using rotary jet 
heads (RJH) for mixing in a Perspex tank with an inner diameter of 0.75m and a working aspect 
ratio of 2.5. The RJH mixing system is based in mixing by liquid jets, but due to the rotation of 
the head, the position of the jets is continually changing. Experiments were performed in both 
water (turbulent flow) and in shear-thinning, carboxy methyl cellulose (CMC) solutions 
(turbulent and transitional flow). Experiments were undertaken with RJHs rotating as normal, or 
held stationary, in order to ascertain whether and to what extent the “randomness” is imposed by 
the head motion improves mixing. 


It was found that the head rotation leads to decrease in mixing time compared to stationary jets, 
even at turbulent conditions. However, if the head is rotating too fast, the  reach of the jets 
decreases and they are not able to reach the top and the bottom of the tank whereby the mixing 
time increases. Thus, for a given tank geometry and specific jet nozzle size an optimum in the 
rotational speed exists. 


Experiments in 0.75 wt% and 1.25wt% CMC sowed that the rotation of the RJH delays the 
transition from turbulent to transitional flow, i.e. the transition occurs at a lower Reynolds 
number with rotation than without. Furthermore, the decrease in mixing time caused by the 
rotation is much more pronounced when the flow is transitional than when it is turbulent because 
the segregated regions that are formed when the head is stationary are destroyed. 








Sixth International Symposium on Mixing in Industrial Process Industries –ISMIP VI 
Niagara on the Lake, Niagara Falls, Ontario, Canada 


August 17-21, 2008 
 


New Impeller Meets Challenges of Gas Dispersion 
 


Bob Higbee¹, Peter Knights², Binxin Wu¹ and Wojtek Wyczalkowski¹ 
 


¹Philadelphia Mixing Solutions, Ltd., 1221 E. Main Street, Palmyra, PA 17078, USA 
²Mixing Solutions Limited, Venture House, Bone Lane, Newbury Berkshire RG14 5SH. 


 
 
 


ABSTRACT 
 
This project was initialized as a response to industry demand for 
an improved impeller for gas dispersion. Several impeller 
prototypes were built and tested in 0.61 m diameter test rig, CFD 
and PIV. Analysis was focused on different combinations of 
blade shape, blade size, and blade location in relation to axis of 
rotation. All impeller prototypes were made by Laser Stereo 
Lithography method to ensure accuracy of shape. The project 
resulted in an optimized design that provides excellent process 
results, can be built for high power applications, and can be 
assembled on site.  
 
  
INTRODUCTION 
 
Production of PTA, hydrogenation and fermentation processes 
require efficient gas dispersing impellers that can produce high 
mass transfer and have high gas handling capability therefore 
improving process economy. The scope of this work was to 
improve and optimize existing impeller design using a 
combination of experiments, CFD and PIV.  
 
For decades the impeller of choice was Rushton turbine. The first 
break-through was by Prof. Smith who introduced a concave 
blade. Later, SCABA and John Middleton pioneered the sharp 
edge design on the trailing side of the concave blade. Both 
innovations helped to reduce drag coefficient of a standard 
Rushton blade.  
 
When blades are rotating through a liquid the pressure in front of 
blade is lower than behind the blade. Gas phase introduced into 
the mix goes into large cavities in a streamline formed from the 
blades. The result is a drastic reduction of resistance and power 
required to turn the turbine. Power reduction deficit must then be 
adjusted by RPM increase, which is inconvenient for operation 
and requires specialized hardware.  When concave blades are 
used, the effect of gas cavities is diminished and power decrease 
in gassed conditions is much lesser. Also, with smaller gas 
cavities the impeller is less prone to flooding.  
 
It is generally desirable that a gas dispersing impeller has low 
Power Number that is constant or close to constant in gassed 
condition and can handle large amounts of gas without flooding. 
The point of flooding and gas handling characteristics strongly 
depend upon the blade shape, length and location in relation to 
axis of rotation. There is no literature data on systematic 
approach to gas dispersing impeller design.  


 
 
Several prototypes of impellers were built and tested in order to 
determine how geometry influences mixing characteristics.   
 
MODEL/EXPERIMENTAL 
 


 
Fig 1. Experimental setup, 0.61 m diameter vessel  x 1.83 m tall,  
           Electric motor with Variable Speed Drive, Torque 
           measurement with Strain Gages and Telemetry  
           Transmitter. Air delivered through Toroidal Sparger 
 
Tested Impellers: 
 


 
Rushton Smith C-1 


 
Fig 2. Tested impellers (1) 
 







  
C-2 PK -1 PK-2 


 
Fig 3. Tested Impellers (2) 
 
 


  
4MHS45 RC-Foil P-Foil 


 
Fig 4. Tested Impellers (3) 
 
 
Impellers were tested for gas dispersion characteristics, solids 
suspension capability in gassed and un-gassed conditions. 
Impeller flow and dissipation were measured in 0.61 m diameter 
test vessel using PIV technique. 
 
RESULTS 
 
Selected test results are presented below 
 


Impeller Comparison @ 300 RPM
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Fig 5.  Comparison of selected impeller performance in gassed 
            condition @ 300 RPM in 0.61 m diameter  vessel. 
 
Solids suspension capability was tested in 0.62 m diameter vessel 
with ASME dish bottom. All comparative tests were performed 
on sieved alumina particles with fraction size 125-149 microns. 
For each impeller Just Suspended speed was recorded. 
Experiments were done for gassed and un-gassed condition. 
Toroidal sparger was mounted under impellers.  


Impeller Comparison @ 350 RPM
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Fig 6.  Comparison of selected impeller performance in gassed 
            condition @ 350 RPM in 0.61 m diameter vessel 
 
 
CONCLUSION 
 
The final impeller design achieved desirable performance for gas 
dispersion as it has been presented in Fig 5 and 6. The gased 
power characteristics is flat. This design also performs very well 
in solids suspension applications.  
 
Impeller blades are relatively easy to manufacture with a series of 
single bends. 
 
Blade length significantly influences impeller performance. 
Blade length increase can be achieved by reduction of  disk 
diameter. Elimination of disk does not have negative effect on 
impeller gassed characteristics.  
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ABSTRACT 
The mixing performance of High Throughput 
Experimentation (HTE) reactors using Newtonian viscous 
fluids has been assessed using PIV and PLIF 
methodologies.  Qualitative features of the flows are very 
similar to those observed for laminar mixing in vessels on 
a larger scale.  However, the use of eccentric and square 
vessel configurations has been shown to be much less 
effective than would have been expected based on 
previous work on turbulent flows. 


NOMENCLATURE 
C impeller clearance 
D impeller diameter 
H liquid height 
N rotational speed 
Re  Reynolds number 
T stirred vessel diameter 
t time elapsed since tracer injection 


Tε  power input 
τ mixing time 
μ dynamic viscosity 


INTRODUCTION 
High Throughput Experimentation (HTE) stirred reactors 
are becoming increasingly popular within the 
pharmaceutical, catalyst and fine chemical industries as a 
powerful tool for molecule discovery and catalyst 
development.  For example, HTE Reactors are often used 
to test new catalyst formulations for use in hydrogenation 
and polymerisation reactions.  The scale of these reactors 
is small (volumes in the order of 15-250 ml) and low 
Reynolds numbers can cause poor mixing efficiency, 
particularly for viscous liquids (Hall et al., 2005a).  This 
can cause the reactions to be limited by the mass transfer 
rates.  In addition to their miniature size, these vessels are 
of unconventional geometry; arrangements such as 
eccentric positioning of the agitator, low impeller 
clearances and lack of baffles are common which preclude 
their characterisation via conventional scaling rules.  


The first attempts to characterise the fluid dynamics 
and mixing for turbulent flows within these small vessels 
have been made only relatively recently (Hall et al., 2004; 
Hall et al., 2005b) using Particle Image Velocimetry 
(PIV).  It was demonstrated that some of the limitations 
due to the lack of baffles for single phase mixing could be 
overcome by employing ‘eccentric’ or off-centre agitation, 
where the impeller shaft is moved away from the vessel 
axis.  Despite the difficulties of employing this approach 


at large scales due to stresses imposed on the impeller 
shaft, this is not an issue at the scale of the HTE vessels.  
An attempt at measuring the time required to achieve 95% 
mixedness in an HTE vessel by means of an improved 
Planar Laser Induced Fluorescence (PLIF) technique is 
described in a recent paper (Chung et al., 2007a). It was 
concluded that in the turbulent regime, adopting an 
eccentric configuration can reduce the mixing time by 
25% compared to HTE vessels with a standard baffled 
configuration. Macro-mixing characteristics of the two 
configurations were also studied in single phase mixing 
systems with liquids of higher viscosity by Hall et al. 
(2005a). At low Reynolds numbers, a radial flow pattern 
was observed in a fully baffled vessel agitated by pitched 
blade turbine, in contrast to the mixed flow pattern 
expected in turbulent flow.  This phenomenon has been 
observed previously at larger scales (Ibrahim & Nienow, 
1995). 


For the mixing of viscous fluids in large stirred 
vessels in the laminar flow regime, there are a number of 
recent publications in the open literature, using water-
glycerine mixtures as the Newtonian working fluid.  
Lamberto et al. (2001) carried out a Computational Fluid 
Dynamic (CFD) analysis on an unbaffled stirred vessel 
and identified strong secondary recirculation loops above 
and below a Rushton turbine.  Within each loop, a torus 
was formed within which the fluid was segregated.  The 
position of the loops was shown to vary with agitation 
speed. Zalc et al. (2001) performed CFD simulations on a 
stirred vessel equipped with a three coaxial Rushton disk 
turbines at values of Reynolds number, Re from 20-160.  
Good agreement was shown with experimental data 
obtained using PIV.  Furthermore, the size and location of 
the segregated areas obtained from poincaŕe sections 
identified in the simulations agreed well with PLIF 
experiments. Alvarez-Hernández et al. (2002) 
demonstrated that the segregated areas accounted for 20% 
of the cross sectional area in a glycerine filled multiple 
impeller system. At increased magnification, ripples were 
seen which are compressed radially and then elongated 
vertically outwards from the impeller. 


In this work, a 2-D PIV and a PLIF technique are 
used to provide an improved understanding of mixing 
within an HTE vessel of diameter T = 45 mm using single 
phase viscous Newtonian fluids.  The flow patterns and 
mixing times are directly compared to those within the 
turbulent regime from previous findings.   


MATERIALS AND METHODS 
Polypropylene Glycol (PPG) (Sigma-Aldrich, UK) of two 
different viscosities (μ = 0.443 Pas for PPG2000 and 
0.800 Pas for PPG2700) was used as the working fluid.  
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The vessel was agitated using a 6 blade 45o up-pumping 
PBT (H = T, D = 0.54T, C = 0.33T).  Values of Re were 
from 1-30 and 0.5-17 for PPG2000 and PPG2700, 
respectively.  Power inputs, 


Tε , ranged from 0.015 to 5.78 
W m-3 (N = 40-1257 rpm) for the four different mixing 
configurations adopted; fully baffled (B), unbaffled with 
centreline agitation (U), unbaffled with eccentric agitation 
(E), and a vessel in the shape of a cuboid (S).  


The 2-D PIV system comprised of a dual Nd:YAG 
532 nm pulsed laser (New Wave Inc., USA), synchroniser 
and a frame-straddling 1000×1016 pixel2 CCD camera 
(TSI PIVCAM 10-30; TSI Inc., Shoreview, MN), which 
captures 15 image pairs per second.  500 image pairs were 
captured.  Fast Fourier Transform (FFT) cross correlation 
was used to interrogate the two images, which were 
divided into 32×32 pixel interrogation areas (IA) with 
50% overlap between 2 neighbouring IA.  For PIV, silver 
coated hollow spheres of diameter 10 μm were used as 
tracer particles. PLIF experiments were performed by 
addition of a small quantity (~ 0.2 ml) of the appropriate 
PPG containing Rhodamine 6G using a syringe at the top 
of the vessel at 90o to the laser plane. 


RESULTS 
At low Reynolds numbers (Re < 4), the flow is discharged 
axially in the impeller discharge at an angle of ~ 45o for 
the (U) configuration as shown by the PIV data (Figure 1).  
When the Re was increased, the flow pattern changes to 
become predominantly radial (Figure 2).  This 
phenomenon is primarily caused by the formation of a 
recirculation loop in the upper part of the vessel as the 
power input is increased, forcing the axial discharge into a 
more radial direction. Similar results were obtained for the 
(B) configuration.  However, once the flow becomes 
turbulent, an axial flow pattern would be expected for the 
(B) configuration (Chung et al., 2007a).  The radial 
discharge creates segregated zones where flow rotates 
about a fixed centre point and its existence can be 
confirmed by PLIF images (Figure 3), as the darker 
regions.  These zones existed in all four configurations.  
The behaviour of the flow at this scale is in qualitative 
agreement with the large scale data from Lamberto et al. 
(2001) where segregation also occurs above and below the 
radial flow impeller.  
As well as comparing the mixing time required for the 
active mixing region using the PLIF technique described 
by Chung et al. (2007a), the area of segregation can be 
measured by thresholding technique to determine the rate 
of reduction of the size of the segregation with time; a 
similar technique to the dyed fractional area coverage 
analysis described by Alvarez- Hernández et al. (2002). 
Despite their small size, the time required to achieve 
homogenous mixing in the segregated regions is at least 
tenfold of that in the active mixing area of the vessel.  For 
example at 


Tε  = 5.78 W m-3 using PPG2700, the mixing 
time τ, in the active mixing region for the (B) & (E) 
configurations was less than 30 s; the segregated regions 
took up to 300 s to disappear completely.  In the (U) case 
however, τ in the bulk region was around 50 s and 
segregation still existed after 300 s.  


For both viscous fluids, (B) and (E) configuration 
produced the most rapid mixing, (in PPG2000 with 


Tε  = 
5.78 W m-3, τ =  100s); this conclusion is different from 
those arrived at earlier for the turbulent mixing regime 
(Chung et al., 2007a). In the turbulent regime, τ achieved 


by the (E) configuration was 2.2 s, approximately three 
quarters of that achieved by the (B) configuration at 3 s.   


The (S) configuration, which achieved a similar τ to 
(E) in the turbulent regime and was previously considered 
as an ideal replacement to baffled vessels at this scale in 
terms of mixing performance, surprisingly only managed a 
comparable mixing time to the (U) configuration (τ >300 s 
for both cases in PPG2000 with 


Tε  = 5.78 W m-3).  
The ripples described by Alvarez et al. (2002) were 


also observed at the HTE scale as shown in Figure 4.  Dye 
is compressed radially and elongated vertically outward 
towards the vessel wall. The vertical stretch progressively 
forms a parabolic profile in the (B) configuration. In the 
(S) configuration however, the ripples stayed vertical 
without any parabolic stretching as shown in Figure 5.  


CONCLUSION 
PIV and PLIF methodologies have demonstrated that 
qualitative features of laminar mixing on the HTE scale 
are very similar to those observed for vessels on a larger 
scale.  Regions of segregation where flow is rotating about 
a fixed point persist for times an order of magnitude above 
the mixing time in the bulk.  Despite their effectiveness in 
turbulent flow, square (S) vessel configurations are not 
effective substitutes for the baffled configuration (B) in 
laminar flow.  
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Figure 4: Ripples shown in the radial discharge in (B) 
vessel at 477 rpm, 


Tε  = 0.6 Wm-3 (μ = 0.449 Pa s), 
captured at t = 10s or 130 revolutions after tracer 
injection. 


Figure 1: Vector plot for (U) configuration at 100 rpm, 
Tε  = 0.045 Wm-3, Re = 1.5 (μ = 0.8 Pa s)   


 


 


 


 Figure 2: Vector plot for (U) configuration at 668 rpm, 
Tε  = 1.25 W m-3, Re = 9 (μ = 0.8 Pa s)   Figure 5: Ripples shown in the radial discharge in (S) 


vessel at 477 rpm, 
Tε  = 0.6Wm-3 (μ = 0.449 Pa s), 


captured at t = 10 s or 130 revolutions after tracer 
injection. 


  


 


 


Figure 3: Image of (U) vessel at 668 rpm, 
Tε  = 1.25 W m-


3, Re = 9  (μ = 0.8 Pa s), captured at t = 70 s after 
injection. 
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High shear, rotor-stator mixers are used in 
applications across a broad range of chemical 
and pharmaceutical process industries.  
Despite their widespread use, basic information 
characterizing their performance, including 
power draw data, is seldom found in the 
literature.  The purpose of this study was to 
measure and correlate the power draw 
characteristics of two different laboratory scale, 
batch, rotor-stator mixers, the Ross ME-100LC 
and the Silverson LR4.  Both units contain a 
four blade rotor that discharges the fluid radially 
outward through the stator slots.  Both have 
interchangeable stators of different geometry.  
The effects of mixing head details, stator 
geometry and flow regime were studied and 
results of practical utility were interpreted from 
a fundamental point of view. 
 
The Silverson L4R mixing head geometry is 
shown in Figures 1 and 2.  The rotor diameter 
is D = 28 mm and the shear gap width 
(between the rotor tip and stator) is δ = 0.2 mm.  
The mixing head was placed off center in an 
integrated, un-baffled 2.0 liter glass vessel, 
equipped with a lid.  The vessel was completely 
filled so there was no head space gas.  The 
Ross ME-100LC mixing head is quite similar, 
with D = 34 mm and δ = 0.5 mm. There is an 
off-set of the rotor blades around the stirrer 
shaft, but stator geometries are comparable.  
The mixing head was placed off center in a 
completely filled, integrated, un-baffled 2.5 liter 
stainless steel vessel.  The working fluids were 
water, glycerol and their solutions, to allow a 
broad range of viscosity, μ.  As a result, the 
variation in density, ρ, was limited.  Rotor 
speeds ranged from 1,500 < N < 9,000 rpm.  
This allowed measurements over the entire 
spectrum of expected Reynolds number. 
 
Power draw was measured with a Load 
Controls Inc. model PH-2A single phase power 
cell.  The primary measurement includes losses 
in the motor and in the mixing head bearings, 
as well as the true power imparted to the fluid.  
To subtract out friction losses in the bearings, a 
measurement was made with the rotor removed 
from the mixing head.  Both readings were then 


corrected for motor efficiency, as discussed 
below.  The bearing loss was then subtracted 
from the primary measurement to obtain the 
actual power consumed by the fluid.  To obtain 
the motor efficiency, the mixing head, stirrer 
shaft, supports and integrated vessel were 
removed from both the Ross and Silverson 
units.  They were replaced by a Rushton 
turbine and a baffled cylindrical tank of 
standard geometry.  The tank was mounted on 
a frictionless air bearing capable of directly 
measuring power consumption in the fluid P, by 
monitoring the force/torque required to prevent 
the tank from rotating.  The load on the motor 
was simultaneously measured using the 
aforementioned power cell.  The ratio of the 
former to the latter measurement is the motor 
efficiency.  The motor efficiency was found to 
depend both upon both load and rotor speed, 
so measurements were required over a broad 
viscosity range to develop the parametric 
efficiency curves. 
 
In batch vessels the conventional definitions of 
Power number NP, and Reynolds number NRe, 
are: 
 
           (1) 
 


For a rotor-stator mixing head the characteristic 
velocity is still ND which is proportional to tip 
speed, but the characteristic length scale is not 
necessarily the rotor diameter.  Many 
practitioners believe that performance is 
governed by the shear gap width, δ.  Our CFD 
simulations of turbulent flow indicate that fluid 
interaction with the stator plays an important 
role.  This suggests a length scale 
characteristic of the stator slot dimensions, 
such as the stator slot hydraulic radius Rh. 
 
Data were acquired in the turbulent flow regime 
in both units for all of the stator geometries of 
Figure 2.  In addition, data were acquired in 
both units over the entire Reynolds number 
range for the slotted and disintegrating heads.  
Full NRe range data were also obtained in the 
Silverson mixer for the square hole stator.  The 
data were correlated as NP versus NRe using all 
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three possible characteristic length scales: D, δ 
and Rh.  Using δ in the laminar regime and Rh in 
the turbulent regime was particularly insightful.  
In the laminar regime, use of δ showed that the 
Power number was inversely proportional to 
Reynolds number as is the case for pipes and 
cylinders/spheres (friction factor/drag 
coefficient) and stirred tanks.  In turbulent flow 
the constant Power number correlated 
monotonically with hydraulic radius or an 
equivalent parameter.  However, it should be 
noted that for a given rotor and stator 
combination, the three length scales were not 
varied, and conventional stirred tank definitions 
of NP and NRe provided an equally good fit to 
the data.  It was concluded that, at this point, 
the standard definitions of NP and NRe, given in 
Eq. (1), should be used to develop/present the 
final correlations. 
 
Typical Power number curves for the Ross and 
Silverson mixers are shown in Figure 3 for the 
slotted stator head.  These curves are similar in 
trend and magnitude to those for stirred tanks.  
It is seen that the Silverson mixer draws more 
power in the laminar regime and less power in 
the turbulent regime than the Ross mixer.  This 
was usually the case for all stator geometries.  
Analysis of the entire data set indicated the 
following trends.  For a given unit, the Power 
number is independent of stator geometry in 
laminar flow.  For fully developed turbulent flow, 
the Power number becomes constant, but is a 
strong function of stator geometry.  Examination 
of mixer head details indicates that all of the 
trends reported above are consistent with the 
pronounced influence of shear gap width in 
laminar flow and of stator slot details in 
turbulent flow.  For a given stator geometry, 
turbulent Power numbers for the two units could 
be collapsed to a single number by 
consideration of stator details. 
 
In summary, power draw data were acquired for 
two geometrically similar radial discharge type 
batch rotor-stator mixers over a wide range of 
experimental conditions.  Since several length 
scales influence flow field dynamics, the 
appropriate definitions of Power and Reynolds 
number were examined.  It was concluded that 
the conventional definitions of these 
dimensionless groups, as given in Eq. (1), 
adequately correlate the data.  In laminar flow, 
NP is independent of stator geometry. In  
 
 
 
 
 
 


turbulent flow NP is constant but depends upon 
stator geometry.  Small differences in geometry 
between the Ross and Silverson mixing heads 
significantly affect power draw, but these can 
be reconciled based upon mechanistic 
considerations. 
 
Detailed arguments to substantiate these 
claims will be given in the presentation. 
 
 
 
 
 
 
 
 
 
 
Figure 1.  Silverson mixing head: a) with the 
dissintegrating stator; b) view from beneath the 
mixing head. 
 
 
 
 
 
 
 
 
 
 
Figure 2.  Silverson stator heads: a) Slotted; b) 
Disintegrating; c) Fine Emulsor; d) Standard 
Emulsor; and e) Square Hole 
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Figure 3.  Power number correlations for Ross 
and Silverson mixers with the slotted stator 
head. 
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EXTENDED ABSTRACT 
The simulation of dense gas-solid and liquid-solid flows 
has great relevance for many applications in chemical and 
environmental engineering. Driven by our desire to reveal 
the often rate limiting processes at the particle scale, 
discrete particle methods (DPM) are being developed. In 
the DPM the motion of each individual particle (including 
its collision with other particles and with walls) is tracked, 
whereas the interstitial gas or liquid flow is solved in an 
approximate manner. Strong computers and fast 
algorithms nowadays allow for DPM simulations with 
tens of thousands of particles thus allowing for realistic 
simulations of meso-scale effects in process equipment.  
 
In chemical engineering, the applications driving the 
above developments, however, usually involve more than 
the fluid and granular dynamics, heat and (reactive) mass 
transfer being prominent examples. In order to model the 
transport of a scalar in the continuous phase, somehow the 
role of the particles in the spreading of the scalar needs to 
be taken into account. So far this modeling is largely 
based on empirical dispersion models as they can be found 
in e.g. the monograph by Levenspiel on Chemical 
Reaction Engineering (1962) and references therein. 
 
In the present study, numerical experiments are described 
that directly probe the spreading of a passive scalar as a 
result of solid particle motion. The moving particles 
agitate the interstitial fluid. Subsequently the flow 
disperses the scalar dissolved in the fluid. Goals of the 
simulations are to find out how the scalar spreading scales 
with the parameters governing the particle and fluid 
motion such as the granular temperature, the mean free 
path of the particles and the fluid’s viscosity, and to 
propose expressions for scalar dispersion coefficients.  
 
The systems we study numerically consist of three-
dimensional periodic domains that contain uniformly 
sized, solid, spherical particles and interstitial fluid. The 
particles move as a granular gas with a constant (granular) 
temperature, i.e. they move ballisticly through the fluid 
and undergo fully elastic and smooth collisions. The 
particles do not feel the presence of the fluid. At the fluid-
solid interfaces, however, we impose a no-slip condition 
on the fluid. In that manner the fluid responds to the 
particle motion and gets agitated. Once this fluid-solid 
system is fully developed we release a passive scalar in 
the form of a two-dimensional slab in the fluid phase. By 
solving the convection equation for the scalar, we observe 
how it spreads by the action of the moving solid particles 
only. We do not consider mass transfer between the 


particles and the fluid, the solid particles are only there to 
agitate the fluid and thus mix the scalar dissolved in the 
fluid phase. This procedure is illustrated in Figures 1 and 
2. Figure 2 shows ensemble average concentration profiles 
at different moments in time, and the Gaussian fits 
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of the profiles (σ) develops in time is used to quantify 
scalar spreading. 


The primary independent variables in the 
numerical experiments are the solids phase volume 
fraction φ, and the Reynolds number based on the granular 


temperature Tg of the particles R e g p
g


T d


ν
= , with dp the 


particle diameter, and ν the fluid’s kinematic viscosity. To 
limit the parameter space, we give the dissolved scalar a 
very high Schmidt number, i.e. we set the molecular 
diffusivity of the passive scalar to zero. 


There is a very distinct effect of the solids volume 
fraction on scalar spreading. In Figure 3a we show that the 
scalar spreading increases significantly with decreasing 
solids volume fraction. This is not a surprising result. The 
mean-free-path (MFP, symbol λ) of the solid particles 
increases with decreasing solids volume fraction (for 
dilute gases this is an inversely proportional relationship). 
If the particles are able to travel longer in a certain 
direction, they take with them the scalar over longer 
distances. This notion suggests that it makes sense to non-
dimensionalize the scalar spreading and the time in terms 
of collisional parameters, viz. the MFP and the collision 
frequency (fc) of the particles. This we do in Figure 3b. 
The curves at different volume fraction now more or less 
overlap. 
Also shown in Figure 3b is the (by the eye) best fit 
through the bundle of curves according to the function 


ctfσ α
λ
= , with α a fitting parameter. If the scalar 


spreading were a process that could be described with a 
single effective diffusion coefficient D, the way σ depends 
on time is 2Dtσ = . Relating this to the way we fitted 


our scalar spreading results gives 21
2 cD fαλ= . The 


fitting parameter α appears to depend on the granular 
Reynolds number. In Figure 4 we show this for the four 
values of Reg investigated. Given the MFP, the collision 
frequency, and Reg, we are now able to estimate effective 
diffusion coefficients for scalar spreading in the interstitial 
fluid in gas-solid, or liquid-solid systems. 
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Figure 1: Snapshots of concentration contours in cross 
sections through the cubic domain at four subsequent 
moments in time. The white disks represent the particles 
that all have the same size but different distance to the 
plane of cross section; φ=0.30 and Reg=104. 
 


Figure 2: Simulated (dashed lines) and fitted (solid lines) 
one-dimensional concentration profiles at three instants in 
time, φ=0.30 and Reg=104. 
 


Figure 3: Profile width σ as a function of time for various 
solids volume fractions at φ=0.30 and Reg=2.8. (a): scaling 
with particle diameter dp and granular temperature Tg; (b) 
scaling with collision frequency fc and mean-free-path λ. 
 


Figure 4. Fit parameter α as a function of the granular 
Reynolds number Reg. The dashed lines indicate trends. 
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ABSTRACT 


New innovations and trends in the development of new mixing processes involving viscous 
and rheologically complex media will be discussed. Two technologies will be presented, 
based respectively on the Single-shaft Multifunctional Impeller Mixer concept typified by the 
Sumitomo Maxblend, and the Multi-Shaft Coaxial Mixer design, exemplified by the 
Sumitomo Superblend Mixer and the more classical anchor-turbine arrangement. A review of 
the performance of these mixers will be given in the context of the processing of complex 
media as well as information regarding their design
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ABSTRACT 
 
Microencapsulation is a widespread technology that has many applications, like the protection and controlled-
release of active ingredients in the medical and cosmetics industries, or the fabrication of fragranced fabrics in the 
textile industry. 
 
This work focuses on the emulsification step of an interfacial polymerization microencapsulation process. Firstly, 
an emulsion is prepared that comprises a population of droplets. This dispersed phase contains a monomer. In a 
second step, another monomer, which is soluble in the continuous phase, is added to the system to begin the 
reaction at the interface of droplets.  
In industry, microencapsulation by interfacial polymerization is usually performed in stirred-tank reactors, where 
both the emulsification and encapsulation steps are carried out. But this process is very costly in energy due to 
the power input necessary for the generation of a fine dispersion, as well as the time needed to get the right drop 
size distribution. Moreover, the characteristics of the final product, such as the particle size distribution with 
respect to the target size, and the membrane thickness and structure, are not necessarily well controlled. These 
characteristics are strongly dependant on the hydrodynamic conditions of the different steps. In particular, it is 
crucial to control the drop size of the emulsion in order to control the microcapsule size distribution resulting from 
this process. 
  
In this study, the emulsification process is carried out using Sulzer SMX mixers. Such mixers are usually 
employed for the dispersion of viscous liquids in the laminar flow regime. However, it is demonstrated in this study 
that they are also well adapted for liquid-liquid dispersion in turbulent flow. 
The influence of the dispersed phase concentration, the flow velocity and the number of mixing elements on the 
drop size distribution under various turbulent flow conditions is investigated. The drop size distribution is 
characterized in terms of the mean surface-volume drop diameter and standard deviation, which are measured 
with a laser diffraction device. The emulsions are cyclohexane-in-water stabilised with Tween 80, which are the 
same fluids involved in the system chosen for the encapsulation process. 
 
A correlation of the Sauter mean diameter with the Weber number and the Reynolds number is proposed for the 
flow rate range studied and compared with the correlation given by Streiff (1977) for SMV Sulzer mixers at low 
energy input. 
 
The dispersion process in turbulent flow is governed by the ratio of the stress forces outside the drop to the 
surface forces at the interface of the drop. The external stress forces are the turbulent drag forces on the drop 
surface created by local velocity differences, which are promoted by turbulent eddies. In this case, the smallest 
drop size corresponds to the microscale of turbulence and the size can be correlated with the specific energy 
dissipation in the mixer. The specific energy can be determined from flowrate and pressure drop through the static 
mixer. 
Since the correlations available to calculate the pressure drop in SMX mixers are valid for single phase Newtonian 
fluid flow, the pressure drop of the liquid-liquid flow is measured in this study and used to calculate the specific 
energy dissipation. A correlation of the maximum drop diameter with specific energy dissipation is proposed and 
compared with that given by Hinze (1955) for isotropic turbulent flow. 
Finally, the minimum number of mixer elements required to obtain a stable drop diameter is given for different 
hydrodynamic conditions and dispersed phase concentrations.   
 
The work carried out has enabled the emulsification conditions in the static mixer to be optimized, which should 
allow the encapsulation process to be performed in the best conditions. Moreover, the SMX static mixers show 
good performance for emulsification in turbulent flow in terms of droplet size and energy consumption compared 
with the conventional stirred-tank reactor. 
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ABSTRACT 
In the present work, CFD simulations are carried out to 
study solid suspension and gas dispersion in gas-liquid-
solid mechanically agitated contactor using Eulerian-
Eulerian Multifluid approach. A multiple frame of 
reference (MFR) is used to model the impeller and tank 
region. The CFD model predictions are compared 
qualitatively with the literature experimental data and 
quantatively with our experimental data. The present 
study also involves the effects of impeller diameter, 
impeller design, impeller speed, particle size, solid 
loading and superficial gas velocity on the critical 
impeller speed and power consumption for solid 
suspension and gas dispersion in gas-liquid-solid 
mechanically agitated contactor.  
 
NOMENCLATURE 
σ   standard deviation value  
Cavg  average concentration of solid in the tank 
ci  local concentration of solid in the tank 
n  number of sampling locations used 


INTRODUCTION 
Mechanically agitated contactor involving gas-liquid-solid 
flows are widely used in the chemical industries and 
mineral process industries. It is essential to understand the 
solid suspension and gas dispersion in three-phase reactor 
for the determination of mass and heat transfer, which will 
lead to accurate design and scale up of stirred reactors. 
One of the main criteria which are often used for 
characterising the solids suspension in such reactor is the 
critical impeller speed (Njs) at which solids are just 
suspended. A correlation for minimum impeller speed for 
complete suspension in two phase stirred reactors was first 
proposed by Zwietering (1958). In recent years, CFD 
based simulation have been used to model the liquid-solid 
flows in stirred tank (Montante et al., 2001), gas-liquid 
flows in stirred tanks (Khopkar et al. 2006) by employing 
Eulerian-Eulerian approach.  In this work, Multiphase 
CFD simulation based on Eulerian-Eulerian approach is 
carried out to predict for solid suspension characteristics 
in gas-liquid-solid mechanically agitated contactor under 
critical impeller speed .  


EXPERIMENTAL DESCRIPTION 
The schematic diagram of experimental setup is shown in 
figure 1. Experiments were conducted in baffled 
cylindrical tank of internal diameter of 250 mm and 
bottom of tank was considered as elliptical. The two type 
of impellers employed were six-bladed Rushton turbine of 


diameter 100 mm and four-bladed 45° pitched blade 
turbine diameter of 125 mm with impeller off bottom 
clearance of 62.5 mm.  The liquid used was tap water and 
the solid was ilmenite particles of size in the range of 100-
250 mμ  and  density of 4200 kg /m3. Air was admitted to 
the reactor using pipe sparger and placed at a clearance of 
25 mm from the center of the impeller. Other details of 
present experiment study is available in our earlier 
published work (K.S.Geetha and G.D.Surender, 1997). 
The experiments were carried out for the prediction of 
critical impeller speed which was further verified by the 
criteria proposed by Zwietering (1958). 


 


 


 


Figure 1: A Schematic Diagram of the Experimental 
Setup 


MODEL DESCRIPTION 
Eulerian-Eulerian based hydrodynamic model is used to 
model the gas-liquid-solid flows in agitated contactor. A 
multiple reference frame (MFR) approach is used to 
simulate the impeller rotation in a fully baffled reactor. 
The interaction between the liquid and solid phases is 
modeled through the interphase drag force of Brucato et. 
al., (1998). The gas-liquid interaction is modeled by the 
modified Brucato drag model (Khopkar et al., 2006). The 
top surface of agitated contactor is considered as 
degassing boundary condition. No-slip wall boundary 
conditions are applied for all three phases on the tank 
walls and shaft.  


RESULTS AND DISCUSSTIONS  
Preliminary simulations are made for liquid-solid and gas-
liquid phase to obtain flow field and these are validated 
with literature experimental data.  
 
Solid-Liquid flows  
In liquid-solid system, CFD model predictions of radial 
profile of solid velocity are validated with experimental 
data of Guha et al., (2007) in the case Rushton turbine 
impeller. Similarly in the case of Pitched blade turbine 
impeller, experimental data of spidla et al., (2005) have 
been used for the comparison of the axial solid 
distributions. The axial profile of axial solid velocity at  a 
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radial position of r/R =0.5 for overall solid  holdup of 7 % 
at the critical impeller speed of 1200 rpm is shown in 
Figure 2 for Rushton turbine impeller. For pitched blade 
turbine impeller, Figure 3 shows the axial distribution of 
solid volume fraction at the radial position of r/R= 0.8 for 
overall solid holdup of 0.1 at the critical impeller speed of 
267 rpm.   A good comparison can be observed  between 
CFD prediction and experiment measurement of axial 
solid concentration from these figures.  
 
 


 


 


 


 


 


Figure 2: Axial profiles of axial solid velocity for solid 
holdup of 7% at a speed of 1200 rpm and for Rushton 
turbine impeller. 
 


 


 


 


 


 


 
Figure 3: Normalized axial concentration profiles for 
solid holdup of 10% at a speed of 267 rpm and for pitched 
blade turbine impeller. 
 
Gas-liquid flows 
In gas-liquid system, CFD model predictions of radial 
profiles of liquid velocity are validated with experimental 
data of Aubin et al., (2007) for the pitched blade turbine 
with downward and upward pumping. Figure 4 shows the 
radial  profile of axial liquid velocity at  axial position 
(z/T = 0.31) at the impeller speed of 300 rpm for the case 
of pitched blade downwards pumping. It can be seen that 
excellent agreement is obtained between the CFD model 
and experimental data.  
 
 
 
 
 
 
 
 
Figure 4: Radial profiles of dimensionless axial liquid 
velocity for pitched blade turbine with downward 
pumping of speed of 300 rpm. 
 
Gas-Liquid-Solid flows 
In gas-liquid-solid system, CFD model predictions are 
validated quantitatively with our own experimental data in 
terms of critical impeller speed and power 
consumption.The critical impeller speed of 8.67 rps for  
the case of Rushton turbine impeller and 7.13 rps for the 
case of 4 bladed pitched blade turbine with downward 
pumping which was obtained by experimental data are 


used in CFD simulation. Particle size is taken as 250 μm 
with solid loading of 30 by wt % at the gas sparging rate 
of  2 lpm.  Since the incorporation of Zwietering criteria 
to predict critical speed for suspension in the CFD 
simulation is difficult, the quality of solid suspension is 
quantified in terms of standard deviation of solid 
concentration which is  defined as  
                                    (1) 
                                                                                                          
 
For uniform suspension σ <0.2, for Just suspension 
0.2<σ> 0.8, and for incomplete suspension σ > 0.8. 
 
The calculated standard deviation from CFD simulation 
shows just suspension condition (σ = 0.72 for Rushton 
turbine and σ =0.78 for Pitched blade impeller). 


 


 


CONCLUSION 
 
   (a)       (b) 
Figure 5: Solid holdup distribution predicted by CFD at 
the critical impeller speed (a) for Rushton turbine (b) 
Pitched blade turbine  


CONCLUSIONS 
The two-fluid model along with the standard k-ε model of 
turbulence is developed to study critical impeller speed for 
solid suspension in gas-liquid-solid mechanically agitated 
contactor. The predicted results from CFD simulation are 
compared with the experimental data. A very good 
agreement is obtained between CFD simulations and 
experimental data in term of axial solid velocity and solid 
holdup distribution and critical impeller speed. The model 
is also used to study effects of impeller diameter, impeller 
design, impeller speed, particle size, solid loading and 
superficial gas velocity on the critical impeller speed and 
power consumption for solid suspension and gas 
dispersion in three-phase mechanically agitated contactor.  
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ABSTRACT 
Accurate modelling of gas-liquid stirred tanks requires a 
population balance model (PBM) to be solved 
simultaneously with a computational fluid dynamics 
(CFD) solver due to presence of strong bubble-liquid 
interactions. As a first stage in the development of such a 
coupled simulation, a single compartment population 
balance model based on the quadrature method of 
moments was developed and tested for a system involving 
bubble break-up and coalescence. The single compartment 
model was then extended to a multi-compartment model 
for the simulation of aerated stirred tanks. Due to lack of 
experimental data for such a case, the local turbulent 
dissipation rates and flowrates were obtained from a CFD 
simulation. The final stage was to implement the 
population balance equation within a commercial CFD 
software, FLUENT, using user-defined subroutines to 
account for the gas-liquid interactions. A moment 
correction function was applied to enhance further the 
accuracy of the PBM solution in the coupled CFD-PBM 
simulation. Results from the multi-compartment model 
and the CFD-PBM simulation were compared to the 
experimental data available in the literature. The predicted 
local bubble size and gas hold-up showed good agreement 
to Laakkonen et al.’s (2007) experimental data. The 
distribution of the local mass transfer coefficient (kLa) in 
the tank was also evaluated, using the bubble sizes and 
slip velocities obtained from the simulations. 


INTRODUCTION 
There are many industrial processes that involve gas-


liquid dispersion in stirred tanks, for example in fine-
chemical manufacturing or in biochemical fermentations. 
For economic, as well as safety reasons, it is necessary to 
develop good models for scaling up and design of such 
reactors. 


The most important issue in gas-liquid dispersion 
modelling is the prediction of bubble size and gas-liquid 
interfacial area. As shown experimentally by many 
researchers (e.g. Barigou and Greaves, 1992; Laakkonen 
et al., 2005) the distribution of bubble sizes varies inside 
the stirred tank depending on the spatial position. 
Generally, bubble sizes around the impeller discharge 
stream are the smallest due to high turbulent dissipation 
rates which cause breakage. Knowledge of bubble sizes is 
necessary in a two-phase CFD model for calculation of the 
drag coefficient; hence the population balance, phase 
continuity and momentum equations are coupled and 
should not be solved separately. In addition, bubble sizes 
are required in combination with the local gas volume 
fraction for calculation of the interfacial area, which is an 


important variable in designing an aerated stirred tank to 
achieve a required rate of gas-liquid mass transfer. 


The first part of this paper focuses on the development 
and validation of a single compartment population balance 
model based on the quadrature method of moments 
(QMOM) for a system involving bubble break-up and 
coalescence. The QMOM is chosen to solve the 
population balance equations because it requires less 
computational effort and can provide a more accurate 
solution than the method of classes. The QMOM also has 
never been previously applied to solve bubble coalescence 
and breakage problems in aerated stirred tanks. In the 
second part of the work the single compartment is 
extended to a multi-compartment model for simulation of 
gas-liquid stirred tanks. The exchange flows between 
compartments and the local energy dissipation rates are 
estimated from separate CFD calculations conducted 
assuming a uniform bubble size. Finally, the fully coupled 
CFD-PBM model is implemented, employing user-defined 
subroutines to take into account the strong gas-liquid 
interactions. Results from CFD-PBM and multi-
compartment models are then compared with the 
experimental measurements of Laakkonen et al. (2007). 


MODELLING APPROACH 
The 14L aerated stirred tank driven by a Rushton 


turbine, studied by Laakkonen et al. (2007) was 
considered for the multi-compartment and CFD-PBM 
modelling. Gas was injected through a sparger ring at a 
flow rate of 0.7 vvm. At first, a two-phase CFD simulation 
was performed assuming a uniform bubble diameter of 
2.5 mm throughout the tank. The CFD simulation was 
performed using a full tank domain consisting of about 
370k nodes. The impeller movement was modelled using 
a multiple reference frame and the Eulerian-Eulerian 
approach was employed for the multiphase modelling. The 
turbulence was modelled using the two-phase realizable 
k-ε model. Transient solvers with second-order implicit 
time advancement and the third-order (QUICK) spatial 
interpolation scheme were also applied. The interphase 
drag coefficient was estimated using the Schiller-
Naumann drag model, although user-defined routines for 
other bubble drag laws have also been investigated. 


The quadrature method of moments (QMOM) was 
employed to solve the population balance equation. The 
abscissas and weights evolution were calculated using the 
product difference algorithm of Gordon (1968). The 
bubble breakage and coalescence kernels were modelled 
using the Prince and Blanch (1990) model. The moment 
correction function proposed by McGraw (2006) was also 
employed to reduce the error in the moments evolution 
due to numerical diffusion in the CFD-PBM simulations. 
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McGraw’s correction function exploits the smoothness of 
the moments series by constructing the third-order 
difference of the logarithms of the moments. 


RESULTS AND DISCUSSION 
The gas-liquid flow in a bubble column with a 


superficial gas velocity of 0.12 m/s studied Degaleesan 
(1997) was considered for the initial development of the 
single compartment simulation. A CFD simulation has 
been carried out using the Eulerian-Eulerian model 
assuming a uniform bubble diameter of 4.4 mm 
throughout the column (estimated from Wilkinson’s 
(1991) correlation). The mean turbulent dissipation rate of 
0.8 m2/s3 from the CFD simulation was used for the 
remainder of the single compartment bubble dynamics 
modelling. The bubble break-up and coalescence kernels 
were modelled using the expressions proposed by Prince 
and Blanch (1991). The initial bubble distribution was 
assumed to be a lognormal with geometric mean diameter 
of 5 mm and a standard deviation of 0.05. The PBM 
QMOM equations were solved using a different number of 
quadrature points ranging from two to five. Table 1 shows 
the predicted bubble Sauter mean diameter in the bubble 
column. The PBM predictions are in good agreement with 
the values calculated from the correlation of Wilkinson 
(1991). It is also interesting to note that computation at 
higher quadrature points (e.g. 5) requires greater 
computational effort, more than 2000 % compared to 
those with only two quadrature points, but produces less 
than a 1 % gain in accuracy. 


The model was also tested for the cases of a higher 
turbulent dissipation rate, smaller initial bubble size and 
higher gas hold-up, to examine the effects of these 
variables on the final state of the two-phase flow. Table 2 
shows that the initial bubble size was unrelated to final 
bubble size, which as expected depends on the gas hold-up 
and turbulent dissipation rate; higher ε values promote 
more breakage and higher gas hold-ups lead to more 
coalescence. 
 
Table 1: Comparison of QMOM result obtained at 
different quadrature points for ε = 0.8 m2/s3 
N 2 3 4 5 
D32 (mm) 4.91 4.95 4.94 4.94 
CPU time (s) 6.66 25.68 67.91 158.15 


 
Table 2: Comparison of QMOM result obtained at 
different turbulent dissipation rates and gas volume 
fractions for three quadrature points 
ε (m2/s3) 0.8 0.8 2.0 2.0 0.8 0.8 
αg 0.29 0.29 0.29 0.29 0.58 0.58 
Initial Dmean 2.20 5.00 2.20 5.00 2.20 5.00 
D32 (mm) 4.95 4.95 3.22 3.22 5.70 5.70 


 
The single compartment model was then expanded to a 


multi-compartment model for a gas-liquid stirred tank. 
The turbulent dissipation rates and the inter-compartment 
gas fluxes were obtained from the CFD simulation 
previously described. The sparger was treated as a source 
of constant bubble diameters of 2 mm. In the last stage, 
the PBM was also implemented on top of the commercial 
CFD software, FLUENT 6.3, via user defined subroutines 
to account better for the bubble-liquid interactions. 


Further details will be provided in the conference 
presentation. 


Results from the multi-compartment and CFD-PBM 
simulation are compared with experimental measurements 
of Laakkonen et al. (2007) in Figs. 1 and 2. The local 
bubble size of the aerated stirred tanks was predicted well 
by both the multi-compartment and the CFD-PBM 
method. As expected the CFD-PBM simulation provides 
more accurate prediction of the local bubble size due to 
better representation of the bubble-liquid interactions and 
because it considers a much larger number of control 
volumes than the multi-compartment model. The largest 
bubbles were found above the sparger, while the smallest 
ones were predicted around the impeller, where the 
turbulent dissipation rate is a maximum. 


With knowledge of the local bubbles size, the local mass 
transfer coefficient (kLa) in the tanks was estimated using 
the Higbie’s penetration theory. Fig. 3 shows the predicted 
local kLa in aerated stirred tanks: the smallest values can 
be observed in the lower parts of the tank and also below 
the sparger. This region is often referred to as a dead zone 
in aerated bioreactors. The lower kLa values in the lower 
regions of the tank are due to the poor dispersion of 
bubbles by the Rushton turbine. 


CONCLUSION 
A PBM based on the QMOM has been successfully 


developed for application in aerated stirred tanks. The 
local bubble size is predicted well by both the CFD-PBM 
and the multi-compartment models. Although the latter is 
computationally cheap and easy to run, its predictions are 
not as accurate as the CFD-PBM model. Despite that, the 
multi-compartment model might be the model of choice in 
early assessment stages, due to its reasonable accuracy 
and ease and speed of implementation. Of course the 
CFD-PBM model is a better choice for a more accurate 
prediction. The local kLa also can be estimated with 
knowledge of the local bubble size from the PBM 
solution. Knowledge of local kLa is of importance in scale-
up studies of aerated stirred tanks. 
 


 
Figure 1: Prediction of local bubble size, d32, (mm) by 
multi-compartment model, italic font (CFD-PBM MUSIG 
Laakkonen et al., 2007), bold font (Laakkonen et al. 
(2007) experiment), underlined font (this work). 
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Figure 2: Prediction of local bubble size (d32) by CFD-
PBM. Bubble size in m. 
 


 
Figure 3: Prediction of local kLa (s-1) 
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Abstract 
Mixing in stirred vessels is perhaps the most common unit operation involved in many industrial 
processes. Some examples of industries requiring mixing in their processes are food, chemical, 
paper and waste treatments among others. At low Reynolds numbers, pseudocaverns, defined as 
well-mixed regions can be formed close to the impeller when agitating Newtonian fluids. On the 
other hand, dead regions can be formed far away from the impeller. As a consequence, either 
infinite or long mixing times are required to achieve a certain degree of homogenization, so that 
the process becomes inefficient. Solomon et al (1981) observed two ring vortices formed below 
and above the impeller when mixing viscous Newtonian solutions at low Reynolds numbers. Such 
well-mixed regions and dead zones can be eliminated if the impeller speed is increased leading to 
higher energy consumption and as a result the operating costs can drastically increase. 


Flow patterns in stirred vessels have been visualized using several techniques reported in the 
literature. Very likely, the easiest way to visualize these structures and flow non-homogeneities 
consists of using a non-intrusive technique based on a fast acid /base reaction as described by 
Norwood and Metzner (1960). Such a technique has been also used to reveal the existence, 
locations and size of pseudocaverns and dead zones (Lamberto et al,1996) and for measuring 
mixing times in stirred vessels (Ascanio et al, 2002). This paper describes a technique for 
breaking such structures (caverns for shear-thinning fluids and pseudocaverns for Newtonian 
fluids) by means of planetary system of mixer.  


Little information about the hydrodynamics of planetary mixers has been reported in the literature. 
Tanguy et al, (1999) conducted a study of a double planetary mixer showing that such a 
configuration provides good radial dispersion but poor axial dispersion. Zhou et al (2000) used a 
double planetary mixer with non-Newtonian and viscoelastic fluids; they characterized the power 
draw by the mixer by obtaining a power curve.  Clifford (2004) performed an experimental study of 
a planetary mixer and compared his results with those obtained from numerical simulation based 
on a simple mathematical model of the flow. A small inner planetary gear rotates around a fixed 
internal gear and they obtained poor mixing at low Re. Others studies about planetary mixers 
were made by Delaplace et al (2005) who develop modified Re and Po numbers for systems 
called as TRIAXE with highly viscous fluids. Using the same system Delaplace et al (2007) 
studied the two motions generated by the impeller which periodically made contact with the entire 
volume of the vessel. In all these cases studied, the power consumption was evolved 
dramatically. In this case, the systems developed performed rotation and translation movements. 
The area occupied by the mixer in the tank is similar to that occupied by two Rushton turbines, but 
in this case the movement of the impeller is similar to the earth’s motion around the sun.   


The present work describes a planetary mixer which has been characterized in terms of the power 
drawn and the hydrodynamics associated with Newtonian fluids. 







Figure 1 shows the experimental setup used for this work. It consists of a transparent 
polycarbonate vessel of 165 mm inner diameter and 210 mm height.  The mechanical drive 
consists of a ½ hp DC motor coupled to a rigid shaft in which   a gear is attached. Such a gear is 
coupled to another one which transmits the rotational motion to the impeller array composed by 
two coaxial Rushton turbines. Glycerin was used as inelastic Newtonian fluid. Flow patterns were 
visualized by means of the colorimetry technique using a tracer which color is very sensitive to pH 
changes. On the other hand, the flow fields were obtained by means of 2D particle image 
velocimetry. 


 
 
 
 
 
 
 
 
 
 
 
 
 
 


 
Figure 1. Experimental setup (dimensions in mm) 


 
The power characteristics of the planetary mixer as well as the mixing times and flow patterns 
observed will be presented during the symposium. 
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ABSTRACT 
The flow pattern and the distribution of energy 


dissipation in a batch rotor stator mixer have been 
investigated. Computational Fluid Dynamics (CFD) with a 
sliding mesh and standard k-ε turbulence model was 
employed to predict velocity and energy dissipation rate 
distributions and those predictions were verified by the 
Laser Doppler Anemometry (LDA) measurements. The 
agreement between predictions and experimental results 
was generally very good, but the maximum velocity of the 
jets coming out from stator holes was under-predicted. 
The results showed periodicity of the jet flow that can be 
related to the frequency of rotor’s passing blades. The 
energy balance based on measured velocity distribution 
indicated that about 70% of energy is dissipated in close 
proximity to the mixing head. Both simulation and 
measurement showed that the energy dissipation rate 
scaled with N3. 


NOMENCLATURE 
D rotor diameter, m 
N rotor speed, s-1 


Urad radial velocity, m s-1 
Utip radial velocity, m s-1 


 
ε energy dissipation rate, m2s-3 
εmax maximum energy dissipation rate, m2s-3 
εave average energy dissipation rate, m2s-3


 


INTRODUCTION 
Rotor stator mixers have been used extensively to 


handle processes which require high energy dissipation 
rate per unit volume usually encountered in food, 
cosmetics, chemicals and pharmaceuticals industries. 


The power curves of batch rotor stator mixers have 
similar shape to that of stirred tank with the power number 
inversely proportional to the Reynolds number in the 
laminar flow regime and practically constant in the 
turbulent flow regime (Myers et al., 2001; Padron, 2001; 
Doucet et al., 2005). The turbulent power number varies 
from 1 to 3 depending on the geometries of the rotor and 
stator, but the gap width has only little effect on power 
draw (Padron, 2001; Doucet et al., 2005). 


Calabrese et al. (2000) investigated the dispersion 
mechanism in a batch rotor stator mixer and suggested 
that droplet breakup occurred due to inertial sub-range 
eddies in the jets or viscous force in the sub-microscale 
eddies but not due to shear in the gap. 


In this study, flow pattern, pumping capacity and the 
distribution of energy dissipation rate in a batch radial-


discharge rotor stator mixer was investigated by using 
Computational Fluid Dynamics (CFD) verified by Laser 
Doppler Anemometry (LDA) measurement. The 
prediction of the distribution of energy dissipation rate in 
the tank especially in the proximity of mixing head can 
provide an insight on how and where the dispersion occurs 
in the rotor stator mixer and therefore can give a better 
understanding on the scale-up procedure and designs 
procedures. 


EXPERIMENTAL AND SIMULATION DETAILS 
The rotor stator mixer investigated in this work was a 


Silverson L4RT. The mixing head, fitted with a standard 
disintegrating head (6 holes), was placed in the centre of 
an unbaffled vessel of diameter 150 mm. The rotor 
diameter was 28.2 mm and the gap width was 0.175 mm. 
The working fluid was water and the rotor speed varied 
between 2000 and 4000 rpm. 


The transient simulation was carried out in Fluent 6.2 
using a standard k-ε turbulent model. The simulation 
results were verified by using LDA data. 


RESULTS 


Flow Pattern in the Bulk Region 


The prediction of flow pattern in the r-z plane (θ=0) 
generally agrees very well with measurement result 
(Figure 1). However, the magnitude of the radial velocity 
of the stream flowing toward tank wall (at about z=0) is 
under-predicted. 


 
(a) (b) 


Figure 1: Velocity profile in the bulk region (r-z plane); 
(a) simulation; (b) measurement. 
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The flow pattern around the mixing head is 
determined by the by the jets. The jets emerge from the 
stator holes as the liquid hit the leading edges of those 
holes and the tangential velocity is converted into the 
radial velocity. However, behind the jets, there are 
recirculation flows directed toward stator holes. This 
result is in a good agreement with literature data 
(Calabrese et al. 2002). 


Figure 2 shows that the normalized radial velocities 
of the jet at different rotor speed fall into one line which 
suggests that the jet radial velocity is proportional to the 
rotor tip speed. The simulation also predict the same trend, 
but the maximum jet radial velocity, which occurs at the 
leading edge of the stator hole, is slightly under-predicted. 
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Figure 2: Comparison of the normalized (by tip speed) jet 
radial velocity between simulation and measurement. 
ϕ = 0 represents the centre of the hole. 


 


Periodicity in the Rotor Stator Mixer 
The flow pattern in the vicinity of the mixing head is 


inherently periodic as the rotor blade passing the stator 
hole.  The maximum jet radial velocity (at the leading 
edge of the stator hole) and the flowrate through one hole 
as a function of rotor blade position is shown in Figure 3. 
The average mass flowrates through one hole, obtained 
from simulation and measurement, are 0.0212 and 0.0263 
kg/s respectively. 
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Figure 3: Fluctuation of jet maximum radial velocity and 
flowrate through one hole as a function of blade position. 
The hole spans from ϕ = -14o to 14o. 
 


The torque also exhibits periodicity as the rotor 
rotates which can be related to the amount of the liquid 
pumped by the rotor. The predicted power number 


obtained from averaged torque is 1.55 compared to the 1.7 
obtained experimentally (Padron, 2001). 


Energy Dissipation 


Predicted maximum energy dissipation rate, εmax, 
occurs when the rotor approaches leading or trailing edges 
of the stator hole and it can be related to the velocity of 
fluid approaching the stator edges. The εmax in the hole 
region is about an order of magnitude higher than the εave 
in the rotor swept volume, however, the total energy 
dissipated in the hole is only 7.7%. 


The energy balance calculated from LDA data shows 
that 70% of energy supplied by rotor is dissipated around 
the mixing head, while the simulation predicts that 59% of 
energy dissipated in this region. 


The energy balance also shows that the energy 
dissipation scales with N3. The simulation also predicts 
the same result provided that the contours of normalized ε 
(by N3D2) at 2000 and 4000 rpm are practically the same 
(Figure 4). 
 
 


 


(a) 


 


(b) 


Figure 4: Contour of normalized ε (by N3D2) at (a) 2000 
rpm and (b) 4000 rpm. 


CONCLUSIONS 
The hydrodynamics in a batch rotor stator mixer has 


been simulated and measured. The agreement was 
generally good enough for engineering purposes. Both 
simulation and measurement suggested that the flowrate 
was proportional to N and the energy dissipation rate 
scaled to N3. 


The εmax only occurred periodically in the small 
volume, i.e. when the rotor blade approached the leading 
or the trailing edges of the stator holes. The magnitude of 
εmax could be several orders of magnitude higher than the 
εave in the whole tank. This condition, in conjunction with 
poor bulk mixing, can lead to a longer processing time to 
achieve product homogeneity. 
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ABSTRACT 
The dispersed phase drop size distribution has been 
measured for flow through SMX static mixer elements, in 
columns of diameter 41.18 mm and 15.75 mm, for a 
continuous phase of aqueous corn syrup and a dispersed 
phase of silicone oil.  Droplet size distributions were 
measured by the computer-aided analysis of images from 
a digital camera.  The mean drop sizes have been 
compared with a new model based on drop formation at 
equivalent point sources within the packing. 


NOMENCLATURE 
D  column diameter, m 
D43 mean drop diameter, 3Di


4 / 3Di
3  , m 


D’ drop diameter at detachment (in model), m 
h dispersed phase volume fraction 
Kd constant in equation 5 
N number of elements 
p viscosity ratio, μd /μc 
Q volume flow rate, m3/s 
Q’ volume flow rate per point source (in model), m3/s 
Rec Reynolds number based on continuous phase 


properties 
t time, s 
u superficial velocity, m/s  
u’ velocity of drop before detachment (in model), m/s 
 
ρ density, kg/m3 
μ viscosity, Pa.s 
 
Subscripts 
c continuous phase 
d dispersed phase 


INTRODUCTION 
Industrially, static mixers are preferable to rotating 
impellers for dispersion because they are simpler and 
because the energy dissipation is more uniform, favouring 
the formation of more uniformly sized drops. 
 
Grace (1982) has presented a very thorough review of the 
fundamentals of single droplet dispersion in a number of 
flows, including multiple drop breakup in several 
commercial types of static mixer and found that the mean 
drop sizes varied inversely with pressure drop and with 
energy dissipation rates.  The experimental significance of 
energy dissipation rates was also noted by Streiff et al 
(1997, 1999).  Rauline et al (1998) used a numerical 
simulation approach to make a comparison between six 
types of commercial static mixer, under laminar creeping 
flow conditions.    
 
There is little information on the behaviour of a single 
moving drop in contact with fixed packing.   Mao et al. 


(1995) found that the breakup of a drop moving at its 
terminal velocity tended to occur at the leading edge of 
the packing and depended on the balance between kinetic 
energy and surface energy.   In the case of a single drop 
carried across SMX packing in a viscous liquid at high 
velocity, Liu et al. (2005) found that breakup occurred 
mainly within the packing at the crossover points, with 
relatively smaller effects at the leading edges and in the 
gaps between packing elements 


EXPERIMENTAL 
The continuous phase was an aqueous solution of high 
fructose corn syrup adjusted to three different viscosity 
values (22, 68 and 205 mPa.s).  The dispersed phase was a 
Dow Corning standard silicone oil with a rated kinematic 
viscosity of 500 and 1000 cSt.  The viscosities of the oils 
were, respectively, 978 mPa.s and 489 mPa.s with density 
978 kg/m3 in both cases.   The interfacial tension between 
the silicone oil and the 22 cP (22 mPa.s) aqueous fructose 
was measured by pendant drop shape analysis using a 
DSA10 unit (Krüss, Germany) and found to be 38.5 
mN/m.  Figure 1 shows the system for measurement of 
pressure drop and drop sizes under continuous flow 
conditions.  Two column sizes have been studied, with 
diameters 41.18 and 15.75 mm.   The column packing 
consists of a number (6, 8 or 10) of SMX elements fitting 
snugly into the column.  In this work the packing element 
sizes are scaled to the column diameter, in order to 
maintain geometric similarity.  As intuitively expected, 
the mean drop diameter is reduced by increasing the total 
superficial velocity (u) of the flow, but it is increased 
when the dispersed phase flow fraction (h) is increased.  
As the number of mixer elements (N) is increased the drop 
diameter is at first reduced, but the results suggest that 
with more than about 8 elements there is little further 
benefit. 
 


 
 
Figure 1: General flow diagram 
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MODELING 
 
From the experimental studies droplets interact with the 
packing in two ways: sometimes they adhere momentarily 
and then form films which  break away to form smaller 
drops; and,  a single drop breaks up when it impinges on 
the cross-over points of the SMX elements and undergoes 
deformation and splitting (Liu et al., 2005).   This  differs 
from the classical turbulent break-up model which has 
been applied in low viscosity two-phase systems, 
(Kolmogoroff, 1941) in which turbulent eddies are 
considered to act against surface forces.    Such a model 
cannot apply in very high viscosity systems.  A 
mechanistic model based on drop detachment has been 
developed by considering the balance of frictional forces 
acting on a drop as it grows and detaches from a packing 
element within the array of mixing elements.   The 
detachment model follows the approach of Davidson and 
Schuler (1960) and Scheele and Meister (1968).   
According to the present model the drop is formed as a 
hemisphere at a point source on a vertical plate as shown 
in Figure 2.     As the drop grows it is subjected to two 
vertical forces: (1) drag from the moving continuous 
phase, depending on drop size, superficial velocity u and 
continuous phase viscosity μc .and (2) opposing drag from 
the plate, depending on drop size, drop velocity u΄ and 
dispersed phase viscosity μd. 


 
Figure 2: Sketch for hemispherical drop detachment 
model derivation 
 
A detailed derivation is available in Rama Rao et al 
(2007).   
 
The diameter at detachment is: 
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For the purposes of correlating the experimentally 
measured values of the mean diameter D43 with operating 
conditions, we assume that the volume flow rate per unit 
source (Q’ ) is proportional to the volumetric flowrate of 
the dispersed phase (Qd ) and introduce a dimensionless 
empirical constant Kd to take account of this.    
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This model-based equation includes the effects of both 
phase flows and viscosities   An alternative form of 
equation (2) can be obtained in terms of the volume 
fraction of the flowing dispersed phase, defined as  


dc


d


QQ
Qh
+


=        (3) 


 
and the definition of superficial velocity is 
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Hence, in dimensionless form, 
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Values of Kd can be obtained from individual 
experimental values of D43 on the basis of either equation 
(2) or equation (5).     


RESULTS 
Figure 3 shows the effect of continuous phase viscosity 
for a fixed number (6) and diameter (4.118 cm) of 
elements.   It is seen that for a given liquid viscosity the 
mean diameters data are linearly proportional to h1/2 .   
Moreover the slope of the trend lines decrease as μc is 
increased.    It is also notable that there is no effect of the 
superficial velocity u except to the extent that it is 
included in the calculation of h.   According to equation 
(5), drop size should be proportional to the diameter D, 
assuming no change in the geometry.  This effect is 
examined in Figure 4 for the two different diameters of 
elements.   The ratios of slopes are about 3.5 while the 
ratio of cell diameters is 2.61.  This is reasonably 
consistent with the model.  All data were analysed in 
terms of the values Kd obtained from equation (5) and the 
measured drop diameters and conditions.  According to 
the present model, the values of Kd should be 
approximately constant.   However it was noted that at 
high flow velocities and low continuous phase viscosities, 
lower values of Kd were obtained.   This effect is shown 
by comparing the dimensionless Kd values with the flow 
Reynolds number, based on the superficial velocity, the 
continuous phase properties and the diameter of the cell.  
The comparison is shown in Figure 5.  It is seen that at 
values of Rec < 40, Kd ~ 0.035.  At higher Reynolds 
numbers, enhanced breakup may occur because of 
eddying, so the conditions no longer correspond to 
creeping flow and Kd trends lower.   It may also be noted 
that from Figure 5 that larger Kd values generally occurred 
when only 6 elements were present, due to lack of 
dynamic equilibrium.      
 


CONCLUSION 
A droplet breakup model has been proposed for high 
viscosity liquid-liquid dispersions in an SMX static mixer 
based on the analogy of a hemispherical droplet growing 
and detaching from a surface.  The model provides a mean 
drop diameter D43 that agrees well with experimental data 
as a function of holdup ratio, continuous phase viscosity 
and mixer diameter.   
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Figure 3:  Effect of holdup (h) and continuous phase 
viscosity on mean drop diameter, for 6 elements of 
diameter 4.118 cm.   
 


 
 
Figure 4: Effect of holdup (h) and mixer diameter on 
mean drop diameter, for 10 elements and continuous 
phase viscosity 2.00 Pa.    
 


 
 
Figure 5: Values of Kd, plotted against Rec .  Symbols: ○ 
6 elements, ● 8 and 10 elements.  
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ABSTRACT 
Horizontal mixing vessel is known for its good performance, especially, in gas 
absorption process. However, there are not many papers reporting the horizontal 
mixing vessel. Therefore we tried to obtain some properties such as gas absorption rate, 
shear rate and mixing time with several agitators for horizontal mixing vessel. The 
agitators were typical paddle type impellers, gate type impellers and R type agitators, 
which we designed newly. We used dissolved oxygen meter (DO meter) to measure 
gas-liquid mass transfer coefficient. Mixing time was measured by discolouring method 
with iodine and sodium thiosulfate. And shear rate was measured by original method. 
In terms of gas absorption testing results, we found out that typical paddle impeller had 
very poor ability and our new R type agitators had extremely good ability. And also we 
found out that the shear rate of these new agitators and typical paddle type was very 
low. The ratio of the paddle type impeller's diameter to the vessel's diameter was 0.92. 
However, the paddle type impeller was not powerful enough to splash water in order to 
obtain good gas absorption. On the other hand, our new agitator obtained suitable 
splash even if its stirrer speed was low. This is the reason why our new agitator had 
good results. All of the experimental results will be discussed and reported in our 
presentation. 
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ABSTRACT 
 


Methods of modelling and results of simulations are presented for formulation of nano-
suspensions by breaking up nano-particle clusters in high-shear devices. An in-line rotor-stator, a 
high-pressure nozzle disintegrator and an ultrasonic device are considered. A new breakage 
model Baldyga et al. 2008) is applied to interpret erosive dispersion of agglomerates together 
with the population balance to account for effects of breakage on agglomerate size distribution. 
Effects of suspension structure on suspension rheology and resulting flow structure are included 
in modeling using population balances. The population balance equations are solved using 
QMOM that is linked directly to the k-ε model of the CFD code FLUENT.  
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ABSTRACT 
With high intensity agitation and sparging, heterogeneous 
flow is found in which much of the gas passes through a 
reactor in the form of large bubbles (> ~ 30 mm).  This 
condition has been studied with mean specific energy 
dissipation rates, Tε , up to 100 W/kg and gas superficial 
velocities, vs, up to 0.13 m/s (~30 vvm) with a wide range 
of impeller types.  The transition from homogeneous flow 
occurs at vs between ~ 0.02 and 0.05 m/s and depends 
mainly on the coalescence characteristics of the fluid and 
less on scale, the agitator type and Tε .  The phenomenon 
has rarely been studied because it is difficult to do so at 
pilot scale, though it often occurs at plant scale because 
with constant vvm (fixed stoichiometry) scale-up and 
geometric-similarity, linear scale.  Compared to 
homogeneous conditions, the minimum ratio of gassed to 
ungassed power is much lower, e.g., Pg/P = ~ 0.2 with 
Rushton turbines, ~ 0.6 with Scaba 6SRGT and ~ 0.4 with 
down- or up-pumping high solidity hydrofoils.  Hold-up,ε 
increases much more slowly with vs and may even fall; it 
is dependent on impeller type, especially with non-
coalescing fluids with ε up to 0.7.  With this hold-up, 
Pg/Pdisp > 1 for 6SRGT (where Pdisp is based on the 
dispersion density).  Mass transfer, kLa (s-1), is difficult to 
measure accurately especially at low vs and high 


∝sv


gT )(ε  


by the preferred steady state technique because of intense 
‘surface’ gassing.  This makes it difficult to determine the 
relationship between mass transfer and agitation and 
aeration conditions. Nevertheless, it is suggested (Eq 1) 


 


 
Eq 1 


where k, α and β differ from the homogeneous regime 
with β being less and independent of impeller type but the 
values are very sensitive to composition with kLa 
generally much higher in non-coalescing fluids. 


EXPERIMENTAL 
The experiments were conducted in the equipment shown 
in Fig 1.  The impellers used were a Rushton turbine, a 
Scaba 6SRGT, a Chemineer BT6, a pitched-blade turbine 
(pumping up or down), a Lightnin A315 (up) and an ‘old’ 
Prochem Maxwell T (up and down).  Torque was 
measured by strain gauge/telemetry, hold-up visually and 
 


Figure 1  The 0.29 m diameter vessel, T29 
 
kLa by the steady state hydrogen peroxide technique 
generally based on the well-mixed gas phase model 
(though all gas phase mixing models were tested and 
when they differed by more than ~ 30% as they did at low 
vs and high Tε , the data were not used in determining the 
constants in Eq 1 as this suggested intense ‘surface’ 
gassing).  Air flow was measured by rotameters and water 
and a range of non-coalescing aqueous solutios were used. 
Further details are given elsewhere (Gezork et al., 2000; 
Gezork, 2001). 


RESULTS AND DISCUSSION 
Representative examples of the results are presented.  
Figs 2 and 3 show Pg/Pcalc for a Rushton turbine and a 
Scaba 6SRGT respectively in 0.2M Na2SO4 solution.  
Note that even without sparging, Pg/Pcalc = ~ 0.3 for the 
Rushton (Pcalc is based on Po, fluid density and agitation 
speed), indicating the severity of ‘surface’ gassing.  Fig 4 
shows Pg/Pdisp  (Pdisp based on dispersion density) for the 
6SRGT.  For the Rushton turbine, Pg/Pdisp  = ~ 0.4 at 
intense conditions (data not shown) but for the 6SRGT, 
Pg/Pdisp  >1 because of the different dispersion mechanism 
associated with the two blade shapes. 
Fig 5 shows the dispersion height (essentially equivalent 
to hold-up) for different impellers and fluids at constant vs 
as a function .for hold-up with the different impellers.  It 
is clear that even for the different fluids, one correlation 
does not fit all the results.  Martin et al. (1994) found a 
similar disparity. 
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Figure 2  Pg/Pcalc versus vs for a Rushton turbine 
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Figure 3  Pg/Pcalc versus vs for a 6SRGT 
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Figure 4  Pg/Pdisp versus vs for a 6SRGT 
 
To obtain the driving force to calculate kLa, the sparged 
air flow rate, Qg, must be known. At high Tε , there is 
strong ‘surface’ gassing at low sparged Qg and significant 
mass transfer even at Qg = 0.  Therefore, at low sparging 
rates, the ‘true’ kLa cannot be calculated with the well-
mixed assumption.  Fig. 6 shows all the conditions at 
which kLa was measured in 0.2M Na2SO4 and when the 
values obtained were excluded from the data set used to 
determine the relationship between kLa, Tε  and vs.; and 
Figure 7 shows the result for the homogeneous and 
heterogeneous regimes.  The equivalent values of k, α and 
β for water were 5.6 x 10-3, 0.66 and 0.46 and 5.6 x 10-3, 
0.57 and 0.24 for the homogeneous and heterogeneous 
regimes respectively, i.e. the effect of sparge rate on kLa is 
reduced in the latter regime. 
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Figure 6  Conditions at which kLa data could not be used 
due to excessive ‘surface’ gassing (filled points) 
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CONCLUSIONS 
Establishing simple correlations for power, hold-up and 
kLa in the heterogeneous regime is problematic. 
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ABSTRACT 
Industrial mixing systems frequently involve opaque 
fluids or slurries with complex rheology, which can lead 
to the formation of caverns in stirred vessels.  Electrical 
Resistance Tomography (ERT) and Positron Emission 
Projection Imaging (PEPI), which can both be applied to 
opaque fluids, have both been assessed as methods to 
obtain cavern boundaries.  Good agreement with 
conventional images obtained using a transparent model 
fluid illustrates their future potential.   


NOMENCLATURE 
a characteristic length  τ  shear stress 
τy yield stress     K consistency index 
γ&  shear rate    n power law exponent 
T tank diameter    D impeller diameter 
C impeller clearance   H fill height  
N rotational speed   ρ density 


INTRODUCTION 
During the agitation of highly shear-thinning or yield 
stress fluids in a stirred vessel it is possible to generate an 
agitated volume around the impeller, defined as a cavern, 
surrounded by stagnant fluid.  Clearly, the avoidance of 
caverns is essential for successful mixing.  The majority 
of published work has focussed on visualisation using 
model transparent fluid, where the size of the cavern has 
been shown to be dependent upon fluid properties, 
impeller characteristics, and the rotational speed and 
torque of the impeller (Wilkens et al., 2005). 


Whilst this work has been used to develop 
fundamental understanding, it does not address the 
problem of analysing industrial systems containing 
opaque multiphase fluids with complex rheology.  Only a 
few experimental studies exist for caverns within stirred 
vessels containing opaque fluids, in particular with respect 
to the size of the cavern boundary.  Cavern size can be 
determined by moving the impeller to the liquid surface or 
vessel wall and observing the flow, as in earlier work, 
although later in-situ techniques require access to 
specialist laboratory equipment.  Elson et al. (1986) 
employed an x-ray heavy metal tracer method for the 
study of mixing patterns in solutions of xanthan gum 
using medical x-ray apparatus to image a barium tracer 
injected into the cavern.  This technique allows a field of 
view of up to 230 mm in diameter to be obtained.  Saeed 
et al. (2007) used Ultrasonic Doppler Velocimetry (UDV) 
to validate a CFD study of pulp suspension mixing.  A 
limitation of this technique is that only the component of 
the particle velocity along the axis of transmission of the 


ultrasound can be measured.  Hence a number of 
measurements for different probe positions are required in 
order to build a three dimensional flow field within the 
vessel.   


Wilkens et al. (2005) used an alternative visualisation 
technique where glitter is injected into the cavern and the 
fluid is then frozen. The cavern dimensions were studied 
by dissecting the frozen solid.  However, this technique 
has only been applied to caverns formed in an unbaffled 
tank, presumably to allow easier access to the frozen solid 
for post-processing. This limits the rotational speed that 
can be studied due to vortexing.  


In this study we evaluate the applicability of two 
novel imaging techniques which are suitable for opaque 
materials in industrial systems, Electrical Resistance 
Tomography (ERT) and Positron Emission Projection 
Imaging (PEPI).  ERT has been applied previously to 
image macromixing within large stirred vessels containing 
low viscosity fluids (e.g. Holden et al., 1998).  The use of 
circular and linear ERT arrays in pharma applications to 
obtain flow behaviour and solids distribution is 
demonstrated by Bolton & Primrose (2005).  PEPI has 
been used previously to determine dispersion in porous 
rock samples (Loggia et al., 2004).  To enable direct 
comparison with conventional visualisation techniques, 
the results were obtained using a transparent aqueous 
solution. 


MATERIALS AND METHODS 
The vessels used in the experiments had a diameter, T of 
154 mm and were equipped with a single 6 bladed 45o 
down pumping pitched blade disc turbine (6-PBDT-d).  
The impeller clearance, C/T was 0.4 and the vessels were 
filled with 3.5 litres of fluid giving a height, H/T = 1.2.  
The experiments were performed at N = 58, 80, 162, 207 
and 310 rpm corresponding to the same Reynolds numbers 
as a previous study performed by Adams and Barigou 
(2007).   


The fluid used was an aqueous solution of 0.1%wt 
carbopol 940 with the pH adjusted to 4.8 to give a 
rheology which may be described by the Herschel-
Bulkley model, 


n
y Kγττ &+= .        (1) 


A sample of the fluid was taken before and after each 
experiment and the parameters in (1) were obtained using 
a controlled-stress rheometer (Bohlin CVO, Bohlin 
Instruments).  Within ± 5 %, values of τy = 1.50 Pa, K = 
0.16 Pa.sn and n = 0.73 can be taken for all the samples 
measured.  The fluid density, ρ = 1000 kgm-3. 
Conventional visualisation of the cavern boundaries was 
performed in a glass vessel with 4 × 90o longitudinal 
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baffles of width 0.1T.  A small quantity (1 ml) of 
nigrosine dye mixed with the vessel contents to a 
concentration of 1 g l-1, was injected close to the impeller 
blade before the start of the experiment.  The tracer had 
negligible effect on the fluid rheology.  The impeller 
speed, N was then set and the cavern was left to stabilise 
for several minutes.  An image was then obtained using a 
digital camera (Canon Ixus 800, Canon Inc, JP).   


PEPI Experiments 
The cavern boundary was visualised in a steel baffled 
vessel by introducing a small amount of positron-emitting 
radioactive tracer in the form of 18F- ions close to the 
shaft, and using the Birmingham ADAC Forte positron 
camera (Parker et al., 2002) to perform positron emission 
projection imaging (PEPI), a 2D variant of positron 
emission tomography (PET).  As in PET, the pairs of 
back-to-back γ-rays arising from positron/electron 
annihilations are detected and used to reconstruct an 
image, but whereas in PET γ-ray pairs emerging in all 
directions are used, for PEPI only pairs emerging in one 
direction (normal to the camera axis) are exploited, 
enabling a single side view of the tracer distribution to be 
reconstructed.  It should be noted that this technique 
yields no information on the velocity distribution within 
the cavern, but simply allows the boundary to be detected. 


ERT Experiments 
The measurements were performed using a P2000 ERT 
instrument and vessel (Industrial Tomography Systems, 
UK).  An unbaffled vessel was used since the specific 
metallic baffle design employed was found to interfere 
with the electric field.  Since the caverns did not extend as 
far as the baffles, the impact of baffling on the fluid flow 
is negligible.  The vessel was fitted with four planes of 16 
electrodes as shown in Figure 1a; each measurement plane 
was separated by 40 mm and the centre of the bottom 
plane (plane 4) was 30 mm from the bottom of the vessel.  
Each electrode was 1 cm square.  2 ml of 5% NaCl 
solution was injected at the impeller to increase the local 
conductivity and ‘illuminate’ the cavern.  The cavern was 
imaged by the creation of 20 equally-spaced vertical 
longitudinal planes, as shown in Figure 1b.  The images 
were thresholded to determine the cavern boundary. 


RESULTS 
Cavern boundaries obtained from the digital camera and 
PEPI are shown in Figure 2.  In each of the digital images 
(Figures 2 a, c, e), the cavern is clearly shown to increase 
in size as N increases, as expected, and the cavern 
approximates a toroidal shape, in agreement with Adams 
and Barigou (2007).  The corresponding PEPI images 
(Figures 2b, d, f) are dominated by a black area which 
covers the location of the impeller shaft.  This is due to 
absorption of the radioactive tracer onto the shaft surface 
during injection.  However, in each image below the shaft, 
a grey area corresponding to the spread of the tracer 
through the cavern can be observed.  The cavern 
boundaries show compelling agreement with the digital 
images. 
 A selection of the images from the vertical planes 
taken using ERT are shown in Figures 3a and 3b for 80 
and 162 rpm respectively.  The thresholded region 
occupied by the cavern appears in red in the image.  No 
caverns were detected in planes 1 - 4 or 16 - 20.  The 
advantage of the ERT technique becomes apparent in that 


3-D imaging of the cavern is possible.  PEPI imaging is 2-
D; the images obtained by PEPI are thus a projection.  The 
cavern obtained at 80 rpm is noticeably smaller than that 
found at 162 rpm, the maximum cavern widths are found 
as 69 and 108 mm respectively in plane 10, which is 
located across the diameter of the tank.  No cavern is 
detected at planes 5, 6 and 15 at 80 rpm, however, these 
planes are penetrated by the cavern at the higher speed.   
 Comparisons of the cavern boundaries taken across 
the diameter of the tank for each technique are shown in 
Figure 4.  Bearing in mind that the caverns obtained from 
digital imaging (blue line) and PEPI (green line) were 
from separate experiments, the agreement between them is 
remarkable at both rotational speeds.  At 80 rpm, the 
cavern obtained from ERT (red line) is of similar size but 
of a different shape.  There are two possible reasons for 
this; firstly due to some distortion of the electric field 
which may not have been addressed in the calibration of 
the ERT instrument or secondly due to some degree of 
breakdown of the carbopol due to the injection of NaCl 
tracer.  However, agreement at the higher speed of 162 
rpm is much improved, although the location of the 
bottom of the cavern could not be resolved since it 
dropped below the bottom plane of electrodes.   


CONCLUSION 
Two novel techniques, PEPI and ERT, have been used to 
visualise caverns in a transparent fluid with the aim of 
application to opaque industrial mixing systems.  
Comparison with digital images has shown remarkable 
agreement for the PEPI technique and reasonable 
agreement for ERT.   


REFERENCES 
ADAMS, L. and BARIGOU, M., (2007) “CFD analysis of 
caverns and pseudo-caverns developed during mixing of 
non-Newtonian fluids”, Chem. Eng. Res. Des., 85 (A5), 
598-604. 
BOLTON, G.T., PRIMROSE K.M., (2005) “An overview 
of electrical tomographic measurements in pharmaceutical 
and related application areas”, AAPS Pharmscitech, 6 (2), 
Article 21. 
ELSON, T.P., CHEESMAN, D.J. & NIENOW, A.W. 
(1986). “X-ray studies of cavern sizes and mixing 
performance with fluids possessing a yield stress”. Chem 
Eng Sci. 41 (10). 2555-2562. 
HOLDEN, P.J., WANG, M. et al., (1998) “Imaging 
stirred-vessel macromixing using electrical resistance 
tomography”, AIChE J., 44 (4), 780-790.  
LOGGIA, D., GOUZE, P.  et al., (2004) “Investigation of 
the geometrical dispersion regime in a single fracture 
using positron emission projection imaging” Transport in 
Porous Media, 55, 1-20.   
PARKER, D.J., FORSTER, R.N.  et al., (2002) “Positron 
emission particle tracking using the new Birmingham 
positron camera”, Nucl. Instrum. & Methods, A477, 540-
545. 
SAEED, S., EIN-MOZAFFARI, F. & et al. (2007). 
“Using Computational Fluid Dynamics modelling and 
Ultrasonic Doppler Velocimetry to study pulp suspension 
mixing”.  Ind Eng Chem Res. 46. 2172-2179. 
WILKENS, R.J., MILLER, J.D., et al. (2005). “New 
techniques for measuring and modelling cavern 
dimensions in a Bingham plastic fluid”. Chem. Eng. Sci., 
60, 5269-5275. 


2  







 
 


FIGURES 
(a) 


Plane 1 


Plane 2 


Plane 3 


Plane 4 
 


 
 
(b) 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Figure 1. (a) Schematic of ERT vessel and (b) plan of 
longitudinal planes shown in Figure 3.   
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Figure 2.  Images of caverns at N = 80 rpm (Re = 20.4) 
using (a) digital imaging and (b) PEPI technique; (c) - (d) 
and (e) – (f) show results at N = 162 rpm (Re = 70.3) and 


N = 207 rpm (Re = 86.6) respectively. 
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Figure 4.  Comparison of cavern size and shape obtained 
from visual image (blue), PEPI (green) and ERT (red) at 
(a) N = 80 rpm (Re = 20.4) and (b) N= 162 rpm (Re = 


70.3).  Impeller position and liquid free surface shown for 
reference. 


 
Figure 3.  Images of caverns obtained from ERT by taking 
vertical slices through chords of the vessel for (a)  N = 80 


rpm (Re = 20.4) and (b) N= 162 rpm (Re = 70.3).  The 
caverns appear in red. 
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ABSTRACT 
The competitive landscape of chemical producers 
continues to put pressures on the reliability of operating 
equipment.  The Reliability Engineers position has been 
added to understand the cause of failures leading to 
unplanned downtime and lost production.  In most cases 
the specifications to describe the requirements of the 
equipment reflect the ideal world of operation.  
Unfortunately most plants do not operate in the ideal 
world leading to unplanned downtime and lost revenues. 


INTRODUCTION 
The focus of this discussion will be on Phosphoric Acid 
production detailing typical design specifications for the 
mixers.  Examples of such specifications will be reviewed 
including the typical requirement to ““Design for 
Phosphoric Acid Service”.   
 
Examples of such mixers designed to these specifications 
will be added to this paper showing how the mixers design 
meets every requirement of the Specification. 


FAILURES  
Failures of agitator shafts, blades, rigid couplings and 
mixer drives typical of this industry will be illustrated 
with digital pictures of failed parts including supporting 
calculations showing the forces needed to cause such 
failures. 


REALITY 
The author has interviewed the operators and authors of 
specifications for several major Phosphoric Acid Plants to 
understand the Reality of everyday operations.  Details 
will be shared showing how mixers designed for the 
perfect operation of a plant subjected to upset conditions 
result in unplanned downtime.. 


ENGINEERING DEFINITION FOR “DESIGN FOR 
PHOSPHORIC ACID SERVCICE” 
 
A corrected specification will be presented with 
explanation of how the requirements lead to the proper 
sizing of such mixing equipment including the necessary 


mechanical design guidelines that result in the reliable 
operation of the mixing equipment including upset 
conditions. 


SPECIFIC EXAMPLE OF MIXERS DESIGNED TO 
REFLECT THE REALITY OF OPERATION 
Specific results of three identical mixers installed in the 
Phosphoric Acid Service four years ago that were sized 
and designed in accordance with a specification written 
around Reality. 
 


CONCLUSION 
The reliable operation of mixing equipment requires an 
understanding of REALITY. 
 


OTHER APPLICATIONS PRONE TO EARLY 
FAILURES 
Similar interviews with manufactures of plastics, fibers, 
and synthetic rubber plants as well has operators of waste 
treatment plants have also been conducted leading to 
specifications that reflect REALITY and the long 
operation life of mixing equipment. 
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ABSTRACT 


In this work, a novel mapping method based on distributed Gaussian quadrature is 
proposed to analyze viscous distributive mixing criteria when considering geometry and/or 
time periodic laminar flows. It avoids the recourse to the mesh tracking procedure that is hard 
to manage. In addition, its extension to 3D is straightforward. The appeal of the mapping 
technique is that it is independent from initial feeding conditions of the passive phase (e.g. 
pigments or additives).  The mapping matrix is calculated once over a single hydrodynamic 
period. Then, successive mixing patterns are recovered by multiplying, as much as needed, 
the mapping matrix by the chosen feeding conditions. The behavior of this new method is 
verified on academic test cases to determine its accuracy. It is found that by increasing the 
number of Gauss points per element, the accuracy of predicted concentration patterns 
improves. Finally, the new mapping method is applied on twin-screw extruders and a Kenics 
static mixer. The predicted concentration patterns are found to be in good agreement in 
regards to available experimental and computational data. Also, it is found that improved 
spatial discretization helps to recover high accuracy mixing patterns resulting from repeated 
mapping steps. 
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ABSTRACT 
The formation of caverns around the impeller during 
mixing of an opaque industrial slurry having a Herschel-
Bulkley type rheology, was studied using Positron 
Emission Particle Tracking (PEPT).  Fluid motion is 
totally confined within the cavern boundary, and is 
dominated by the tangential component, vϑ.  The flow 
field inside the cavern is characterized by complex 
toroidal fluid motion.  Results show that a cavern 
boundary drawn through the locus point corresponding to 


tipvzvrv 01.022 =+  is more in line with the 


experimentally observed boundary than the usual 
assumption of vϑ = 0.01vtip. 
 
NOMENCLATURE 
 


k flow consistency index 
n flow behaviour index 
τy apparent yield stress 
N agitation speed 
Re Reynolds number 
R tank radius 


r radial coordinate 
v velocity 
vtip impeller tip velocity 
vr radial velocity component 
vϑ tangential velocity  
vz axial velocity 


 
INTRODUCTION 
The mixing and handling of slurries occur across a large 
range of industries including the minerals sector, food 
processing, household and personal care products.  Most 
of these slurries exhibit a non-Newtonian behaviour and, 
therefore, the detailed flow patterns of these systems can 
be difficult to predict.  Even though these slurries are 
widely used, relatively little work has been done to 
understand how to mix them properly.  The main reason 
for the lack of understanding of their behaviour is due to 
their opaque nature, as most techniques developed to 
characterise the mixing of fluids are optical (e.g. LDV and 
PIV) and so require translucent materials.  In order to 
understand these fluids it has been commonly assumed 
that knowledge of the rheology of the slurry enables the 
prediction of its behaviour.  This of course assumes that 
the slurry behaves like a single phase fluid of the same 
rheology.  Based on this assumption, conservative 
predictions can be made that allow processes and 
equipment to be designed, but further understanding is 
needed to enable a more rational design approach. 
 
In the mixing of viscoplastic materials which exhibit an 
apparent yield stress, such as slurries, the impeller creates 
a cavern within which liquid is in flow, but in the bulk 
where the shear stresses are below the yield stress, the 
fluid is stagnant, a phenomenon that can be disastrous for 
many mixing operations.  Some work has been done on 
measuring the size of caverns in transparent yield stress 


fluids using 2D visualisation methods (Elson, 1990).  
Nienow & Elson (1988) used X-rays to study the flow of a 
shear thickening slurry; this method only gave rough 
estimates of flow patterns, however.  Recently, a PLIF 
technique and CFD were used to study caverns in 
transparent non-Newtonian fluids (Adams and Barigou, 
2007).  The PLIF technique also gave an indication of the 
rate of fluid mixing within such caverns, a problem not 
studied before.  However, though they are becoming more 
and more common as solids concentrations are enhanced 
in order to get higher productivity from a given size of 
vessel (a form of process intensification), very little is 
known about the detailed behaviour of slurries.  This is a 
real industrial problem, but progress in this area has been 
hampered by the lack of suitable visualisation techniques, 
as pointed out above.   
 
Positron Emission Particle Tracking (PEPT) is unique in 
flow visualisation terms, being able to examine flow 
phenomena in three dimensions that could not be observed 
as effectively by using other techniques.  It is particularly 
useful for the study of multiphase flows, to map the flow 
of fluids and the flow of particles, where one component 
can be labelled and its behaviour observed.  This work 
reports on a PEPT study of the 3-D flow of an industrial 
slurries inside a mechanically agitated vessel, and in 
particular inside the cavern region formed around the 
impeller. 
 
MATERIALS AND METHODS 
The PEPT technique consists of a positron camera with 
two positron-sensitive detectors between which the stirred 
vessel is placed.  A positron-emitting tracer is introduced 
into the flow.  Once emitted from the nucleus, a positron 
annihilates with a nearby electron, releasing energy in the 
form of two back-to-back γ-rays. Each detector captures, 
as events, incident γ-rays over an area of 51x38 cm2 and 
determines their interaction co-ordinates. By a 
triangulation process of multiple events it is possible to 
reconstruct the three-dimensional position of the particle 
and thus its trajectory over time, as shown in Figure 1. 
 
The complexity of the trajectory is itself a characteristic of 
the mixing process and is dictated by many factors 
including impeller design, fluid rheology, and flow 
regime.  By analysing the particle trajectory the 
occupancy, velocities and flow patterns can be obtained.  
Further details of the technique can be found in Barigou 
(2004).   
 
The vessel employed was 150 mm in diameter, was 
equipped with 4 baffles, and was agitated by a 6-blade 45˚ 


pitched-blade turbine.  The fluid height was equal to the 
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tank diameter, the impeller to tank diameter ratio was D/T 
= 1/3, and the off-bottom clearance was C/T = 1/3.  The 
slurries used were different cosmetic foundations from 
Procter & Gamble.  Mixing of the slurries was studied in 
both up-pumping (PBTU) and down-pumping (PBTD) 
agitation modes, over a range of agitation speeds 
60≤N≤800 rpm, and laminar Reynolds numbers 1≤Re≤50. 
 


 
Figure 1: Section of a typical PEPT tracer trajectory in 
stirred slurry: N = 800 rpm. 
 
RESULTS 
Rheology 
The slurries used were homogeneous fine particle 
suspensions.  From rotational rheometry, the flow curve of 
these materials was approximated by the Herschel-
Bulkley model, i.e. 


nky γττ &+=   (1) 


where τ is shear stress, γ&  is shear rate, τy is apparent yield 
stress, k is the consistency index and n is the flow 
behaviour index.  In addition, the slurries exhibited a 
significant degree of irreversible time dependence.  The 
results presented here relate to one of the slurries used in 
the study, and correspond to the experimental conditions 
summarised in Table 1.  Note that whilst the same slurry 
was used in both experiments for the PBTD followed by 
the PBTU, the slight difference observed in its rheology 
between the two successive experiments is due to time 
dependence effects. 
 
Table 1: Experimental conditions. 


 k 
(Pasn) 


n 
 


τy 
(Pa) 


N 
(rpm) 


Re 


PBTD 3.19 0.62 2.28 460 33.5 
PBTU 2.86 0.64 2.13 460 35.2 
 
Flow Patterns and caverns 
The PEPT technique was successful in clearly delineating 
the caverns formed during mixing of the slurry, as shown 
in Figure 2 for both the PBTD and PBTU.  Flow inside the 
cavern consists of two flow loops.  Under all agitation 
conditions used, for the PBTD a larger flow loop was 
established above the impeller and a smaller loop below it.  
The situation was reversed for the PBTU.   
 
The shape of the upper and lower flow loops in these 
slurries is consistent with previous published work for 
simple fluids, where mixed-flow impellers generate 
double flow loops.  Therefore, for better mixing it could 
be suggested that for an up-pumping slurry mixing system 


the clearance of the impeller should perhaps be set higher 
than T/2, and lower than T/2 for down pumping. 
 


 
 
Figure 2: Close-up view of azimuthal PEPT-tracer 
location map delineating cavern region around the 
impeller:  
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Figure 3: PEPT-tracer occupancy distribution. 
 
PEPT allows the spatial tracer occupancy distribution to 
be determined, which offers an additional tool for 
characterising fluid flow behaviour within the vessel.  
Occupancy is obtained by dividing the vessel volume into 
small cells, and calculating the fraction of time spent by 
the particle in each cell during the experiment.  
Occupancy can be defined as the ratio of time that the 
tracer spends inside the cell to the time that the tracer 
would spend in any cell if the system were ergodic.  
Figure 3 shows the occupancy plots obtained for the 
PBTD and PBTU configurations at the same conditions.   
 
Within each cavern there are toroidal zones of intensive 
tracer motion depicted by a high density of detected 
locations or high level of occupancy, and blank areas 
which the PEPT tracer did not visit at all.  In some other 
cases, however, the tracer managed to visit all of the 
cavern volume, as shown in Figure 4.  Therefore, it can be 
inferred that these blank areas are not stagnant regions but 
zones of toroidal fluid motion.  It is probable that due to 
the rotational fluid motion a centrifugal force is generated 
which prevents the PEPT tracer from penetrating these 
zones.   
 


PBTU PBTD 


PBTD PBTU 
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Figure 4 shows the distance of the tracer location from the 
centre of the two eyes of the flow loops as a function of 
experimental time.  The traces indicate that the central 
region of each flow loop is a toroid where the occupancy 
might be quite high.  For example, in this case the tracer 
spent more than 20 minutes rotating in the lower torus 
(black trace), while it spent some 30 seconds in the other 
one (grey trace).   
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Figure 4: Distance from the centre of the torus in each 
flow loop as a function of time (PBTD, N = 380 rpm): the 
coordinates of the centre of each torus are  


  (0.35R, 0.36H);    (0.26R, 0.23H). 
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Figure 5: Velocity vector maps within cavern for PBTD: 
vectors indicate the radial-axial velocity; greyscale 
indicates magnitude of tangential and radial-axial velocity 
as a fraction of vtip.   
 
An examination of the velocity field reveals that the flow 
within the cavern, at the Reynolds numbers investigated, 
is predominantly tangential, with the radial and axial 
velocity components being several folds smaller than the 
tangential component, as shown in Figures 5 and 6.  
Outside the cavern the slurry appears to be completely 
stagnant. 
 
In Figures 5(a) and 6(a) the cavern boundary is drawn 
through the locus of points corresponding to vϑ = 0.01vtip, 
an assumption usually made in the literature (Amanullah 
et al., 1998; Adams and Barigou, 2007).  In Figures 5(b) 
and 6(b), however, the modulus of the radial-axial 
velocity is used as a criterion for setting the cavern 


boundary, i.e. tipzr vvv 01.022 =+ .  The latter contours 


appear to be more consistent with the experimentally 
observed ones in terms of both cavern size and shape.  
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Figure 6: Velocity vector maps within cavern for PBTU: 
vectors indicate the radial-axial velocity; greyscale 
indicates magnitude of tangential and radial-axial velocity 
as a fraction of vtip. 
 
CONCLUSION 
PEPT has been shown to be a powerful technique for 
detailed quantitative analysis of the flow inside opaque 
slurry systems.  The PEPT technique was successful in 
delineating the cavern region inside opaque industrial 
slurries exhibiting an apparent yield stress.   The flow 
field inside the cavern is mainly tangential which suggests 
poor mixing.  The radial-axial velocity, even though 
small, seems to dictate the shape and size of the cavern.  
Fluid flow is characterised by a complex toroidal motion 
which requires further more detailed analysis.   
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INTRODUCTION 
 
Shear-thinning fluids with yield stress are an important 
class of non-Newtonian fluids, which are commonly 
encountered in industrial mixing operations. Mixing of 
such fluids result in the formation of a well mixed region 
(the so called cavern) around the impeller and essentially 
stagnant and/or slow moving fluids elsewhere in the 
vessel. The prediction of the cavern size is important in 
the mixing of shear-thinning fluids with yield stress, so 
one can be sure that the whole fluid is in motion (good 
mixing) and there is no undesirable poor mixing region in 
the tank. Several experimental techniques such as coloring 
with dye, hot film anemometer, X-ray photographs, laser 
Doppler anemometer, planner laser induced, and 
ultraviolet fluorescence have been employed to investigate 
the formation of the cavern around the impeller. Some of 
these methods (i.e., laser based techniques and addition of 
the dye as a tracer) can be only used for transparent fluids 
while most of the non-Newtonian fluids are opaque. Hot 
film anemometer is an invasive method which alters the 
local flow field. The X-ray technique provides a non-
intrusive measurement in opaque fluids. However, the 
penetration depth of X-ray is restricted by the X-ray 
opacity of the fluids used and the vessel wall. In this 
study, the electrical resistance tomography (ERT) 
technique was employed to study the shape and the size of 
cavern generated around the impeller in the mixing of the 
opaque fluids possessing yield stress. Process tomography 
offers the opportunity to visualize the contents of mixing 
vessels without disturbing the flow. The objective of this 
work is to use electrical resistance tomography (ERT) and 
Computational fluid dynamics (CFD) to investigate the 
cavern formation in xanthan gum solutions stirred in a 
baffled stirred tank using the radial flow Scaba 6SRGT 
impeller.  
 
EXPERIMENTAL SETUP   
 
The mixing vessel was a flat-bottomed cylindrical tank 
with a diameter (T) of 0.40 m fitted with four equally 
spaced baffles at a 90o interval against the tank wall. The 
width of each baffle was T/10 = 0.04 m. The fluid height 
in the tank was equal to the tank diameter providing a total 
volume around 0.05 m3. A Scaba 6SRGT impeller with a 
diameter (D) of 0.18 m was centrally positioned at an off-
bottomed clearance (c) of 0.17 m. The ERT system 
comprises of three components: the sensor electrodes/ 
experimental vessel, the data acquisition system (DAS), 
and the host computer/ image reconstruction system. Four 
tomographic sensor planes were installed around the 


perimeter of the mixing tank. Each sensor plane had 16 
stainless steel electrodes, which were equally spaced at the 
vessel periphery. The electrodes were connected to the 
DAS (Industrial Tomography Systems (ITS), Manchester, 
UK) using a network of co-axial cables. The DAS was 
connected to a computer and ITS ERTWIN software 
(Industrial Tomography Systems (ITS), Manchester, UK) 
was used for control, image reconstruction, and data 
storage. A non-iterative image reconstruction algorithm 
(Linear Back Projection - LBP) was applied to convert 
raw voltage measurements into a 2-D conductivity map of 
the each plane. The fluids used in this study were xanthan 
gum solutions in water at 0.5, 1.0, and 1.5% mass 
concentration. Xanthan gum solution is a shear-thinning 
fluid with yield stress and its rheology can be described by 
Herschel-Bulkley model. Cavern experiments were 
conducted by injecting a tracer of NaCl solution having a 
conductivity value greater than that of the bulk solution. 


CFD MODEL 
 
Fluent V6.2 (Fluent Inc.) was used to simulate the steady-
state 3D flow field generated by a Scaba 6SRGT impeller 
in the laminar regime by solving the conservation of mass 
and momentum equations. A pre-processor (Gambit 2.0, 
Fluent Inc.) was used to discretize the flow domain with a 
tetrahedral mesh (Figure 1). 144,031 cells were employed 
in this study. In the present paper, the multiple reference 
frame (MRF) technique was used to model the mixing of 
xanthan gum solution in a cylindrical tank equipped with a 
Scaba 6SRGT impeller. Simulations were considered 
converged when the scaled residuals for each transport 
equation were below 1 × 10-6. Most simulations required 
about 5000 iterations for convergence. Computations were 
carried out using 3.20 Intel Xeon with 3.0 GB of RAM 
and convergence was typically achieved after 6-8 h.  


Figure 1: Numerical grid (tetrahedral mesh) 
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RESULTS 
 
The power consumed by the Scaba 6SRGT in mixing 0.5, 
1.0 and 1.5% xanthan gum solutions was obtained 
experimentally and via CFD. Figure 2 shows the power 
number of the Scaba impeller in xanthan gum solutions as 
a function of the Reynolds number. These results show 
good agreement between calculated power number and the 
experimentally determined values. Theory and the 


experimental studies show that 1
0


−∝ ReP  in the 
laminar regime. It can be seen that at Reynolds number 
less than 10 the line with the slope of -1 fits the data quite 
well. 


 


As it was mentioned earlier, the agitation of pseudoplastic 
fluids with yield stress results in the formation of a well 
mixed region (cavern) around the impeller and essentially 
stagnant and/or slow moving fluids elsewhere in the 
vessel. Figures 3(a) and 3(b) show the formation of cavern 
around the impeller in mixing of 0.5% xanthan gum 
solution at 44 rpm visualized using the tomographic image 
and the CFD model, respectively. It can be seen that the 
cavern formation is reasonably predicted from the velocity 
field calculated in the CFD simulation. 
 


 
The ERT and CFD results show that the cavern can be 
represented by a right circular cylinder. Thus, CFD and 
ERT results for the cavern diameter were compared to 
those predicted using Elson’s cylindrical model 
 
 
 
 


where DC, Hc, D, N, ρ, τy, and P0  are cavern diameter, 
cavern height, impeller diameter, impeller speed, fluid 
density, fluid yield stress and power number, respectively. 


The term yDN τρ /22 on the right side of the equation 


is often called the yield stress Reynolds number, Rey. 
Figure 4 shows the dimensionless cavern diameter (DC / 
D) obtained using CFD and ERT versus dimensionless 
P0Rey. These results show good agreement between 
calculated cavern diameter using CFD and the 
experimentally determined values using ERT. It can be 
seen that at P0Rey greater than 80, the cavern reached the 
vessel walls (DC = T) and DC / D remained constant. The 
cylindrical model (above equation) predicts a theoretical 
slope of 0.33 from a log-log plot of DC / D versus P0Rey. 
Thus, the CFD predictions and ERT measurements show a 
good agreement with the Elson’s model. 


CONCLUSION 
 
Using ERT, the formation and characteristics of the 
cavern formed in the mixing of opaque xanthan gum 
solutions were successfully monitored and measured. The 
images showed the presence of the well-agitated zones 
(cavern) around the impeller. Under the conditions where 
the cavern did not reach the tank wall, the cavern diameter 
was well correlated with the Elson’s model. The CFD 
simulations clearly showed the formation a zone of 
intense motion (cavern) in the impeller region surrounded 
by stagnant zones in the mixing vessel. Considerable 
cavern growth in a yield stress fluid took place in the 
transitional regime. The size of cavern computed using 
CFD was in good agreement with that measured using 
ERT. Thus, CFD models can be effectively used to aid the 
design of the mixing of non-Newtonian fluids. Overall, the 
numerical results showed good agreement with 
experimental data and correlations developed by other 
researchers.  


)( 0


22


2


3


3
1


1 PDN


Dc
HcD


Dc


y
⎜
⎜
⎝


⎛
⎟
⎟
⎠


⎞


⎟⎟
⎟


⎠


⎞


⎜⎜
⎜


⎝


⎛


+
=⎟


⎠
⎞


⎜
⎝
⎛


τ
ρ


π


Figure 2: Computed and measured power number vs. 
Reynolds number 


Figure 3: Cavern formation (a) ERT and (b) CFD 
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Figure 4: Computed and measured dimensionless cavern 
diameter vs. dimensionless P0Rey. 
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ABSTRACT 
The use of a zonal continuity flow model to predict the 
shear field in a commercial semi-batch precipitation 
process with evolving non-Newtonian rheology has been 
investigated. The model has been used in combination 
with multimodal tomography to understand the 
relationship between feed region hydrodynamics, the 
temporal and spatial distribution of the fed species and the 
physical and chemical properties of the product. 


INTRODUCTION 
Precipitation is an important multiphase process used in 
industry both as a separation technique and as a primary 
manufacturing operation. Precipitation involves the 
reaction of a stable salt with a precipitating agent to 
produce a supersaturated solution. Solid particles are then 
precipitated out of solution. During the precipitation of 
ceramic oxides at industrial concentrations non-
Newtonian rheology is usually observed. This may 
include the formation of gelatinous phases. 
Studies have shown that mixing parameters can control 
the properties of the final product (Peleka et al, 2004). 
Mixing performance in such studies is often inferred 
through product characterisation, or by applying the mixer 
configuration to an alternative reaction system such as a 
neutralisation or Bourne reaction. 
This study investigates the suitability of a zonal continuity 
model, adapted from the work of Kresta et al (2005), for 
application to the commercial precipitation of ceramic 
oxides. The model has been used to understand the 
relationship between feed region hydrodynamics and the 
physical and chemical product properties during the 
precipitation of Aluminium Hydroxide. The model has 
been validated using Positron Emission Particle Tracking 
(PEPT) and linked to the temporal and spatial distribution 
of the feed using Electrical Resistance Tomography 
(ERT). 
Predictive models have previously been developed to aid 
in the design and operation of precipitators to deliver the 
desired product properties (Philips et al, 1999; Wei et al, 
2001; Kresta et al, 2005), but may not be appropriate for 
application to commercial catalyst precursor precipitation 
processes as they are generally based on systems with 
Newtonian rheology. 
The precipitation of aluminium hydroxide, in this case 
through the addition of concentrated sodium hydroxide 
(NaOH) to aluminium nitrate (Al(NO3)3), is a process of 
significant interest as it is an important step in the 
production of alumina. Alumina is used as an intermediary 
in the production of aluminium, as well as in a wide 


variety of other applications such as catalyst supports, 
abrasives, refractories and as a ceramic material in other 
areas. 
This precipitation process is well suited for studying the 
effects of mixing conditions. A complex system of 
aluminium hydroxides and oxyhydroxides can be 
produced, which will determine the quality of the final 
product. Whilst the effect of some operating parameters 
during the precipitation of ceramic oxides/hydroxides, 
such as reactant species, pH, and temperature, have been 
extensively studied, the effect of mixing conditions is less 
well understood, especially the impact of evolving 
rheological properties. 
Hochepied et al (2003) showed that the order in which 
reactants are mixed affects the chemical phase precipitated 
during the precipitation of aluminium hydroxide. The way 
the feed species is distributed into the bulk is therefore 
vital in determining the final properties of the precipitate.  
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Figure 1: X-Ray Diffraction results for precipitates 
prepared under different vessel configurations (Run 1: 
Power Input = 1 kW/m3, Feed Rate = 32 ml/min; Run 2: 
Power Input = 0.1 kW/m3, Feed Rate = 200 ml/min). 
(Peak locations for crystalline phases present indicated) 
 
Figure 1 shows how different configurations of the mixing 
variables within a stirred vessel can affect the crystallinel 
structure of the precipitated material. The material 
produced during run 1 contains amorphous aluminium 
hydroxide phases, whilst the matieral produced during run 
2 contains crystalline Al(OH)3. Both materials contain 
residual NaNO3 due to the limited washing of the 
precipitates. The precipitation of crystalline phases is 
favoured under basic conditions (Okada et al, 2002), 
which suggests the reaction zone is rich in the fed species 
(NaOH) under run 2 conditions. 
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RESULTS 


Model development and validation 
An empirical continuity flow model has been used to 
predict how the flow field will change during the 
precipitation process. The spatial distribution of shear 
gradients within the vessel can be predicted by dividing 
the vessel into a series of zones (Figure 2).  


Zone 5 


Zone 6 


Zone 1 


Zone 3 


Zone 4 
Zone 2 


Vessel radius 
 


Figure 2: Zonal configuration for empirical continuity 
flow model (Zone 1: Impeller Swept Volume; Zone 2: 
Impeller Discharge; Zone 3: Upper Wall Jet; Zone 4: 
Lower Wall Jet; Zone 5: Surface; Zone 6: Impeller Draft). 
 
The model has been validated using experimental data 
obtained using PEPT to study the hydrodynamics at the 
start and end of the precipitation in a T = 154 mm 
diameter vessel, fitted with four baffles, and initially filled 
with 3500 ml of Al(NO3)3. This gives a liquid height to 
diameter ratio H/T = 1.22. PEPT is a well-established flow 
visualisation technique for studying stirred vessels 
(Fangary et al, 2000; Fangary et al, 2002; Barigou, 2004; 
Fishwick et al, 2005). 
Four different concentrations of Al(NO3)3 and two 
different power inputs were investigated using a 6-bladed 
Rushton turbine with a diameter of D = 63.5 mm. The 
volume of NaOH (conc = 47%) added during the 
precipitation process was adjusted for each concentration 
of Al(NO3)3 to maintain a constant molar ratio of NaOH to 
Al(NO3)3 of 1.815. 
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Figure 3: Shear Rates (predicted & experimental) for 
vessel zones before and after precipitation (Initial 
Al(NO3)3  conc = 0.4 mol/l;  Power input = 0.55kW/m3). 
 
Figure 3 shows the predicted and experimental change in 
shear rates during the precipitation of aluminium 
hydroxide for each zone within the vessel. The predicted 
values show a good agreement with the values calculated 
from PEPT data, apart from zones 1 & 2, which are close 
to the impeller. PEPT data in these regions has been 
shown to be less reliable (Chiti et al, 2007). For a surface 


feed strategy it can be seen that the shear rate in this 
region of the vessel (Zone 5) is low before the 
precipitation process and drops even lower as precipitation 
takes place and the rheology changes. 


Electrical Resistance Tomography 
The shear rate in the feed region predicted by the model 
can be linked to the spatial and temporal distribution of 
the feed species into the bulk. The addition process during 
precipitation was interrogated using ERT. ERT is being 
increasingly used as a tool to study fluid mixing and 
multiphase processes (Stanley et al, 2002; Bolton & 
Primrose, 2005; Ricard et al, 2005). It has previously been 
applied to the precipitation of barium sulphate as a model 
system (Kagoshima & Mann, 2005; Stanley et al, 2005). 
The vessel was fitted with four planes of 16 electrodes. 
The clearance between the liquid surface and the top plane 
of electrodes was 34 mm. The ERT measures the 
distribution and consumption of the fed species. From the 
reconstructed conductivity variance within the vessel 
measured by ERT a precipitation time was calculated 
based on the time between the start of the NaOH addition 
and the bulk conductivity variance returning to within 
10% of the new steady state. This precipitation time was 
then normalised based on the volume of NaOH added to 
give a precipitation rate. 
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Figure 4: Link between feed region shear rate and feed 
consumption (Power Input = 0.55 kW/m3). 
 
Figure 4 shows the link between the feed region shear rate 
predicted by the model and the normalised precipitation 
time calculated using ERT for a power input of 0.55 
kW/m3. As the apparent infinite shear rate viscosity of the 
precipitated slurry at the end of precipitation, determined 
using the Carreau rheology model (Bird, 1976), is 
increased by increasing the initial aluminium nitrate 
concentration, the shear rate in the surface feed region 
decreases. This can be attributed to an increase in particle 
interactions due to the increasing solids content as the 
precipitation progresses.  
The normalised precipitation time also reduces as the 
viscosity increases. The precipitation time measured by 
the ERT is a combination of the physical mixing processes 
distributing the NaOH and the chemical reaction 
consuming the NaOH during precipitation and is averaged 
over the whole precipitation process. As the viscosity at 
the end of precipitation increases by increasing the molar 
concentration of the precipitation there is an increase in 
reaction rate during precipitation. The reaction rate may 
dominate over the mixing processes, particularly at lower 
power inputs. 
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The relationship established between the feed region 
hydrodynamics and the distribution of the fed species can 
be further extended to link with the physical and chemical 
properties of the product. 


CONCLUSIONS 
A zonal continuity model has been used to predict the 
change in the shear field during a commercial 
precipitation process with evolving non-Newtionian 
rheology. This model has been validated using 
experimental data obtained using Positron Emission 
Particle Tracking. 
The hydrodynamic conditions in the feed region have 
been linked to the spatial and temporal distribution of the 
fed species using Electrical Resistance Tomography. 
The ability to predict the shear field for different vessel 
locations will allow the way the distribution and reaction 
of the fed species affects the properties of the precipitate 
to be fully understood. This will be vital in the design and 
development of commercial precipitation processes. 
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ABSTRACT for ISMIP 6 
“Necessity of Development based on Consistent Viewpoint” 


Kohei OGAWA 
Tokyo Institute of Technology 


 
The American Institute of Chemical Engineers (AIChE) was founded in 1908. In a brief period of 
about one century that has passed since then, chemical engineering has gained recognition as a field 
of engineering. The proliferation of f chemical engineering today is entirely due to the great efforts 
of our ancestors during these years.  
Today, the scope of chemical engineering has expanded to cover an extremely wide range and it is 
no exaggeration to say that chemical engineering deals with almost all phenomena concerned with 
materials and that the subject of chemical engineering will cover an increasingly larger area in the 
future.    
 
Chemical engineering has often been referred to as a study in methodology. However, the 
veracity of such a statement is doubtful.    Approaches in chemical engineering, as observed from 
objective view, are determined by individual phenomena/processes, and each of these 
phenomena/processes is studied individually. Moreover, associated or related 
phenomena/processes are not considered, despite them being a part of the same chemical 
engineering field. In fact, the author was unable to perceive an obvious connection between such 
methods, and therefore believes that chemical engineering is clearly not a study in methodology that 
is based on a consistent viewpoint. 
 
The phenomena that are treated in the subject of chemical engineering can be classified into two 
groups: 


(1) phenomena that are definite and can be expressed by formulas such as differential equations  
(2) phenomena that can be expressed only by probability terms.  


The phenomena that are expressed by formulas can be explained by using basic concepts such as 
Newtonian mechanics; further, the scope for introducing a different way of thinking is limited. It is 
necessary then to focus on phenomena that are so uncertain and random that it is impossible to 
clarify them accurately. Even in mechanical operations in chemical engineering, there are quite a few 
phenomena that can be expressed by probability terms, and methods developed are specific to each 
operation. A good example can be found in mixing and separation operations/equipments that are 
representative operations/equipments in chemical engineering. Mixing and separation are 
phenomena that are clearly understood by the probability terms. However these phenomena are in 
the relation of front and rear of an event, the each phenomenon has been discussed individually. For 
example, the evaluation indices for mixing and separation operations/equipments were defined 
individually, and there is no close relationship between them. In order to definitely and positively 
say that chemical engineering is a study in methodology, it is necessary that the above indices be 
defined from a common viewpoint. In other words, by considering both the phenomena from the 
same viewpoint, the evaluation indices described above should be discussed consistently. 
 
Quite a few inquiries are fired at chemical engineering researchers.   The author has been shot 
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questions as followings either. 
 Is there any definition of separation efficiency that has clear physical background and 


has quantitative relationship with mixing efficiency? 
 Is there any scale up rule that has clear physical background based on turbulent flow 


mechanism? 
 Is there any general particle size distribution function that has clear physical 


background? 
 Is there any way of decision making that is based on the degree of 


anxious/expectation? 
As for a leading researcher, it should be avoided to answer to each inquiry individually from 
different viewpoint, and it is desirable to answer to all inquiries from a consistent viewpoint. 
  
In order to treat the phenomena that can be expressed only by the probability terms based on a 
consistent viewpoint, the phenomena should be observed through a consistent viewpoint. The author 
selected “information entropy” as the viewpoint. However, information entropy was not a familiar 
term in chemical engineering, it was expected that other uncertain and random phenomena that are 
treated in chemical engineering can be discussed and it becomes possible to answer to the inquiries 
described above by using the information entropy.    Finally, the author found the answer to the 
above inquiries as follows. 


 Mixedness:  
Based on the uncertainty regarding “the component of the element that is 
selected”, 


∑


∑∑


−


−


=
m


i
ii


n


j


m


i
jiji


PP


PPn


mM
log


log)/1(


)(  


Separation efficiency:  
Based on the uncertainty regarding “the component of the element that is 
selected”, 
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 M: number of components 


Pji: volume ratio of i-component to unit volume of j-region  
Pi: volume ratio of i-component to total volume of all components 


 Energy spectrum probability density distribution:  
Based on the uncertainty regarding “the wavenumber of the fluctuation that is 
selected”, 
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 K1: average wavenumber of basic eddy group  
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k: wavenumber  
m: total number of eddy groups 
u2: turbulent kinetic energy  


The limit of the scale-up ratio is 3 in one dimension and u2D–2/3 = constant in the 
special case. 


 Particle size probability density distribution:  
Based on the uncertainty regarding “the size of the particle that is selected”, 


})(exp{)exp()( C


L
BLALq l


l
l −−=  


 A,B,C: fitting parameter  
L: average size  
l : size 


 Degree of Anxiety/expectation:  
Based on the uncertainty regarding “whether the undesirable event occurs”, 


  } )1ln()1(ln{2/1 PPPPVAEP −−−−=<  


  ] )}1ln()1(ln{2ln2[2/1 PPPPVAEP −−−−−=≥  


 P: probability of occurrence of undesirable/desirable event  
V: weight of value of event 


 
If the above points are established, a new development of chemical engineering may be established, 
and it might become the first step for establishing a new high systemization of chemical engineering.  
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ABSTRACT 


Powder mixing is an operation of 
enormous industrial importance, and 
yet, compared to liquid mixing, it has 
been the focus of little academic 
attention. One reason is that the 
scientific infrastructure that we take for 
granted in the study of liquid mixing 
(constitutive models, CFD, 
experimental techniques for visualizing 
flow and mixing patterns) is largely 
absent for powders. Mixing 
performance characterization is usually 
accomplished by extracting samples 
(an approach that is susceptible to 
much error) and modeling methods 
such as DEM face substantial 
limitations regarding the number and 
shape of particles and the constitutive 
phenomena that can actually be 
considered.  


Those limitations notwithstanding, in 
recent years, the pharmaceutical 
community has devoted substantial 
efforts to performing experiments, 
correlating data, and developing 
modeling methods for powder 
blending.  Even though the process is 
rather complex, affected by many 
inputs and impacting 
downstream performance in multiple 
ways, a high level understanding of the 
blending process is beginning to 
emerge. 


In this talk, I will attempt to outline the 
implementation a "Quality by Design" 
framework for accomplishing three 
purposes: 


 
  - Optimizing the performance of the 
blending operation. 
  - Understanding the overall impact of 
the blending operation on the 
pharmaceutical manufacturing process 
  - Facilitating the transition from batch 
processes to continuous processes. 
 
  To this end, I will provide a brief 
review of the effects of relevant process 
inputs (material properties and process 
parameters) on process outputs. 
Critical material properties will 
be identified, and their impact will 
overall product performance will be 
discussed and integrated in an overall 
process flow chart. Use of statistical 
and mechanistic modeling 
methods suitable for optimization and 
control will be briefly introduced. 


  While the discussion will focus on 
batch operations, which capture the 
entirety of existing manufacturing 
processes, I will conclude this 
presentation by describing how the 
framework can be adapted for the 
design and optimization of continuous 
processes. 








 
 


An improved inline mixer for laminar flow 
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Extensive studies using both computational and experimental techniques have lead to the 
development of a novel and significantly improved type of static mixer mainly for laminar 
flow. This mixer and its performance are presented and discussed using both LIF 
measurements, CFD studies coupled with a trajectory scheme for mixing quality prediction 
and epoxy cuts. Additionally, experimental results on the suitability of this mixer for 
dispersion tasks and mixing of fluids with widely different viscosities will be presented. The 
main feature of this static mixer is highly intense mixing in small distances or volumes with 
significantly reduced pressure drop compared to current designs. The impact of the use of 
this novel mixer on the design of real processes is outlined for a number of examples.  
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The Influence of Added Stream Viscosity on Static Mixer Blending in the Turbulent
and Transitional Flow Regimes
M K Dawson
BHR Group Ltd., The Fluid Engineering Centre, Cranfield, Bedfordshire, MK43 0AJ, UK


Extended Abstract
Static mixers are widely used for fluid blending operations but few independent data regarding their
performance in the turbulent regime are available in the open literature. Specifically, there is no
published information on the influence of the added stream viscosity on blending performance in
the turbulent and transitional regimes. This paper presents data from the FMP Research Consortium
at BHR Group Limited on the effect of added stream viscosity on blending when using the
Chemineer Kenics KM static mixer. In the turbulent regime the blending data are well correlated
using a modified Reynolds Number , Re*, based on the bulk stream inertial forces and added stream
viscosity.


Additive


MixerMixerBulk Dhu
�


�
�*Re


Mixing length measurements were made by visually observing the dispersion and blending of a
coloured additive stream in a 24 element Chemineer Kenics KM static mixer. Mixing length
reproducibility was found to be within �1element. The experimental variables investigated were
additive stream viscosity (0.001 to 7 Pa.s), additive to bulk flow ratio (Q/q= 25 to10000), additive
feed tube diameter at constant Q/q (U/u=0.25 to 6.5), mixer diameter (D=0.05 & 0.1m), bulk
flowrate and bulk viscosity.


When Remixer > 1000, the number of Chemineer Kenics KM elements required to achieve a visually
homogeneous mixture (mixing length) was constant when Re* > 80. The value of Re* above which
the mixing length was constant (at four elements) was referred to as Re*critical. When Re* < Re*critical
, the mixing length increased with decreasing Re* until the additive passed through all 24 mixer
elements before visual homogeneity was achieved (Figure 1). Experiments conducted with a range
of additive viscosity values and with bulk viscosity of 0.001 Pa.s, 0.007 Pa.s and 0.027 Pa.s showed
that mixing length was not dependent on the ratio of additive to bulk viscosity when the bulk was
fully turbulent. Mixing length was solely dependent on additive viscosity (as quantified by Re*) in
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turbulent flow. Observation of the blending process revealed distinct changes to the mechanism at
sub-critical Re* values as illustrated by Figures 2 & 3.


Figure 1: Mixer elements vs Re*


Figure 2: Operation below critical Re*, Remixer=8000, Re*=9


Figure 3: Operation above critical Re*, Remixer=55500, Re*=90


Mixing Length vs Re*
50mm Chemineer Kenics KMS, Remixer>800 
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Keywords: Additive viscosity, Viscosity ratio, Motionless mixer, Static mixer, turbulent and
transitional flow, blending, mixing.








Using Static Mixers to intensify Diesel Desulfurization Operations 
A.M. Al Taweel, F. Azizi and A. Uppal* 
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Process intensification is a relatively new concept that has been gaining strong momentum 


worldwide as it holds the promise of significantly reducing the capital and operating costs of a 


chemical plant while improving their inherent safety. This is usually accomplished by identifying 


the factors limiting the overall process and devising novel approaches by which those limitations 


can be minimized, thereby enabling the achievement of order-of-magnitude improvement in 


process performance. One of the most effective PI approaches matches the fluid dynamic 


conditions of the processing unit to the chemical/biological reaction requirements in order to 


enhance the reaction rate, improve selectivity, and minimize by-product formation. The results 


obtained in the present investigation serve as a good example of this concept where up to 450-


fold reduction in the reactor volume could be achieved by using optimum hydrodynamic 


conditions.  


This investigation was undertaken with the objective of assessing the potential of using screen-


type static mixers (Al Taweel et al. 1996 and 2007) to intensify diesel desulfurization operations 


where the Inverse Doctor Treatment (Baum et al., 1998) is applied to extract elemental sulfur 


from fuels using a multi-stage mechanically agitated column equipped with Rushton-type 


impellers operating at 50 °C. Although the intrinsic reaction rate at this temperature is quite high, 


the overall reaction rate was found to be slow (requiring ~1,900 seconds to achieve 95% 


conversion in the batch mechanically-agitated reactor) because of the limited agitation intensity 


that could be used without the formation of difficult-to-separate fine emulsions.  


On the other hand, the use of screen-type static mixers with very large inter-screen spacing (1 m) 


was found to be capable of reducing the aforementioned contact time requirements down to 37 s 


at a temperature of 29 ºC. This could be further reduced to 4.1 s by using very small inter-screen 


spacing (25.4 mm) even at a temperature of 20 ºC. This performance intensification is mainly 


attributable to the development of a co-current plug flow configuration when static mixers are 


used (which is much more effective than the almost uniform concentration encountered in CSTR, 







particularly at high conversion ratios) as well as the very high inter-phase mass transfer 


coefficients that could be achieved by using this particular static mixer without the formation of 


difficult-to-separate dispersions (phase separation in less than 20 s).  


The use of screen-type static mixers instead of CSTR not only results in order-of-magnitude 


reductions in the reactor volume but also significantly reduces energy consumption rates. For 


example, although the average energy dissipation rate in screen-type static mixers is much higher 


than that encountered in CSTR, the power consumption per unit mass of diesel processed in the 


screen-type static mixer was found to be about 1/12 that consumed when a CSTR is used. This is 


mainly attributed to the much shorter contact time needed to achieve the desired conversion in 


screen-type static mixers. 


These findings suggest that a unit composed of 5 parallel tubes (0.1 m ID and 1.5 m long) 


equipped with screen-type static mixers can be used to desulfurize 15,000 bpd diesel  at a 


temperature well below its flash point (43 ºC). The very low specific energy consumption rates 


associated with this approach (< 0.1 kWh/Tonne of diesel processed) suggests that this approach 


represents a very promising alternative to the use of ultrasonic reactors in oxydesulfurization and 


other rapid multiphase reactions (e.g. caustic scrubbing, Merox process, halogenation and 


nitration reactions).  


References: 
Baum J. S., K.E. Marzocco, L.I. Hansen and C.A. Brown, “Batching, treating keys to moving 
refined products in crude-oil line” Oil and Gas Journal, v 96, n 40, Oct 5, 1998, 6p 


Al Taweel, AM, Chen, C. Novel static mixer for the effective dispersion of immiscible liquids. 
Chem Eng Res Design, 1996, 74: 445-450. 


Al Taweel AM, Li C, Gomaa HG, Yuet P. Intensifying mass transfer between immiscible 
liquids: Using screen-type static mixers. Chem Eng Res Design. 2007;85:760-765. 
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Gas-Liquid Mixing Studies in Industrial Reactors: Comparison of Different 
Agitation Systems 
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ABSTRACT 
Gas-liquid contacting operations using stirred tank reactors (STRs) are quite common to chemical processes such as chlorination, 
neutralization, aerobic fermentation, hydrogenation, phosgenation and organic oxidation. STR design can significantly affect the 
interphase mass transfer by changing bubble dispersion, bubble size distribution, and bubble surface transients. This article details some 
of Dow’s experimental and computational efforts in the area of gas-liquid mixing. Specifically, flow behavior and power draw 
characteristics observed in a manufacturing scale gas-liquid mixing using different impeller combinations will be described. The 
resulting mass transfer coefficient correlations, gas-holdup, and k-factor measurements will be discussed. 
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ABSTRACT 
Hydrofoil impellers are considered to be low shear devices. 
Recent research indicates that hydrofoils may produce very 
high local energy dissipation that may lead to particle 
attrition, cell damage, or product degradation. This paper 
presents a novel approach to low shear mixing for shear 
sensitive mixing applications. Lab studies were performed 
on shear sensitive solids with the hydrofoil impeller and 
with the new low shear impeller at uniform solids 
suspension in both cases. The long term mixing indicated 
no particle attrition while using the Low Shear Impeller and 
significant damage to solids with the hydrofoil impeller.  
 
 


INTRODUCTION 


The scope of this work was to define an impeller design as 
a viable alternative to the low shear hydrofoil that provides 
desired results in applications requiring uniform suspension 
of shear sensitive solids.  The experiment also provides 
scale up data for a pilot facility and full scale installation.  
 
A unique blade configuration was utilized in the design of 
an impeller for mixing shear sensitive materials.  The wide, 
large diameter blades promote high flow and uniform 
distribution of shear.  The impeller provides mixed radial 
and axial flow action, creating greater efficiency than radial 
action alone.  It has a high power number, thus low RPM.  
With smooth surface operation and easy clean-ability, it 
lends itself to clean-in-place (CIP) systems with no 
horizontal surfaces and broad, low-angle vertical 
projections.  The design does have size limitations and for 
applications that require high polishing, it may have high 
cost.  This design has been dubbed “Super Low Shear 
(SLS) Impeller”. 
 
Hoefken at al presented data on measurements of local 
energy dissipation for three types of impellers and 
compared the ratio of local to global dissipation. Hydrofoil 
impeller, due to high tip speed, has the highest ratio.  
 
Hydrofoil Impeller =  104 
Pitched Blade Impeller =  31 
Rushton Turbine =  52 
 
Additional calculations made for 19 m³ vessel using 
Hoefken data show identical trend. For 60 s blend time  the 
Hydrofoil impeller produce local dissipation of 3.4 W/kg 
while PBT will produce  only 1.8 W/kg. 


 
 


 


DESIGN of EXPERIMENT 
Experimental and CFD models were setup to provide 
information on suspension uniformity and particle attrition.  
The purpose of the experiment was to test impeller 
performance and to provide scale-up data for full scale 
installation. Local Dissipation Rates were verified with PIV 
measurement. 
 
Two different impeller designs were tested; a 3 bladed 
MHS impeller (wide blade design frequently used for solids 
suspension) and the Super Low Shear impeller. 


 
 
  
 
Fig 1. Impeller types used in testing 
 
The test vessel configuration had a conical bottom and 5 
sampling ports.  Dimensions are shown in the diagram 
below.  Vessel volume was 18 liters (4.77 gallons) and 
vessel diameter was 304mm (12”). 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Fig 2. Test Vessel 
 
 


MHS Impeller 


 







 
RESULTS 
Uniform suspension was determined by measurements of 
the solids concentration at 5 different fixed levels of the 
vessel at four different RPM levels.  A minimum RPM for 
uniform solids suspension was established from graphing 
RPM vs. concentration. 
For MHS impeller, uniform suspension level was achieved 
at 432 RPM.  For SLS impeller uniform suspension level 
was achieved at 132 RPM. 


 
Fig 3.  Experimental data summary 
 
Particle attrition is a function of dissipation level and 
duration (time) of mixing.  It can be quantified by 
measuring shifts in particle size distribution.  Attrition tests 
were run at three different RPM levels.  Dissipation is 
responsible for particle damage. Measurements of particle 
size distribution was done  at various time intervals during 
mixing 
 


 
Fig 4.  Particle Size Distribution for mixing with MHS 
 impeller 
 


 
 
 
Fig 5. Particle Size Distribution for mixing with SLS 
impeller 


 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Fig 6. CFD modeling of SLS impeller at 132 RPM 
 
 
CONCLUSION 
 
Both experimental findings and CFD modeling demonstrate 
the difference in performance between a traditional 
hydrofoil and the Philadelphia Mixing Solutions low shear 
impeller.   
 
Particle attrition for uniform suspension was proven to be 
much less with the SLS impeller than with the MSH 
hydrofoil impeller. 
 
The experimental data validates the CFD model predicting 
lower strain rates for the SLS impeller than the MHS 
hydrofoil impeller. 
 
The SLS impeller can be effective for application where 
low shear and high flow are required. 
 
 
REFERENCES 
 
Hoefken, M., Steidl W., Shaefer M., “Micromixing and 
Trailing Vortices” NAMF Conference – Mixing XVIII 
Pocono Manor, USA, June 24-28, 2001 
 
Kresta S., Zhou G., “Impact of Tank Geometry on the 
Maximum Turbulence Energy Dissipation Rate for 
Impellers” AIChE Journal, September 1996 Vol.42 No 9 
 
 Baldi S., Yannieskis M., “ On the Quantification of Energy 
Dissipation in the Impeller Stream of a Stirred Vessel from 
Fluctuating Velocity Gradient Measurements” Chem. Eng. 
Sc. 59 (2004) 2659-2671 
 
 
 
 
 
 


Uniform Suspension in 
18 liter vessel SLS MHS 


Impeller RPM 132 432 
Mixer Power (Hp) 0.0098 0.0088 
Mixer Power (W) 7.34 6.58 
Global Dissipation 
(Hp/1000 gal) 3.61 2.85 


Global Dissipation (W/kg) 0.41 0.37 
Unit Torque (in-lb/gal) 1.00 0.27 
Unit Torque (N-m/kg) 0.026 0.0078 


Solids Size Distribution SLS @ 138 RPM
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A novel, efficient, method for computation of residence time distribution from velocity 
fields obtained using computational fluid dynamics. 
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ABSTRACT 
 
Two computational fluid dynamic (CFD) methods for determining residence time 
distributions (RTD) in process equipment have been commonly used.  One is to inject a 
large number of passive tracer particles, dynamically track the particles through the flow 
domain, and record their age statistics as they exit.  Another is to add a pulse or step 
change of a chemical tracer, and solve the transient species balance to determine the exit 
concentration as a function of time.  A possibly more efficient means to compute the 
residence time distribution is developed here based on a partial differential balance 
equation for age.  Solution of this equation yields the spatial distribution of age, from 
which the exit age distribution and residence time.  For steady flows (or stationary 
turbulent flows) the balance equation is steady and therefore requires only spatial 
integration.  Unlike particle and chemical tracer methods, no time integration is required. 
The balance equation is easily implementable in standard CFD codes.  The method is 
applied to test problems and compared with the traditional methods. 
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ABSTRACT 
Pulp fibre suspensions display non-Newtonian rheology, 
including a yield stress. Under certain mixer operating 
conditions this creates caverns (regions of active mixing) 
around the impellers with the cavern size affecting the 
extent and quality of mixing attained. Due to the opacity 
of pulp suspensions it is not possible to measure cavern 
size with direct optical techniques, like photography. 
Consequently two non-invasive techniques suitable for use 
in opaque media were evaluated for determining the 
cavern dimensions: electrical resistance tomography 
(ERT) and ultrasonic Doppler velocimetry (UDV). The 
agitation of several pulp suspensions in a 38 cm diameter 
cylindrical vessel was studied using these methods over a 
range of operating conditions. ERT is a non-invasive 
technique that images differences in conductivity between 
regions in the mixer using voltage measurements made at 
the vessel periphery. Cavern measurement by ERT is very 
rapid (data are collected within a few seconds) but it 
suffers from poor spatial resolution (approximately 5 to 
10% of the vessel diameter – from 1.9 to 3.8 cm in our 
case). Two methods were evaluated for creating the 
conductive environment imaged by ERT – the injection of 
saline solution or the addition of small metallic tracer 
particles to the region surrounding the impeller. UDV was 
used to determine the cavern boundary by measuring the 
locations at which suspension velocity fell to zero for 
multiple linear paths through the vessel. While UDV 
provided better spatial resolution of the cavern than ERT 
(about 2 mm), multiple measurements (and consequently 
significant time) were needed to build up the profile of the 
cavern boundary.  
 
Cavern size as a function of impeller rotation speed is 
reported for a range of pulp suspension mixing conditions 
(hardwood and softwood pulps, suspension mass 
concentrations from 2 to 4%, two impeller offsets from the 
wall, and two suspension height-to-chest diameter ratios) 
in the 38-cm diameter cylindrical chest. A scaled version 
of a commercially available axial flow impeller designed 
for use in pulp suspension agitation (the Maxflo, 
Chemineer Inc.) was used in the standard side-entering 
configuration used for pulp stock chests. Measured cavern 
diameters were compared against the axial force model 
developed by Ammaullah et al. (1998) for predicting 
cavern diameters in non-Newtonian fluids. The 
discrepancy between the experimental data and model 
predictions were fairly large, although they decreased with 


increasing yield stress Reynolds number. The discrepancy 
was attributed to the proximity of the impeller to the 
vessel walls in the side-entering configuration studied. An 
alternative correlation is presented for predicting the 
cavern volume in pulp suspensions in this mixing 
configuration based on the suspension yield stress. 
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The aim of this study is to investigate the mass-transfer characteristics of a large paddle impeller by comparing with 


those of the down-pumping pitched blade turbine and the Rushton turbine, and also to probe the application of surface 
aeration to batch hydrogenation in polymerization processes and the ethylene oxide additional reaction.  Laboratory 
and industrial data were used for this purpose.  As a result, it has been found that, with the large paddle impeller, large 
kLa values of surface aeration without sparging can be obtained continuously at any liquid level because of the 
combined effect of surface breakage, bubble entrapment and efficient liquid circulation by axial pumping capacity of 
the impeller.  Using these experimental kLaV data, the improvement in the operation time for a 12 m3 alkoxylation 
reactor was estimated. The reactor was then retrofitted with a large paddle impeller, and the actual operation time of 17 
h was found to be strictly identical to the estimation, that is 75% reduction of the usual 70 h. This result shows the 
advantage of large paddle impellers in industrial processes and the accuracy of the estimation procedure. 


 
 
Key words: Large Paddle Impeller, Surface Aeration, kLa, Liquid Level Change, Hydrogenation, Alkoxylation 
 
 
 


Introduction 
Surface aeration in an agitated vessel without 


sparging is commonly adopted in many chemical 
processes, such as hydrogenation in polymerization 
processes, ethylene oxide additional reactions (called 
alkoxylation) in surfactant industries, and biological 
oxidation for the wastewater-treatment in environmental 
industries.  In the literature, the investigations concerned 
with surface aeration are limited and restricted only to 
small impellers located near the free liquid surface in 
order to get an effective surface breakage and bubble 
entrapment (Zlokarnik, 1979; Backhurst et al., 1988; 
Patil et al., 2004).  Patil et al. (2004) have reported that 
the submerged depth of an impeller is one of the 
important parameters to consider, and an optimum depth 
of submergence depends on the impeller design.  These 
previous reports were conducted at a constant liquid 
level. However, there are many cases where the liquid 
level changes during operation such as batch 
hydrogenation and alkoxylation. 
    The aim of this study is to determine the mass-
transfer characteristics by surface aeration at various 


liquid depths using a large paddle impeller named 
“Maxblend®”, which has advanced mixing 
characteristics in the laminar and transient flow regime 
up to Re < 100 (Takahashi et al., 2006), and compare 
with conventional impellers. 
 


1. Experimental 


 
Fig. 1   Experimental set-up 
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A Simple Measurement Method for Determining the 
Constants for the Prediction of Turbulent Power in a 
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High shear rotor-stator mixers are widely used in process industries including the 
manufacture of many food, cosmetic, health care products, fine chemicals and 
pharmaceuticals.  Rotor-stator devices provide a focussed delivery of energy, power & shear 
to accelerate physical processes such as mixing, dissolution, emulsification and de-
agglomeration.  To reliably scale-up these devices we need to understand the relationship 
between rotor speed and flow rate and the energy dissipated by  these devices.  In-line rotor 
stator mixers differ from in-tank versions because the flow is usually controlled 
independently of the rotor speed. For in-tank devices the turbulent power can usually be 
adequately described by single impeller type power number1.  For an in-line rotor-stator 
mixer it is found  that the power transmitted by the rotor drops in proportion to decreased 
flow rate and a single power number is not adequate.  Kowalski2 and Baldyga et al.3 
proposed that the power draw of a rotor-stator mixer can be described by the expression; 


     P= POZ ρ N3 D5  +  k1 M N2 D2                        (1) 


This expression consists of two main elements.  Firstly a term reflecting the power required 
to rotate the shaft in response to the resistance of the liquid in the process chamber where ρ 
is density (kg/m3), N is rotor speed (rps) and D is rotor diameter (m).  Secondly a term for the 
centrifugal energy given to the fluid which is then convected away by the mass flow rate, M 
(kg/s).  The two constants POZ and k1 are normally obtained from a multi-linear regression a 
large matrix of experiments covering a wide range of flow rates and rotor speeds 4. 


In the experiments described herein, it has been found that good estimates of the constants 
can be obtained using a simplified set of trials.  In Method 1 we note that there are two sets 
of conditions under which constant turbulent power numbers are obtained as follows. 
• When the outlet valve is closed, so we have zero flow, then the power is a minimum 


given by P = POZ ρ N3 D5 with the characteristic power number POZ 
• When the valve is fully open and the rotor-stator device acts as the sole pumping agent 


then the flow rate is proportional to the rotor speed (figure 1) with M = ρ k2ND3.  Power 
draw is a maximum given by Pmax = POU ρ N3 D5  which can also be expressed as: 
POZ ρ N3 D5  +  (POU - POZ)ρN3 D5 with the characteristic power number POU 


Substituting for M in eq 1 & rearranging gives Pmax = (POZ + k1 k2) ρ N3 D5 = POU ρ N3 D5     (2) 


which in turn yields           k1 = (POU - POZ) / k2       (3) 


Figure 2 presents an example of the values of PO determined for these two extreme cases 
and illustrates that the values are constant for all rotor speed and figure 3 presents the 
comparison of measured and predicted power draw for a range of conditions.   


In Method 2 we consider the example of a fixed speed device where flow rate can be varied 
by means of a backpressure valve.  In this case the power is a linear function of the flow rate 
(fig 4) where the intercept is given by POZ ρ N3 D5 and the gradient by k1 N2 D2  and thus POZ 
and k1 can be determined.  This method also has the advantage of being suitable with power 
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determined from a heat balance because it does not explicitly require measurement at zero 
flow rate (this is possible with the torque measurement used above).  However at low rotor 
speeds and high flow rates the temperature rise is small the heat balance is subject to 
significant errors although the accuracy was improved by lagging the equipment and careful 
calibration of the temperature probes.  Table 1 presents the values of the constants 
determined by the two approaches for an example arrangement of rotor and stator.  In the 
presentation we will present results for other arrangements complete with statistical analysis. 
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Figure 1: Unfettered flow is proportional to rotor speed 
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Figure 1: POZ and POU versus Silverson rotor speed 
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Figure 3.  Comparison of measured & predicted power 
draw for torque constants obtained at  8000 rpm 
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Figure 4.  Power v flow by torque and heat as a 
function of flow rate at a rotor speed of 8000rpm. 


Figures 1 to 4 are for the standard dual rotors of diameters 38.1 and 63.5 mm respectively, fitted with 
dual emulsifier screens containing perforated holes of diameter 1.59 mm (1/16”). 


 Rotor 
speeds 


POZ k1 POU 


Method 1; multiple rotor speeds & torque 3000-8000rpm 0.241± 0.033 7.75± 0.76 0.660 


Method 2; fixed rotor speed & torque 6000 rpm 0.199 ± 0.0004 8.64 ± 0.018 0.668 


8000 rpm 0.194 ± 0.0005 8.562 ± 0.021 0.672 


Method 2; fixed rotor speed & heat 
balance 


6000 rpm 0.224 ± 0.005 6.52 ± 0.139 0.599 


8000 rpm 0.206 ± 0.005 7.33 ± 0.088 0.640 


Table 1: Results for dual rotor with twin emulsifier screens.   
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ABSTRACT 
In this paper the hydrodynamics and bubble-particle 
interactions associated with mineral flotation in 
mechanically agitated vessels (cells). Firstly, the influence 
of turbulence intensity on the slip velocity of the bubbles 
and particles is critically examined, resulting in a 
correlation that accounts for a reduction in slip velocity. 
This information is inputted into a computational fluid 
dynamics (CFD) model that can be used to describe the 
gas dispersion within the flotation cell. The method 
explicitly includes the impeller geometry. A simple 
equation was introduced to allow prediction of cavity 
formation and the associated reduction in power draw. 
The model was also able to predict the local bubble size 
based on a critical number concept. Additionally, the 
flotation recovery process was incorporated into a CFD 
model which accounted for probabilities of collision, 
adhesion and stabilization of the particles at the bubble 
surface. 


NOMENCLATURE 
α2 volume fraction of gas (-) 
β =U0/UT,  
CD drag coefficient (-) 
D bubble diameter (m) 
K2 adjustable parameter in equation (1) 
S adjustable parameter in equation (1) 
U0 turbulence fluctuation velocity 
UT terminal velocity (m/s) 
μ = L11/τp UT, 
L11 integral length scale of the turbulence (m) 
τp  bubble relaxation time (s) 


INTRODUCTION 
Mineral flotation involves the use of bubbles to separate 
valuable minerals from unwanted gangue material. 
Separation is achieved by rendering the surface of the 
mineral particle hydrophobic, usually with a collector, so 
that it preferentially attaches to a bubble, which then rises 
to the surface of the cell where it is collects as a froth. The 
water is allowed to drain from the froth, leaving behind a 
concentrated solid product. 
 
Typically, mechanically agitated vessels are used for froth 
flotation. The impeller provides the energy input for both 
bubble breakup and gas dispersion as well as solids 
suspension, where typically the solids loading is around 
30 percent by weight. The impeller also provides the 
energy input to achieve mixing of the liquid, gas and solid 
phases. The amount of energy input is very important 
because too little input will cause some solids to settle as 
well as not producing insufficient particle-bubble 


collisions to achieve the desired recovery. Conversely, too 
much energy input will cause collected particles to detach 
from the bubbles and also result in a loss in recovery. It is 
therefore very important to provide the optimum energy 
input that achieves solids suspension, good gas-solid 
dispersion, and maximises the number of particle-bubble 
collisions without detaching any collected particles. 
 
When modelling the processes occurring inside flotation 
cells it is important to correctly predict the local velocities 
and concentrations of the particles and bubbles. With this 
information we can use computational fluid dynamics to 
predict whether or not there will be particle-bubble 
collision and eventual collection. To correctly predict the 
absolute velocities of the bubbles and particles the slip 
velocity with the liquid needs to be determined. For 
quiescent systems the slip velocity is equivalent to the 
terminal velocity. However, for a mechanically agitated 
system, like that of a flotation cell, the slip velocity can be 
influenced by turbulence. 


INFLUENCE OF TURBULENCE ON BUBBLE AND 
PARTICLE MOTION 
There is a growing body of evidence which suggests that 
the free stream turbulence can significantly reduce the 
terminal velocity of bubbles and particles in a liquid by 
increasing the drag force. These studies indicated that the 
reduction of bubble rise velocity primarily depends on 
turbulence structure and its intensity (Scargiali et al., 
2004). To characterise the bubble motion in weak 
turbulence, Biesheuvel et al. (1997, 2002) suggested the 
use of two dimensionless groups, namely (i) β=U0/UT, 
where U0 is turbulence fluctuation velocity and UT is the 
terminal velocity of bubbles in quiescent liquid, and (ii) 
μ= L11/τp UT, where L11 is the integral length scale of the 
turbulence and τp is the bubble relaxation time. The latter 
dimensionless group often used to indicate how quickly 
the bubbles respond to the turbulent velocity fluctuations. 
 
The first part of the research was to quantify the influence 
of turbulence on the terminal velocity of the bubbles and 
particles. An experimental study was performed in near 
isotropic turbulent flow fields with fluctuation velocities 
ranging between 0.01 and 0.07 m/s. Oscillating grids were 
employed to generate a sustained turbulence with zero 
mean flow. The turbulent intensity was varied simply by 
changing the vibration frequency, the size of the strokes 
and/or the separation distance between the grids. A novel 
bubble generator consisting of an injection port, a 
collecting surface and a release system allowed formation 
of both small and large bubbles with sizes ranging 
between 0.5-10 mm. The bubble sizes were controlled 
through fine adjustment of the air flow rate. 
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Experimental data were obtained for β values of 0.1-0.6. 
Generally, a significant reduction in terminal velocity of 
bubbles, in some cases as high as 60%, was observed 
implying an increase in the drag force. This reduction was 
considered to be a function of β2 and µ as suggested by 
Biesheuvel et al. (1997, 2002). Indeed the data obtained 
under turbulence conditions for β≤1 and d/L11<<1 
collapsed onto a single curve when plotted as a function of 
β2/exp(β2)μ. These data along with those from open 
literature have been presented in Figure 1. Clearly, the 
relationship between bubble rise velocity and β2 becomes 
nonlinear as β becomes larger. Under certain conditions of 
high turbulence intensity and low terminal velocities (i.e. 
β>>1), the bubbles appeared to remain trapped within the 
turbulent flow field. Similar behaviour is reported by 
Maxy et al. (1997) based on direct numerical simulations 
of motion of small bubbles in isotropic turbulence.  


 


 
Fig. 1. Effect of turbulence on the rising velocity of 


bubbles, the solid line is the analytical model for weak 
turbulence, and open and closed symbols are numerical 


and experimental results, respectively. 
 
The slip velocity information is important input to the 
computation gas dispersion model. 


GAS DISPERSION MODELLING 
In the design and scale-up of mechanically-agitated 
flotation cells, computational fluid dynamics can provide 
a wealth of detail about the internal flow patterns, 
velocities, shear rates, distributions of phases etc., and can 
be used to predict global quantities such as power 
consumption, mixing times, and residence time 
distributions. The method can provide a cost effective 
approach to examining alternative tank designs or 
diagnosing mixing problems. In recent years, considerable 
advances have been made in CFD simulations of mixing 
tanks, especially in modelling of single-phase flows (e.g. 
Lee et al., 1996; Aubin et al., 2004). However, with 
multiphase flows, such as in flotation cells, the fluid 
dynamics is more complex.  
 
Previous work by the authors has been undertaken with 
the aim of improving methods for modelling gas 
dispersion (Lane et al., 2002, 2005). In these studies the 
impeller was generally treated as a “black box”, requiring 
experimental input to define the fluid velocities and other 
variables at the impeller discharge. This type of approach 


clearly limited the predictive capabilities of the CFD 
model. Recent development include the impeller 
explicitly, prediction of bubble size, rather than assuming 
a fixed bubble size. The methodology has been based on 
the ‘two-fluid’ equations, where the gas is treated as an 
interpenetrating continuum. Equations for gas and liquid 
phases are coupled together by the interphase forces. 
Correct specification of these forces was found to be very 
important, especially with respect to the drag force. It was 
found that application of standard correlations for the drag 
coefficient led to predictions for the gas holdup as low as 
50 precent of experimental measurements. It was found 
necessary to modify the drag coefficient to take into 
account the interaction of bubbles with turbulence. An 
equation was proposed in which the increase in drag was 
related to the Stokes number, which is a ratio of 
characteristic time scales of the bubbles and the turbulent 
eddies.  
 
With the impeller explicitly included in the finite volume 
mesh, the interaction of gas with the impeller must be 
considered. It is known that gas tends to coalesce and 
form cavities in the low pressure side of impeller blades, 
with a consequent large effect on the impeller power draw 
(Smith, 1985). To allow for cavity formation, a simple 
mathematical model was introduced to describe the drag 
force at a high gas fractions. In the drag force expression, 
the ratio CD/d, where CD is the drag coefficient and d is 
bubble diameter, was expressed in terms of the gas 
volume fraction as: 


( )2 21= − α sDC K
d


, α2 > 0.5                              (1)         


where s and K2 are adjustable constants.  
 
The modelling method was tested by carrying out a series 
of simulations for which experimental data was available 
(Barigou & Greaves, 1992, 1996; Bakker, 1992). Tanks 
stirred by a Rushton turbine and by a Lightnin A315 were 
modelled. Results are illustrated in Figures 2-4, showing 
the distribution of gas in the vessel stirred by a Rushton 
turbine, the corresponding distribution of mean bubble 
diameter, and the gas cavity on an impeller blade.  
 


 
Fig 2: Gas volume fraction in vertical plane half way 


between baffles. 
 
Detailed comparisons were made with data for bubble 
size, local gas concentrations, and overall holdup. Gassed 
power draw was compared with the correlation of Bakker 
et al. (1994) and showed reasonable agreement. The 
model has a number of fitted parameters, but with a single 
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set of values, reasonable agreement with data was 
obtained over a broad range of operating conditions. 


 
Fig. 3: Local mean bubble diameter (mm) in vertical plane 


half way between baffles. 


 
Fig. 4: Isosurface of 70 percent gas volume fraction  


large cavity formation on trailing side of impeller blade. 


FLOTATION MODELLING 
The computational gas dispersion modelling has been 
extended to incorporate actual flotation of particles.  
Figure 5 shows the surface mesh of the cell. Bubble-
particle collision rates, detachment rates and the 
probabilities of collision, adhesion and stabilization have 
been calculated in different parts of the cell using the 
model (Koh and Schwarz, 2006 and 2007). 
 
The distribution of net attachment rates in the CSIRO 
Denver cell operating at 1200 rpm is shown in Figure 2. 
The plot shows that detachment rates (with negative 
values) are also large near the impeller tip, but the 
maximum attachment rates are outside the impeller zone. 
The two zones are separated by the stator shroud. The 
negative regions are inevitable because of the need to use 
a high impeller speed to generate fine bubbles for the 
necessary bubble surface area flux to operate. Flotation 
cell design should ideally minimise the negative regions 
while maximizing the attachment rates in the cell. 
 
The predicted concentration of particles remaining in the 
cell indicates that the particle recovery rate to the pulp-
froth interface is much slower than the net attachment 
rates after accounting for detachments. The bubbles are 
loaded with particles quite quickly, and the bubble surface 
area flux is the limiting factor in the recovery rate at the 
froth interface. This explains why the relationship 
between flotation rate and bubble surface area flux is 
generally used as a criterion for designing flotation cells.  
 
CFD modelling indicated that transport rates to the froth 
layer are quite significant. The predicted flotation rates 
also showed that fine and large particles do not float as 


well as intermediate size particles. This is consistent with 
the recovery generally observed in practice.  


 
Fig. 5:  CFD surface mesh of the CSIRO Denver cell 


including the shroud and impeller. 
 


 
Fig. 6:  CFD predicted net attachment rates (m-3 s-1) after 


flotation time of 228 s for particles of 60 μm 
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ABSTRACT 


Quantifying the flow and residence time 
distribution (RTD) in a reactor is critical for 
predicting reactor performance measures such 
as yield and selectivity.  This work investigated 
a continuous industrial scale reactor (diameter 
11 ft, height 37 ft) employing a 3-stage agitation 
system with a plunging jet inflow. In operation, 
the agitation and liquid level are adjusted based 
on throughput and the specific product being 
produced. The objective of this work was to 
quantify RTD under the different operating 
conditions of liquid level, throughput and 
agitation.  Flow in the reactor was modeled with 
computational fluid dynamics (CFD). A 
combination of different modeling approaches 
was used to better facilitate the CFD 
simulations. The Volume of Fluid (VOF) method 
was used to model the plunging jet (gas-liquid) 
two-phase flow with unsteady-state simulations, 
while the Multiple Reference Frames (MRF) 
model was used to model the stirred tank with 
steady-state simulations.   The two modeling 
approaches were interfaced by using the 
plunging jet simulation result as the input 
boundary condition for the reactor flow 
simulation. The effect of gas entrainment from 
the plunging jet impingement was accounted for 
by using the (dampened) velocity profile of the 
impinging jet.  The RTD was obtained from 
stochastic particle tracking which tracks 
trajectories and residence times of massless 
tracers in the reactor. The Random Walk Model 
was used for dispersion of tracers due to 
turbulent eddies. A large number of tracers 
(>10,000) was needed to account for the 
random effects of turbulence and ensure 
statistically stable results. The Time Scale 
Constant in the Radom Walk Model was 
adjusted to accommodate significant turbulence 
level differences in discreet regions of the tank.  
The CFD-predicted flow pattern compared well 
with lab-scale experiments. The predicted 
mean RTD was consistent with the bulk reactor 
turn-over time 





